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ABSTRACT  The lack of good quality drinking water in certain regions of the world is a serious issue for the people that live in these regions. The main options for overcoming this are to discover new sources of water or to treat contaminated raw water to produce good quality drinking water. A significant amount of research has focused on the development of suitable methods to obtain fresh water and to enable water reuse. In the past decade, membrane separation processes have attracted significant attention in the area of water treatment. The main focus of this research project was to develop and test hollow fiber membranes for removing pollutants from surface water and ground water (production of potable water), and to develop membranes/membrane based processes for removing pollutants from industrial waste waters.   The removal of contaminants from surface water was investigated using six different types of hollow fiber membranes (Polyethersulfone (PES), Polyacrylonitrile (PAN), Polyvinylidenefluoride (PVDF), Polyphenylsulfone (PPSu) and polymeric blend solutions such as PVDF/PAN and PES/Polyetherimide (PEI)). The hollow fiber membranes that were studied were synthesised using a dry-wet spinning method (manual spinning machine and spinneret was designed and developed for extrusion of hollow fibers). Studies on the effects of the membrane synthesis conditions used (speed of polymer pump, speed of pulling motor, and flow rate of bore fluid) on the properties of the prepared membranes showed that these had a significant influence on the macroscopic properties of the membranes (outer diameter and wall thickness). Synthesized membranes were characterized by porosity and pore size measurements, scanning electron microscopy (SEM) images, pure water permeation and bovine serum albumin (BSA) rejection studies. The best performing hydrophobic membrane (for treatment of surface water) was the PVDF hollow fiber membrane. This membrane achieved 94.8% of turbidity rejection at a low hydraulic pressure of 1 bar with a flux of 125 L/m2h, whereas the PES membrane achieved 95.4% of rejection with a flux of 54.2 L/m2h.  The results obtained for the hydrophilic membranes, showed that the PAN membrane hada higher rejection of 99.8% when compared to a PPSu 
Abstract 
membrane of 91% with a flux of 54.2 L/m2h and 73 L/m2h (at 1 bar) respectively. Results obtained from tests on PVDF/PAN blend membranes showed that the membrane with a blend ratio of 1:1 performed better than the membranes prepared from nascent polymer. The PVDF/PAN membrane gave the following performance results: high flux of 120.1 L/m2h and turbidity rejection of 99.5% at 1bar pressure, whereas PES/PEI membrane exhibited 73.8 L/m2h with 99% rejection of turbidity during treatment of surface water. A water purification device capable of generating 25 L/h purified water flow at an overhead tank pressure of 0.5 bar was designed and fabricated for households, along with a hand pump operated submerged ultrafiltration (UF) system, for treatment of surface water in flood prone regions based on the synthesized PVDF and PPSu hollow fiber membranes.  The removal of contaminants from groundwater was investigated using thin film composite (TFC) reverse osmosis (RO) polyamide membranes that were synthesized by an interfacial polymerization method on an ultraporous polyethersulfone (PES) substrate, made by phase inversion technique. The developed membranes were characterized using SEM, pure water flux and fluoride rejection studies. Bench scale studies were conducted on natural contaminated groundwater samples collected from different water bodies of Andhra Pradesh, India to test the performance of the developed membranes. Hydrophilized polyamide RO membranes have shown a flux of 51 L/m2h and a fluoride rejection of 93% at a pressure of 15 bar with 60% water recovery.  Based on the excellent results obtained a pilot scale RO system was built indigenously to incorporate and test the synthesized membranes. Operating parameters such as feed concentration, pressure, temperature, and feed flow rate were varied to investigate their effect on membrane performance (in terms of flux and rejection of contaminants). After extensive process standardization studies on a laboratory scale, a commercial defluoridation plant was designed for deployment in different villages across India. The treatment of dairy industrial wastewater and domestic wastewater for water reclamation was investigated using a promising alternative technology, membrane bioreactor technology. A bench-scale aerobic membrane bioreactor of 100 L volume feed capacity was designed in which fabricated 
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shell to tube side feed flow type hollow fiber membrane modules were submerged. The feed was taken into the reactor to which 5% mixed microbial flora was added and oxygen was supplied. The efficiency of COD and BOD removal, turbidity, total suspended solids (TSS), and pH was studied in order to evaluate the system performance. The effect of different parameters such as suction pressure, air blowing rate and chemical cleaning on membrane fouling was investigated. A computational fluid dynamics (CFD) based hydrodynamic simulation has been included in order to understand the operational performance of the module under different parametric conditions. The treatment of textile industrial effluent was investigated using Electrodialysis. Electrodialysis studies were carried out on a bench-scale electrodialysis system using five commercial membrane cell pairs. The main theme of this study is to investigate the application of electrodialysis for further concentration of reverse osmosis treated textile industrial effluent, which in turn would lead to a reduction of the volume load on the evaporators that are used for treatment of this effluent before disposal. During treatment of effluent using electrodialysis, the effect of feed flow rate, the influence of volume of concentrate and current on membrane performance was evaluated to optimize current utilization. An estimation of energy requirement of an integrated process constituting ED and evaporation for concentration of inorganics present in textile effluent from 4.35% to 24% was made and found to be approximately one eighth of the operating cost incurred by evaporation alone. Detailed design of a commercial ED system revealed that a membrane area of 13.1 m2 was required to treat a feed rate of 1500 L/h. The payback period to recover capital investment was found to be 110 days. 
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Introduction 
1.1. Introduction 
Water is an invaluable natural resource essential to ensure the adequate development of human life. However almost one billion people in the world do not have ready access to safe drinking water (Ho, 2003) and it has been estimated by the World Water Council that by 2030 almost 4 billion people will live in a “Water Scarce” region.The lack of readily accessible safe drinking water in various regions of the world is influenced by a number of factors (Van Rooijen et al., 2009, Postel et al., 1996, Mintz et al., 1995). These factors can mostly be placed into one of two main groups – factors related to changes in the earth’s climate and factors related to pollution. Moreover worldwide 80% of the used water is neither collected nor treated (Corcoran et al., 2010). It has been proposed that the changes in the earth’s climate (due to mostly combustion of fossil fuels) have a negative impact on water resources around the world (Mike Lockwood, 2009, Judith Lean, 2010). These changes have led to increased periods of drought, more floods, higher water temperatures, and a change in water chemistry. An approximately 29% decrease in annual maximum daily stream-flow has been reported to be due to increased temperatures and increased evaporation (Smith et al., 2011, Rieman 
et al., 2005, Regonda et al., 2005). Ground water recharge rates and depths have also been greatly affected. Floods have been shown to have adverse effects on the quality of surface and ground water, contamination of water supply and water scarcity (David et al., 2005, Karl et al., 1989, Labat et al., 2004, Lettenmaier et al., 1999). Poor water quality is a near crisis in addition to the overall water shortage in many parts of the earth. Almost 2.2 million people are dying, mostly children under the age of five due to scarcity of clean water for drinking. Pollution knows no borders either and up to 90% of wastewater flows untreated into the rivers and lakes, threatening food, aquatic life, health and drinking water (Corcoran et al., 2010). Pollution of water sources has increased in a number of regions of the world due to a number of factors including:  
 growth of industries and its untreated effluent discharge. (the pollutants from industrial discharge and sewage besides finding their 
 5 
 
Introduction 
way to surface water reservoirs and rivers are also percolating into ground to pollute ground water sources), 
 increasing urbanization (and energy intensive life styles),   
 loss of forest cover, lack of environmental awareness, lack of implementation of environmental rules and regulations and environment improvement plans, 
 use of non-biodegradable pesticides or insecticides and chemical fertilizers instead of organic manures is causing severe water contamination. Although the reasons for why there is water shortages in various regions of the world vary, the one thing that a number of towns and/or cities located in such regions have in common is the lack of adequate processes for generating sufficient quantities of safe drinking water. Hence there is a significant need for the development of efficient and economical water treatment technologies to meet the growing demands for safe drinking water (Butt et al., 2005, Minhas et 
al., 2004, Qadir et al., 2005, Jurenka et al., 1996). There are three main areas with regards to water treatment: - Treatment to produce drinking water (water reuse) - Treatment to produce water for reuse in industrial, agricultural or domestic purposes (water reuse) - Treatment of industrial effluents for safe disposal. The potential sources identified for reuse are industrial effluents, domestic wastewater and rain water. Domestic wastewater (excluding toilet effluent) generally includes wastewaters from baths, showers, hand basins, washing machines, dishwashers and kitchen sinks. The most common application for domestic wastewater reuse is toilet flushing which has been found to reduce water demand within dwellings by up to 30% (Christova-Boal 
et al., 1996, Lazarova et al., 2003). However, other applications such as irrigation of gardens, parks, school yards, cemeteries and golf courses, vehicle washing, fire protection and air conditioning have been proposed (Asano et al., 1996). A broad range of water treatment technologies are available/been used for wastewater recycling and for purification of drinking water (Bartels et al. 
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2006). They can be divided into mechanical, thermal, biological, chemical and physical processes. A selection of a certain wastewater treatment technique depends on many aspects, such as type of wastewater, cost, available space, lifetime, and the need for chemical addtitive(s) (Sarkar et al., 2006). Examples of mechanical wastewater treatments are the use of settlers, filters and sieves. Settlers for example are used to separate components on the basis of a difference in density between the components and water (e.g. sedimentation of sand, degumming of oil). This technique is sometimes supported by adding chemical compounds (coagulants, flocculants) to increase the rate of settling. Examples of thermal treatments are evaporation and distillation techniques. A drawback of these techniques is their very high energy consumption, which is required to evaporate the water. Biological treatment is carried out by using fixed film reactors, rotating biological contractors, anaerobic filters, sequencing batch reactors and biological aerated filters. The main drawbacks of these conventional processes are: treatment process time (toxic compounds in particular may degrade so slowly as to be considered persistent if not recalcitrant), extensive testing before treatment. Furthermore monitoring throughout treatment and it is more difficult to control the processes as bacterial growth is influenced by a great number of factors. Biological treatment can also have high operating and capital costs. Physical water treatment processes, which essentially consist mostly of membrane based processes, have received significantly increased interest over the last few decades (as compared to the other processes discussed earlier) (Sirkar et al., 1992). Pressure driven membrane processes in particular have emerged as a separation technology which is competitive in many ways with conventional separation techniques such as distillation, adsorption, absorption, extraction etc.   Membrane technology involves the separation of material mixtures in which the membranes function like a filter (Mulder 1996). The separated substances are neither thermally nor chemically nor biologically modified. World-wide the field of application of membrane technology is becoming more and more broad. Their more widespread use can be attributed to several factors including an increase in number and stringency of water quality 
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regulations that cannot be effectively met by conventional treatment processes, better membrane performance and lower costs due to technological advances. Membrane processes are used in drinking water treatment to improve the retention of particles and to remove micro-organisms. Ultrafiltration (UF) is predominantly used in this field because not only bacteria but also viruses are safely retained (Cheryan, 1998). This technology has been tested and applied for the last ten years for the treatment of municipal wastewater (membrane bioreactor process). The high purification efficiency of membrane processes, in particular the combination of an activated sludge stage with downstream microfiltration (MF) or UF makes is possible to meet the requirements of tertiary wastewater treatment that are legislated for the protection of surface and groundwater.  
1.2. Basic Characteristics of Membranes  A membrane can be described as a thin barrier between two bulk phases that permits transport of certain components but retains others, depending on their physical and chemical properties (shown in Fig. 1.1). 
 
Figure 1.1: Schematic drawing illustrating a membrane separation process  The driving force for the separation process is the pressure difference between the feed and permeate side, the so-called transmembrane pressure 
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difference (or) transmembrane pressure (Wijmans et al., 1995). It is applied by overpressure on the side of the feed or low pressure on the side of the permeate. Dependent on the membrane employed, the transmembrane pressure is between 0.1 bar and 70 bar, in special cases it is up to 120 bar. The selectivity and capacity of a membrane are key factors in determining the economic efficiency of a membrane process. The selectivity describes the ability of a membrane to differentiate between the components of a mixture and thus to separate one phase from the other. The permeate flow under specific operational conditions describes the capacity of a membrane.Another important feature of a membrane is described by the parameter ‘permeability’. It is defined as the quotient from flow and the accompanying transmembrane pressure. The permeability of a membrane is influenced by the membrane condition and the filtration characteristics of the wastewater. The latter depends on the material composition and the characteristics of the wastewater mixture, e.g. temperature, particle size distribution and viscosity.   
1.3. Classification of Membranes  Membranes are classified based on features such as type of material, morphology and structure and the form(s) of manufacturing used to prepare the membrane as shown in Fig. 1.2. 
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Figure 1.2: Detailed classifications of membranes 
 
1.3.1. Classification of Membranes Based on Membrane Materials   A number of different materials are used to prepare membranes for use in water treatment. These materials can be broadly classified as either organic (For example polymer membranes) or inorganic (ceramic membranes).  Examples of organic polymer membranes that are used in water treatment include: polyethersulfone (PES), polyacrylonitrile (PAN), polyvinylidene fluoride (PVDF), polyphenylsulfone (PPSu), polyetherimide (PEI), and polyamide (PA). At present, polymer membranes are used predominantly because it is possible to select a polymer suitable for the specific separation problem from the existing huge number. Moreover, compared to other materials, polymer membranes are often cheaper. For separation of contaminants, the structure characteristics of polymers used, like thermal, chemical and mechanical stability, and the permeability are very much important. 
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 Inorganic membranes are prepared from materials such as ceramics, aluminium, high-grade steel, glass and fiber reinforced carbon. Inorganic membranes are used especially if the employment of polymer membranes is excluded because of the characteristics of the raw water or if the polymer membrane surfaces have to be cleaned frequently and intensively due to the wastewater composition. Compared to polymer membranes, the advantages are high resistance against heat and chemicals, as well as reduced aging and long service lives. Disadvantages are above all the higher investments due to membrane material and more expensive module constructions.  The other category is composite membrane, also called hybrid or mixed matrix membrane which covers both polymeric as well as inorganic membranes. The membrane which acts as the actual separating barrier is coated atop a porous support and allows only certain species to permeate through it selectively.  
1.3.1.1. Preparation of Membranes  A number of different techniques are available for preparing membranes (Strathmann, 1981, Baker et al., 2008, Ho et al., 1992, Kesting, 1985). Some of these techniques can be used to prepare organic as well as inorganic membranes as shown in Table 1.1.   
1.3.1.2. Preparation of Porous Polymeric Membranes  The porous structure of membranes can be symmetric or asymmetric. A symmetric pore structure means a constant pore size (or pore size distribution) over the whole cross-section of the membrane film. The cross-section of an asymmetric membranes shows a pore size gradient can be gradual, but there also can be a relatively dense top layer with a thickness of 0.1–0.5 µm supported by a more porous sublayer. A special group of asymmetric membranes are the composite membranes, in these membranes the top layer and sublayer originate from different materials (Leob et al., 1963). Processes for preparing a range of membrane types (organic, inorganic and mixed organic-inorganic) are discussed in the proceeding sections.  
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Table 1.1: Membrane preparation techniques 
Membrane preparation 
processes 
Types of membranes prepared 
Phase Inversion Reverse osmosis, ultrafiltration, microfiltration, gas and dialysis membranes Controlled stretching 0.1-5 microns pore size Sintering 0.1-20 microns pore size (fibrous mats, PTFE, PE, PP, etc.) Extrusion/activation Silicone rubber Controlled pyrolysis Base organic membranes pyrolyzed to form silica or carbon molecular sieve membranes Track-Etching Radioactive source exposure, then etch with acids (0.5-1nm) Thin-film deposition Sputtering plating, vapour deposition (transition metals alloys, i.e. Al/Ag, Cu/Zr, Ni/Pd) Anodic oxidation/Etching Oxidation from on face; etching by strong acid of metal Coating Composite membranes Phase separation/Leaching Na2O-B2O3-rich phase SiO2-rich phase (glass/ceramics) 
 
1.3.1.2.1. Phase Inversion Technique Most commercially available membranes are synthesized by phase inversion. It is a very versatile technique allowing the preparation of membranes with varying morphologies. The type of morphology achieved depends on a number of factors, the main factors being the thermodynamics and kinetics of the process of interest. Phase inversion membrane preparation involves dissolution of the polymer in a solvent, followed by extrusion in the desired configuration. Then after, the polymer is precipitated by phase transition either by a change in temperature or by a change in composition of the solution (Kesting, 1985, Leob et al., 1963, Yao et al., 1988, Koenhen et al., 1977, Liu, 1992, Chert et al., 1990).   
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1.3.1.2.1.1. Precipitation by Solvent Evaporation In this method, a polymer is dissolved in a solvent to form a polymer solution which is then cast on a suitable support. After the casting procedure, the solvent in the polymer solution is evaporated under an inert atmosphere so that a dense homogeneous membrane can be formed.  
1.3.1.2.1.2. Precipitation from the Vapour Phase This method is used for preparation of porous membranes. The cast film, consisting of a polymer and a solvent, is placed in a vapour atmosphere where the vapour phase consists of a nonsolvent saturated with the solvent. The high concentration of the solvent in the vapour phase prevents the evaporation of solvent from the cast film. The membrane formation occurs due to the diffusion of the nonsolvent into the cast film resulting in formation of membranes with porous structure.  
1.3.1.2.1.3. Precipitation by Controlled Evaporation In this method, the polymer is dissolved in a mixture of solvent and nonsolvent. Since the solvent is more volatile than the nonsolvent, the composition shifts during evaporation to a higher nonsolvent and polymer content. This leads eventually to the polymer precipitation resulting in the formation of an asymmetric membrane.  
1.3.1.2.1.4. Thermal Precipitation A solution of polymer in a mixed or single solvent is cooled to enablephase separation to occur. Evaporation of the solvent often allows theformation of a skinned (or asymmetric) membrane.  
1.3.1.2.1.5. Immersion Precipitation A polymer solution is first cast on a suitable support and then immersed in coagulation bath containing a nonsolvent (Baker, 2004). The precipitation occurs due to the exchange of solvent and nonsolvent. The membranes prepared via this process usually have an asymmetric structure. In this study, 
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the flat sheet and hollow fiber membranes were prepared based on immersion precipitation. 
 
1.3.1.2.2. Coating Coating is a very important technique for preparation of composite membranes. Methods of dip-coating, interfacial polymerisation and plasma polymerisation are usually used for coating an ultrathin layer on a porous support.   
1.3.1.2.2.1. Dip Coating Most of the composite membranes are prepared by dip coating technique to obtain a dense top layer. An ultraporous substrate in the form of a hollow fiber or a flat sheet is immersed in a coating solution containing the desired polymer for a specific duration and then removed from the bath, which results in deposition of a thin layer of polymer solution adhering to the substrate. The fiber or sheet is dried at room temperature or in an oven.  
1.3.1.2.2.2. Interfacial Polymerization Method Thin film polymeric membranes are usually created using an interfacial polymerization based technique. Initially the membrane is wetted with polymer precursor and is then bought in contact with co-reactant where the polymerization takes place at the interface and formation of polymer prevents further reaction to take place. The membrane formation process is schematically represented in Fig. 1.3. 
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Figure 1.3: Interfacial polymerization process  
1.3.1.2.2.3. Thin Film Composite This technique is used to create thin films of polymer solutions on porous substrates and is the most preferable method to enhance prospects of scaling up any membrane which works well in dense form. In this method the polymer is dissolved in a suitable high to moderately volatile solvent to obtain a bubble free dope that is cast to a very small thickness using a doctor’s blade on an ultraporous support prepared earlier by phase inversion on a nonwoven fabric substrate (Barth et al., 2002). 
 
Figure 1.4: Thin film composite membrane  The ultraporous support is affixed onto a glass plate to aid smooth sliding during casting. Then the solvent is allowed to evaporate fully to obtain a thin nonporous layer on a thicker substrate. Finally a composite membrane is formed with three layers clearly formed as shown in Fig. 1.4. 
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1.3.2. Classification of Membranes Based on Morphology and Structure Membranes are classified into two types based on their structure: (a) Symmetric (isotropic) and (b) Asymmetric (anisotropic) (Piskin, 1986). Fig. 1.5 shows a schematic classification of membranes based on structure and morphology. 
 
Figure 1.5: Morphological and structural classification of membranes  
1.3.2.1. Symmetric Membranes Membranes may be molecularly homogeneous i.e., completely uniform in composition and structure or it may be chemically or physically heterogeneous. The thickness of symmetric membranes (porous or nonporous) ranges from 10–200 µm, and determines the resistance to mass transfer. Symmetric membranes can be categorised into the types discussed in the proceeding sections.    
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1.3.2.1.1. Microporous Membranes These membranes behave almost like a fiber filter and separates solutes via a sieving mechanism (where particle removal is determined by the pore diameter of the membrane and particle size). Materials such as ceramics, graphite, metal oxides, polymers etc. are used in making such membranes. The pores in the membrane may vary between 1 nm-20 microns (Strathmann, 2001).  
1.3.2.1.2. Nonporous, Dense Membranes These membranes consist of a dense film through which permeates are transported by diffusion under the driving force of a pressure, concentration, or electrical potential gradients (Tuwiner, 1962, Graham, 1866). The separation of various components of a mixture is related directly to their relative transport rate within the membrane, which is determined by their diffusivity and solubility in the membrane material. Thus, nonporous, dense membranes can separate permeates of similar size if their concentration in the membrane material (that is, their solubility) differs significantly (Binay, 2007, Herman et 
al., 2007).  
1.3.2.1.3. Electrically Charged Membranes Electrically charged membranes can be dense or microporous, but are most commonly very finely microporous, with the pore walls carrying fixed positively or negatively charged ions as can be seen in Fig. 1.6. A membrane with fixed positively charged ions is referred to as an anion exchange membrane because it binds anions in the surrounding fluid. Similarly, a membrane containing fixed negatively charged ions is called a cation-exchange membrane.Separation with charged membranes is achieved mainly by exclusion of ions of the same charge as the fixed ions of the membrane structure, and to a much lesser extent by the pore size. The separation is affected by the charge and concentration of the ions in solution. For example, monovalent ions are excluded less effectively than divalent ions and, in solutions of high ionic strength, selectivity decreases. 
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Electrically charged membranes are used for processing electrolyte solutions in electrodialysis (ED). 
 
Figure 1.6: Schematic of electrically charged membrane  
1.3.2.2. Asymmetric Membranes An asymmetric membrane comprises a very thin (0.1-1.0 µm) skin layer on a highly porous (100-200 µm) thick substructure prepared through interfacial polymerization technique (Strathmann et al., 1975). The thin skin acts as the selective membrane. Its separation characteristics are determined by the nature of the membrane material or pore size, and the mass transport rate is determined mainly by the skin thickness. The porous sub-layer acts as a support for the thin, fragile skin and has little effect on the separation process (Ferry, 1936).  
1.3.3. Classification of Membranes Depending on Manufacturing Process 
 They are manufactured and distinguished in two basic membrane forms like flat and tubular.  
 
1.3.3.1. Tubular Form Membranes There are three categories of tubular membranes based on the difference in dimensions: Hollow fiber membranes (diameter <2 mm), Capillary membranes (diameter 1-5 mm) and tubular membranes (diameter > 5 mm).  The hollow fiber membranes and capillary are self-supporting and are made by extrusion of a polymer solution through a spinneret. Tubular 
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membranes aresynthesized by casting a polymer solution at the inner surface of a supporting tubular material.  
1.3.3.1.1. Hollow Fiber and Capillary Membrane Modules Hollow fibers (HF) are highly practical and cost effective alternatives to conventional separation processes. Feed may flow from outside-in (or) inside-out with liquid flowing through the lumen of HF and permeate passing through the walls of the fiber to outside of the membrane as shown in Fig. 1.7.  
 
Figure 1.7: Schematic of hollow-fiber membrane module  HF module is designed such that it is highly flexible and easily handles large volumes for circulation, dead-end, and single pass operations. Based on the structural integrity and construction, HF membranes can withstand permeate back pressure, thus allowing flexibility in system design and operation. Capillary membranes design and operation is similar to HF membranes, other than the dimensions of the membranes.  
1.3.3.1.2. Tubular Membrane Modules A tubular module is made up of several tubular membranes arranged as tubes (Fig. 1.8). The feed stream is pumped into the lumen (i.e. the inside) of the tube from one end and the reject is collected at the other end. The permeate 
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passing through the membrane is collected at the shell side. Tubular membranes have a rugged construction made of sturdy polymeric materials, so they can easily process high suspended solids and concentrate product proficiently and repeatedly to high end-point concentration levels without plugging. Tubular membranes are used for all types of pressure driven separations. 
 
Figure 1.8: Schematic of tubular membrane module   A summary of applications, advantages and disadvantages of three types of tubular form membranes is given in Table 1.2. 
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Table 1.2: Characteristic values, applications, advantages and disadvantages of module types with tubular membranes 
 Tubular Form 
Hollow Fiber Membranes Capillary Membranes Tubular membranes Inside diameter 0.1 – 0.5 mm 0.2 – 5.5 mm 5.5 – 25 mm Arrangement of separation layer Inside/outside Inside/outside Inside Operating mode Cross-flow/dead-end Cross-flow/dead-end Cross-flow Applications Municipal water and wastewater treatment, industrial biotechnology, food, beverage, diary and wine industries 
Wastewater treatment, food, diary and wine industries Treatment of wastewater contaminated with oil, grease, heavy metals and suspended solids, effluents with wide pH and temperature range. Advantages Extremely high membrane surface area, favourable specific membrane costs, pressure resistance, compact 
High membrane surface area, specific membrane costs Hardly susceptible to blockage, low fouling, easy cleaning, easy to replace or plug a damages membrane  Disadvantages Susceptible to blockage, pressure loss Low pressure resistance High capital cost, low packing density, high pumping costs, high dead volume 
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1.3.3.2. Flat Sheet Membranes  Flat sheet membranes are synthesized by casting the polymer solution on a glass plate (laboratory scale) or on a non-woven support (industrial scale) followed by precipitation of the polymer. For applications, these membranes are packed in engineered units called modules. Flat membranes can be placed in a module either by stacking the sheet (plate and frame module) or winding a membrane sheet around a central collection pipe (spiral wound module). For these modules the membranes are separated by spacers causing a low surface to volume ratio.  
1.3.3.2.1. Spiral Wound Module  A schematic diagram of spiral wound membrane module is depicted in 
Fig. 1.9. In this module the flat membrane sheets are wound around a central perforated tube. One leaf consists of two membrane sheets placed back to back and separated by a spacer called a permeate carrier. Layers of the leaf are glued along three edges, while the unglued edge is sealed around the perforated central tube. 
 
Figure 1.9: Schematic of spiral wound module  Feed water enters the spacer channels at the end of the spiral wound element in a path parallel to the central tube. As feed water flows through the spacers, a portion permeates through either of the two surrounding membrane 
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layers and into the permeate carrier, leaving behind any dissolved and particulate contaminates that are rejected by the membranes. Filtered water in the permeate carrier travels spirally inward toward the central collector tube, while water in the feed spacer that does not permeate through the membrane continues to flow across the membrane surface, becoming increasingly concentrated with rejected contaminates. This concentrate stream exists the element parallel to the central tube through the opposite end from which the feed water entered. Spiral wound membranes are available in a variety of materials, diameters and lengths.   
1.3.3.3. Plate and Frame Modules A plate and frame module is analogous to that of a filter press where flat membranes are placed in a sandwich-like manner with their feed sides facing each other as shown in Fig. 1.10.  
 
Figure 1.10: Schematic of a plate and frame module  In this type of module, a number of membrane sets of a given surface area are furnished with feed and vacuum distributors, sealing gaskets, and two end plates comprise one plate and frame, and many such modules can be arranged in series or parallel. A summary of some aspects of two type’s flat sheet membranes is given in Table 1.3. 
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Table 1.3: Characteristic values, applications, advantages and disadvantages of module types with flat sheet membranes 
 Flat Membranes 
Spiral wound module Plat and frame module Arrangement of separation layer outside outside Operating mode Cross-flow/dead-end Cross-flow Applications Seawater desalination, brackish water treatment, water softening, dairy, food, pharmaceutical applications 
Treatment of high viscous effluents,  
Advantages High surface area per unit volume, robust, energy efficient 
Membranes can be changed separately, hardly susceptible to blockage Disadvantages Susceptible to blockage, pressure loss High capital cost, low surface area per unit volume  A summary of key aspects of the various types of membrane modules that were discussed in the previous section is given in Table 1.4.  
Table 1.4: A comparison of module designs 
Module Type Membrane 
Surface (m2/m3) 
Capital  
Cost 
Operating 
Cost 
Flow 
Control Hollow fiber 2000-30000 Low Low Good Capillary 600-1200 Low Low Good Tubular 25-300 High High Good Spiral wound 800-1000 Low Low Poor Plate and frame 400-600 High Low Fair   
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1.4. Membrane Based Separation Processes Since 1960's membranes have been applied in water and wastewater treatment. However, membrane processes were too expensive for use in this field, so were only applied in niche applications or under special circumstances. But during 1990’s situations have changed due to the emergence of several drivers, including legislation to adopt improved treatment standards, and resource scarcity, which has created the need to use membranes. The rapid adoption of membranes used since 2000 has led to a dramatic fall in their costs, to the extent that membranes now often compete with the conventional processes, while achieving much better quality standards. 
 
Table 1.5: Overview of membrane separation processes 
Membrane Process Driving 
Force 
Feed 
State 
Permeate 
State 
Separation 
Mechanism Microfiltration (MF) ΔP Liquid Liquid Size Ultrafiltration (UF) ΔP Liquid Liquid Size Nanofiltration (NF) ΔP Liquid Liquid Size/affinity Reverse osmosis (RO) ΔP Liquid Liquid Size/affinity Piezodialysis (PD) ΔP Liquid Liquid Affinity Gas separation (GS) ΔP Gas Gas Affinity/size Pervaporation (PV) ΔP Liquid Gas Affinity Dialysis (D) ΔC Liquid Liquid Size Osmosis (O) ΔC Liquid Liquid Affinity Liquid membranes (LM) ΔC Liquid Liquid Chemical nature Electrodialysis (ED) ΔE Liquid Liquid Charge Thermo-osmosis (TO) ΔT, ΔP Liquid Liquid Vapor pressure Membrane distillation (MD) ΔT, ΔP Liquid Liquid Vapor pressure    
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The actual separation mechanism can be based on differences in the size of the permeating components (sieving effect), or in the membrane affinity towards the feed solution constituents. The solute chemical nature or electrical charges, as well as the vapour pressure of the different components in a mixture often play an important role in membrane separation processes. The two phases separated by the membrane, i.e. the feed and the permeate, can be present in the liquid or in the gaseous state.The driving force that is necessary 
for the transport is a transmembrane pressure gradient ΔP, a concentration or 
activity gradient Δc or Δa, respectively, an electrical potential gradient ΔE, or a 
temperature gradient ΔT. Based on these differences, membrane separation processes can be classified as shown in Table 1.5. The first four processes MF, UF, NF and RO presented in Table 1.5 (above) utilize a hydrostatic pressure difference as driving force and are closely related to each other. In Table 1.6, the particle sizes are given in relation to their ability to separate different solutes. The characteristics of MF, UF, NF and RO have often been described in literature, and a summary is given in Table 
1.6 and described by schematic diagram shown in Fig. 1.11. 
 
Table 1.6: Classification of pressure driven membrane processes 
Filtration Type Operating 
Pressure (bar) 
Particle 
Size (µm) 
Contaminants 
Removed Microfiltration (MF) 0.1-2 0.1-10 Bacteria, protozoa and suspended solids Ultrafiltration (UF) 1-5 (cross-flow) 0.2-0.3 (dead-end (or) submerged) 
0.003-0.1 Proteins, bacteria, viruses and colloids 
Nanofiltration (NF) 5-20 0.001 Multivalent ions, viruses and organic matter Reverse Osmosis (RO) 15-80 0.0001 Monovalent ions and all impurities 
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Figure 1.11: Classification of pressure driven processes 
 
1.4.1. Pressure Driven Membrane Separation Processes 
1.4.1.1. Microfiltration Microfiltration (MF) is a process used for the removal and separation of suspended solids. These membranes are made from natural/synthetic polymers such as CA, PVDF, PTFE, PA, PS, PC, PP etc., with a uniform distribution of pores giving the film a porosity of approximately 80%. The method of particle retention is characterized as sieving despite the fact that the separation is affected by the interactions between the membrane surface and the solution (Schippers et al., 1981).  
1.4.1.2. Ultrafiltration Ultrafiltration (UF) is another pressure driven membrane separation process. UF membranes are used to remove particles in the size range of 0.001-0.02 µm (Singh, 1997). Solvents and salts of low molecular weight pass through the UF membranes while larger molecules are rejected or retained. The primary application of the UF process is the separation of macromolecules, but they can be used in mining operations for the separation and recovery of flotation agents, surfactants and organometallic complexes or as a pretreatment to other membrane processes such as RO or NF. Osmotic effects in UF membranes are small, and the applied operating pressure of 1-7 bar are 
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primarily required to overcome the viscous resistance of liquid permeation through the membrane matrix’s pore network. UF separation process can be designed based on two operating configurations: Dead-end filtration and cross-flow filtration as shown in Fig. 
1.12. Dead-end filtration (Fig. 1.12 (a)) is the most basic form of filtration where the feed flow is forced through the membrane and the filtered matter gets accumulated on the surface of the membrane. Dead-end filtration is a batch process as accumulated matter on the filter decreases the filtration capacity, due to clogging. This process requires another step to remove the accumulated matter. This filtration can be a very useful technique for concentrating compounds. 
 
Figure 1.12:Schematic comparing (a) dead-end filtration with (b) cross-flow filtration  In Cross-flow filtration (Fig. 1.12 (b)) a constant flow is maintained along the membrane surface that prevents the accumulation of matter on the surface. The feed flowing through the membrane has an elevated pressure as driving force for the filtration process and a high flow speed to create turbulence. This process is referred to as "cross-flow", since the feed flow and filtration flow direction have a 90 degrees angle. Cross-flow filtration is an excellent way to filter liquids having high concentration of filterable matter.  
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1.4.1.3. Nanofiltration Nanofiltration (NF) system typically operates at lower pressures than those used for RO (Lu et al., 2002). NF systems have higher fluxes and their permeate quality is lower than that achieved with RO, but they have a selectivity that is not possible with RO. Since NF systems operate at lower pressures, they have lower energy consumption than conventional RO systems (Wang et al., 2005). True NF rejects multivalent ions and dissolved materials such as sulphate, phosphate, Mg and Ca, according to the size and shape of the molecule. The molecular weight cutoff of NF membranes is around 200 Daltons. Typical rejections with a NF membrane, at 5 bar and 2000 ppm of TDS, are 60% for NaCl, 80% for calcium bicarbonate and 98% for magnesium sulphate.  Some of the specific applications of NF are removal of Total Organic Carbon (TOC), hardness, salinity, radium, Total Dissolved Solids (TDS) and multivalent ions from surface water, ground water and wastewater. In some plating operations, NF is used for the separation of EDTA-metal complexes and can deliver almost complete sulphate rejection from water.   
1.4.1.4. Reverse Osmosis Reverse osmosis (RO) is aimed at the separation of ionic solutes, metals, and macromolecules from aqueous streams such as industrial wastewater, mine water, etc (Sourirajan, 1970). Water is, in principle (Fig. 1.13), the only material that would pass through the membrane; essentially all dissolved and suspended materials, organic and inorganic, are rejected by RO membranes. The operating pressure of RO depends on the osmotic pressure of the solution and typically is in the range of 15-80 bar (Wang et al., 2010). Separation of species is a function of the shape and size of permeating species, their ionic charge, the membrane material properties and composition and its interaction with the permeating species. Common application of RO is desalination of seawater and brackish water (Winters, 1997). It is industrially used for cheese concentration, fruit juices concentration and waste volume reduction. The ultimate goal of RO application is to either retain feed components as product or to produce pure filtrate or reduce wastewater volume for disposal.  
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Figure 1.13: Schematic diagram of Reverse Osmosis process  As in other membrane separation processes, a crucial element of a successful unit operation is the proper selection of membrane material. This dictates the surface properties of the membrane which, in turn, has a direct impact on the susceptibility of the membrane to fouling. Table 1.7 presents the summary of characteristics features of pressure driven membrane separation processes. 
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Table 1.7: Characteristic features of pressure driven membrane separation processes  Microfiltration Ultrafiltration Nanofiltration Reverse Osmosis 
Operation mode Cross-flow and dead-end operation Cross-flow and dead-end operation Cross-flow operation Cross-flow operation 
Separating 
mechanism 
Sieving Sieving Diffusion and exclusion Diffusion and exclusion 
Membrane Types Predominantly symmetric polymer or ceramic membranes Asymmetric polymer composite or ceramic membranes Asymmetric polymer or composite membranes Asymmetric polymer or composite membranes 
Module Types Spiral wound, hollow fiber and tubular modules, plate and frame modules Spiral wound, hollow fiber and tubular modules, plate and frame modules Spiral wound, tubular, plate and frame modules Spiral wound, tubular, plate and frame modules 
Common 
materials used 
Cellulose acetate, polyamide, polysulfone, polyethersulfone, polycarbonate, polyetherimide, polyvinylidene fluoride, polyacrylonitrile, polypropylene, polytetrafluoroethylene, ceramics 
Cellulose acetate, polyamide, polysulfone, polyethersulfone, polyetherimide, polycarbonate, polyvinylidene fluoride, polyacrylonitrile, polymethyl methacrylate, ceramics 
Polyamide, polyethersulfone, polyetherimide, polyimide, polyacrylonitrile 
Cellulose acetate, polyamide, polyimide, polyacrylonitrile, polydimethyl phenylene oxide 
Permeate Flux High High Medium Low 
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1.4.2. Other Membrane Separation Process There are other membrane processes, such as Electrodialysis (ED), in which pressure is not the driving force. ED is a membrane process wherein the driving force is electrochemical and ions are transported across a water swollen ion-exchange membrane under the influence of electrical potential.  ED provides the means for selective separation of anions and cations. Ion-exchange or ion-selective membranes mostly made of sulphonated polystryrene are used in ED applications. These membranes have fixed charged functional groups that are chemically bound into the polymer matrix to which counter ions are attached. Ion-exchange membranes can be homogeneous or heterogeneous. Heterogeneous ion-exchange membranes are prepared from ion-exchange resins. They have high electrical resistance with low mechanical strength, especially when they are in a swollen or plasticized state due to exposure to water.  Major applications of ED are electrolyte concentration and in the dilution or de-ionizing of solutions. The latter has been the dominant application of ED in the desalination of brackish water. ED has been used in water treatment applications for the separation and recovery of ions and salinity from groundwater. Use of ED has also been reported for the treatment of wastewater streams from metal plating and alumina plants (Roni et al., 2002, Ganni et al., 1995, Bolto et al., 1987).  
1.5. Characterization of Porous Membranes The porous membranes can be characterized by two different types of methods and can be distinguished as follows: (a) Characterizing based on structure related parameters. This includes the estimation of pore size and pore distribution, thickness of top-layer and the surface porosity.  (b) Characterizing based on permeation related parameters. This includes the determination of the separation parameters by using model solutes, the flux of pure water and the flux reduction. The characterization of structure related studies can serve as feedback in membrane synthesis. It is often difficult to relate the structure parameters to 
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the permeation parameters of the membrane. Because, the determination of structure related parameters is based on pore models that are large simplifications of the actual morphology. However, a combination of techniques can be used as a first estimate in determining the possible fields of application for the membrane. A number of characterization techniques are listed in Table 
1.8. 
Table 1.8: List of characterization techniques for porous membranes 
Method Result Scanning electron microscopy Pore size distribution, thickness, porosity Solvent flux measurements Hydraulic  pore radius, pure solvent permeability Solute rejection measurements Membrane rejection (cut-off values) Gas-liquid displacement technique Pore size distribution of active pores Liquid-liquid displacement technique Pore size distribution of active pores Mercury porosimetry  Pore size distribution Gas adsorption-desorption measurements Pore size distribution specific surface area (BET area)  
1.6. Advantages and Limitations of Membrane Separation Processes 
 In many applications, the membrane processes compete directly with the more conventional water treatment techniques. However, compared to these conventional procedures, membrane processes are often energy efficient, more simple to operate and yield a higher quality product. The same is true for the separation, concentration, and purification of drugs and food products or in medical and pharmaceutical applications. These processes have in addition simple operation, easy up and down scaling, advantage of operating at ambient temperature avoiding any change or degradation of products. For surface water purification and wastewater treatment membrane processes, micro and ultrafiltration are competing with flocculation, sand bed filtration, carbon adsorption, ion-exchange and biological treatment. In these applications, the 
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membrane processes are more efficient and provide better product water quality. Combination of conventional water treatment procedures with membrane processes results in reliable and cost-effective treatment combined with high product water quality. A disadvantage of membrane processes is that in many applications, especially in the chemical and petrochemical industry, their long term reliability is not yet proven. Furthermore, membrane processes sometimes require excessive pretreatment due to sensitivity to concentration polarization and membrane fouling due to chemical interaction with water constituents (Brehant et al., 2003). Furthermore, membranes are mechanically not very robust and can be damaged by a malfunction in the operating procedure. However, significant progress has been made in recent years, especially in UF and RO, in developing membranes which is not only have significantly better overall performance but which also show better chemical and thermal stability and are less sensitive to operational errors. 
 
1.7. Literature Review As outlined in Section 1.1 there are numerous types of membranes/membrane based processes that are used in the clarification of various types of aqueous solutions. The main focus of this thesis was the development of hollow fiber membranes for treatment of surface water; membrane bioreactors for the treatment of domestic wastewater and dairy wastewater; and development of RO membranes for treatment of contaminated groundwater. Past research that is related to the aforementioned areas of interests of this thesis are discussed in the proceeding sections. 
 
1.7.1. Hollow fiber membranes for treatment of contaminated surface 
water A number of studies have been conducted on improving the filtration behavior of hollow fiber membranes. It’s well known that the performance of a membrane depends mainly on its structure. The main structural features that influence performance include: the characteristics of the thin skin layer; no (minimal) macrovoids; the porosity of the membrane surface and sub layer. 
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Membrane preparation parameters that influence the aforementioned structural features include: dope solution composition; air gap length; speed of polymer solution pump and pulling motor pump (Lemanski et al., 1999, Santosh et al., 2010). In addition to membrane structure/composition the performance of HF membranes are also influenced by physical-chemical properties and membrane operating conditions as shown in Fig. 1.14 (Bolong, 2009).          
Figure 1.14: Classification of factors effecting membrane performance  With regards to membrane performance fouling is one of the biggest obstacles/challenges that are encountered during the application of membrane separations technologies for treatment of different effluents. Membrane fouling leads to increases in hydraulic resistance of the membrane filtration system and, hence, increases the operational cost (Ma et al., 2000, Carroll et al., 2000). A number of researchers have, and continue to, find a sustainable solution to enhance membrane flux and decrease membrane fouling by modifying the membrane composition and properties by blending with hydrophilic additives. As mentioned earlier in Section 1.3, HF membranes are mostly made of polymeric materials due to ease of fabrication. The most common polymers used are cellulose acetate (CA), polysulfone (PS), polyether sulfone (PES), polyvinylidenefluoride (PVDF) and polyacrylonitrile (PAN) (Fane et al., 2008, Wagner, 2001). During the first decades of studies/use of HF membranes CA was the main membrane material used. CA based membranes however have low chemical and thermal stabilities as well as a narrow pH tolerance range, 
Factors 
Physical and chemical properties: Molecular size, Solubility, Hydrophobicity/Hydrophilicity 
Membrane properties: Permeability, Pore size 
Membrane operating conditions: Flux, Transmembrane pressure,     
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therefore these were substituted with other polymers or polymer blends to produce UF membranes (Wagner, 2001). These polymers such as PES, PVDF and PAN have a wider range of pH tolerance and are resistant to temperature and species containing chlorine (which are commonly found in waste water).  One of the main approaches that have been adopted in recent years to improve and/or develop robust membranes has been through preparing membranes using a blend of polymers. Polymer blending refers to the manufacturing/processing of two or more polymers that are homogeneously mixed (Ismail et al., 2006, Mulder, 1996, Guo et al., 2010). The development of polymer blend based membranes led to  the preparation of membranes with improved properties such as high strength, reduced rates in permeate flux drop, and longer membrane life (Chung et al., 2000, Ramila et al., 2010). Blending can also lead to additional improvements in membranes such as improved expansion, greater anti-fouling ability of the membrane, improving the membrane's corrosion resistance, heat resistance and mechanical strength (Ramila et al., 2010).  
1.7.1.1. PES HF Membranes PES is extensively used to prepare membranes for use in water treatment due to its good thermal stability, excellent chemical resistance and other properties such as wide pH tolerances, fairly good chlorine resistance, easy to fabricate membranes (Zhang et al., 2008, Yang et al., 2005, Listkiarini et 
al., 2009, Sikder et al., 2009, Buonomenna et al., 2007). PES membranes are however vulnerable to fouling due to the predominant hydrophobic character of PES material (Khulbe et al., 2007). Membrane fouling results in not only limiting membrane performance and reducing its life, but also in increasing the operating cost. To overcome these problems, the hydrophilicity of PES membranes has been improved by blending them with hydrophilic materials. Initially PES membranes were blended with polymer additives such as polyvinylpyrrolidone (PVP), polyethylene glycol (PEG), cellulose acetate phthalate (CAP), pluronic F127 (polymeric surfactant) and tetronic 1307 (Sikder et al., 2009, Buonomenna et al., 2007) to improve the membrane properties. Research on improving the hydrophillicity of PES membranes 
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through blending is ongoing as researchers attempt to discover new polymer blend materials and corresponding membranes which show high flux and contaminants rejection. Current research PES blends is focussed on the use of different additives such as PVP, DEG, PEG and PEI in different compositions and its effect on membrane flux, rejection and fouling (Sikder et al., 2009, Buonomenna et al., 2007).  
1.7.1.2. PAN HF Membranes 
C), good solvent stability and low cost (compared to other polymer materials). In addition, its chemical modification can be done easily to modify its properties. Its nitrile ( ‒CN) grou    converted into various functionalities to offer membranes with better antifouling and flux performance due to increased hydrophilicity (Oh et al., 2001). Extensive studies have been conducted using PAN membranes for removing a range of pollutants from aqueous solutions (Sen et al., 2003). This research showed that PAN membranes were highly efficient for the treatment of a range of surface waters over short time periods (24 hrs). There are however some inherent disadvantages of PAN membranes, such as their high brittleness (low tensile strength), relatively low hydrophilicity and poor biocompatibility (which leads to bio fouling). Hence there is a need for further studies on the synthesis and development of PAN membranes blended with other hydrophilic polymers. Linkov et al., 1994 prepared PAN hollow fibers by varying the viscosity of the precursor solution using methyl methacrylate as an additive. They also applied phase inversion by casting PAN with poly (ethylene glycol) (PEG) and poly (vinylpyrrolidone) (PVP) in order to synthesize membranes with 50–400 nm pore size (Qin et al., 2005, Zaho et al., 2008, Rahimpour et al., 2007). The typical distilled water flux of this membrane reported at 0.5 bar pressure is approximately 45 L/m2h and nominal molecular weight cut-off (MWCO) of approximately 60-70 kDa and showed 90-95% BSA (bovine serum albumin) rejection (Sunilet al., 2004). Herein, to obtain much 
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better performance of high flux and impurities rejection during application for water purification, an extensive research is required to modulate the morphologies of PAN based membranes with different suitable additives. The effect of PVP, Zinc chloride and PVDF at different polymer compositions on membrane morphology and performance during treatment of surface water and effluents were studied in detailed and presented in this research study.  
1.7.1.3. PPSu and PVDF HF membranes Polyphenylsulfone (PPSu) and PVDF are hydrophobic polymers that are thermally stable, possess good chemical resistance, high mechanical strength and are resistant to several organic compounds (Seung et al., 2010, Xiaoyaoet 
al., 2006). Extensive research has been carried out on these polymers (a number of studies have conducted on the effect of different parameters on preparation of PVDF HF membranes) (Wang et al., 2004, Tan et al., 2006, Park 
et al., 2009). There is however  a lot of white space  still available to work on development of PVDF and PPSu HF membranes for various applications such as membrane distillation, gas separation and ultrafiltration. To date, research on synthesis and characterization of PPSu HF membranes has rarely been discussed in the literature. This may be due to the fact that the preparation of PPSu HF membranes is a complicated process involving many parameters such as polymer solution composition and viscosity, length of air gap, polymer extrusion rate, winding motor speed, nature of internal and external coagulant mediums. While the polymer type and properties are critical for membrane fabrication, the selection of appropriate solvents is another significant consideration in dope preparation (Boussu et al., 2006, Tasselli et al., 2007,). Commonly, dimethylformamide (DMF), dimethylacetamide (DMAc) and N-methyl-2-pyrrolidone (NMP) polar aprotic solvents are used for the preparation of PVDF and PPSu dope solutions. Suitable solvents for preparing polymer dope solutions are selected from the ternary phase diagrams which are plotted by determining fractional concentration of each component by titration. 
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1.7.2. Membranes for Treatment of Contaminated Ground Water Presently reverse osmosis (RO) is the most widely used membrane based separations technology for treatment of contaminated ground water. Over the past few decades remarkable advances have been made in the preparation of RO membranes from different materials (Li et al., 2010). Commercial interest in RO technology is increasing globally due to the continuous process developments, which in turn have led to significant cost reductions. These advances include developments in module design, process design, feed pre-treatment, and energy recovery or reduction in energy consumption (Shannon et al., 2008). The enhanced mechanical, biological and chemical strength of RO membranes, as well as the increased permeability, have reduced the cost of the membranes per unit volume of water treated by more than 10 times since 1978. The combined effort to minimising fouling and concentration polarization, in addition to maximise permeate flux and energy recovery, has decreased the energy consumption from 12 kWh/m3 in the 1970s to less than 2 kWh/m3 in 2010 (McGinnis et al., 2007, Morin, 2006). Although factors such as improvements in module design and feed pre-treatment have contributed to advances in RO processes the greatest efficiency gains have arisen from improvements in the membranes. The structure, material, and morphology of RO membranes have been modified to improve functionality (permeability and selectivity) and applicability (mechanical, chemical and biological stability). The present RO membrane market is dominated by thin film composite (TFC) polyamide membranes consisting of three layers: A polyester sheet acting as structural support (120-150 µm thick), a microporous interlayer (about 40 µm), and ultra-thin barrier layer on the upper surface (0.5–0.1 µm) (Petersen et al., 1990, Congiie, 2003). The polyester support sheet cannot provide direct support for the barrier layer because it is too irregular and porous. Therefore, between the barrier layer and support layer, a microporous interlayer of polysulfonic polymer is added to enable the ultra-thin barrier layer to withstand high pressure compression. Membrane pore size is normally less than 0.6 nm to achieve salt rejection consistently higher than 99%. The selective barrier layer is most often made of aromatic polyamide, for 
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example via interfacial polymerization of 1,3-phenylenediamine (also known as 1,3-benzendiamine) and the tri-acid chloride of benzene (trimesoyl chloride) (Cadotte, 1977). With improved chemical resistance and structural robustness, it offers reasonable tolerance to impurities, enhanced durability and easy cleaning characteristics (Tarboush et al., 2008, Li et al., 2007, Pearce, 2007, Polasek et al., 2003). The spiral wound membrane module configuration is the most extensively used design in RO treatment. This configuration offers high specific membrane surface area, easy scale-up operation, inter-changeability, low replacement costs and, most importantly, it is the least expensive module configuration to produce from flat sheet TFC membrane (Pearce, 2007, Polasek 
et al., 2003). Although spiral wound configuration was developed decades ago, developments in the dimensions of spacers, feed channels, as well as the materials of construction, have optimised the inter-connection between module design and fluidic transport characteristics, thereby decreasing both fouling and pressure losses. Although there have been significant advances in RO membranes in recent years there is still considerable scope for further improvements with regards to the permeability/flux, membrane resistance to fouling and reducing energy consumption.  
1.7.3. Membrane Bioreactors for Wastewater Treatment There are two main requirements for water that has been generated from treatment of a wastewater. Firstly the treated wastewater should have a low (minimal) concentration of organic contaminants, and secondly it should be free from biological entities such as bacteria, pathogens, and viruses. Therefore, treatment processes that are reliable, cost efficient and effective in removing a wide range of pollutants are required. One very promising technology for achieving the aforementioned involves the utilization of a membrane bioreactor (MBR). MBR combines both biological treatment of effluent and clarification by submerged or side stream low pressure polymeric ultrafiltration (UF) membranes. A MBR can be classified based on the type of membrane separation process used: this can be done either by pressure-driven 
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filtration in side-stream MBRs or with vacuum-driven membranes immersed directly into the bioreactor in submerged MBRs. Numerous pilot scale studies have been conducted using membrane bioreactors, whilst a number of these units have been installed in various parts of the world. For instance, the first large installation was in the United States, with a full scale external membrane MBR system for industrial wastewater treatment at the General Motors plant in Mansfield, Ohio in the early 1990s (Cote et al., 2005). In 1998, the first large scale internal membrane MBR system for the treatment of industrial food ingredients wastewater was installed in North America (Sutton, 2003, Berube, 2009) In a MBR the bioreactor acts as a biological treatment processor and the membrane is used as a filter in the filtration process. Despite its reputation of being a reliable treatment process, interest in MBR technology has reduced over the past three decades mainly due to the high cost of membranes and membrane maintenance. In the 1990s, the submerged MBR was commercialized and it was found that this system had lower operational costs than a side stream MBR (Yang et al., 2006, Cote et al., 2005). Many industries choose MBR in treating high strength wastewater based on its own capabilities. MBR is known as an alternative for conventional activated sludge treatment. This conventional process is different from MBR where settleability is negligible with the presence of membrane application. MBR also can give high performance compared to conventional activated sludge process in treating water besides having less footprints where secondary clarifier processes are eliminated. MBR also produces high quality output, good in removing organic and inorganic contaminants, capable to resist high organic loading and has lower sludge generation (Le-Clech et al., 2006, Widjaja et al., 2010, Chang et al., 2006). Many industries reuse MBR treated water for industrial sanitary and landscape purposes, for heat integration and processing by ensuring that treated water has lesser amount of contaminants to avoid sensitive equipment or pipes from breakdown (Zhang, 2009). MBR technology represents the most rapidly growing membrane technology in the water sector, with an estimated global market of US$ 216.6 million in 2005 rising at annual growth rate of 10.9% (Hanft, 2006). However, 
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as for all membrane processes, MBR is ultimately restricted by the tendency of the membrane for fouling, which causes a reduction in permeability and demands frequent physical and chemical membrane cleaning (Guglielmi et al., 2007). All factors affecting the performance of MBR could contribute in producing the phenomena of membrane fouling. Thus, membrane fouling is an ideal application to study the factors affecting the performance of the MBR process. Comparing to other membrane processes, membrane fouling phenomenon is more complicated in MBR process owing to the big number of contributing factors. These factors extensively can be divided into three groups: Membrane properties (membrane material, pore size and distribution and module configuration), Mixed liquor characteristics (nature and concentration of the bulk fluid such as mixed liquor suspended solids (MLSS) concentration, particle distribution), and Operating conditions (factors such as permeate flux, cross flow velocity or aeration intensity, hydraulic retention time (HRT), sludge retention time (SRT)) (Chang et al, 2002, Zhang et al., 2006). Membrane fouling in MBRs can be attributed to both membrane pore clogging and sludge cake deposition on membranes which is usually the predominant fouling component [30]. Fouling occurs due to the following mechanisms: (i) adsorption of solutes or colloids within/on membranes; (ii) deposition of sludge flocs onto the membrane surface; (iii) formation of a cake layer on the membrane surface; (iv) detachment of foulants attributed mainly to shear forces; (v) the spatial and temporal changes of the foulant composition during the long-term operation (e.g., the change of bacteria community and biopolymer components in the cake layer) (Meng et al., 2009). During backwashing, produced permeate is cyclically pumped towards the membrane module in order to detach the biomass cake and the polymers accumulated over the membrane surface. For hollow fiber systems, backwashing is usually employed at fluxes of around 2-3 times the operating flux and for 10 min for every filtration cycles of 1-2 h (Pearce, 2010, Zheng et 
al., 2011). Physical cleaning is supplemented with chemical cleaning to remove irreversible fouling. There are two main chemical cleaning strategies that may vary depending upon the membrane used and application. Intensive chemical 
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cleaning is carried out with a combination of sodium hypochlorite for removing organic matter, and organic acid (either citric or oxalic) for removing inorganic scalants, and can be performed either in situ (cleaning in place) or ex situ. This cleaning strategy is generally carried out when further filtration is no longer employs rather higher reagent concentrations of 0.5–1.5% NaOCl, coupled with 0.5–1.0% citric acid or 1.0–1.5% oxalic acid. The other chemical cleaning strategy usually followed is maintenance chemical cleaning mainly used to maintain membrane permeability and also this helps in reducing the frequency of intensive chemical cleaning. Maintenance chemical cleaning is normally carried out at moderate reagent concentrations and a frequency of 5-7 days (Zheng et al., 2011). Air scouring, coarse bubble aeration produces turbulence over the membrane surface, which facilitates detachment of the biomass cake deposited on it. Generally, all submerged module manufacturers recommend the use of air scouring systems. Typical values of specific air demand per unit of membrane surface (SADm) range between 0.3 and 0.8 Nm3/m3h (Judd, 2011). Even though many studies on effect of operating parameters of MBR on membrane fouling and performance were reported, still lot of space is available to vary these limitations and study the MBR performance. In the present study, the application of submerged MBR for treatment of dairy and domestic wastewater was carried out and the effects of different operating parameters on MBR performance were presented.             
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1.8. Scope and Objectives            The development of indigenous and inexpensive hollow fiber and flat sheet reverse osmosis membranes for treatment of polluted water would help in providing safe drinking water to both urban and rural populations. It would also enable cheaper recycling of waste water from certain industries. The main aim of this PhD project was to prepare different types of polymer based membranes and to investigate their performance for treating a variety waters (ground, surface and industrial waste water). Specific objectives of this project are given below.     
• To synthesize, characterize and test polymer based novel hollow fiber membranes prepared from the following polymers: PAN, PVDF, PPSu, PES, PVDF/PAN, PES/PEI. 
• To synthesize, characterize and test polyamide thin film composite RO flat sheet membranes. 
• To investigate the influence of membrane preparation conditions on membrane structure and membrane performance. 
• Investigate the application and performance of developed membranes for treatment of contaminated surface and groundwater.  
• To develop a membrane bioreactor (containing fabricated hollow fiber membrane modules) for treatment of dairy and domestic wastewater.  
• Investigate the MBR and RO combined hybrid process for treatment of domestic wastewater to potable water.  
• Investigate the application of Electrodialysis for treatment of RO clarified textile industry effluent. 
• To investigate scaling up membrane based processes and to determine the approximate costs associated with building and operating large scale membrane based water treatment processes.    
 
44 
 
 Chapter 
Materials andMethods 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
  Materials and Methods 
2.1. Materials The following chemicals were used (as received) to synthesize the membranes: The solvents which include dimethylformamide (DMF), n-methyl-2-pyrrolidone (NMP), dimethyl sulfoxide (DMSO), toluene diisocyanate (TDI), dimethylacetamide (DMAc) were purchased from s.d. Fine Chem., Mumbai, India  and diethylene glycol (DEG) from Aldrich Chemical Co., USA. The polymers such as polyacrylonitrile (PAN) was procured from Techno Orbital, Kanpur, India, polyethersulfone (PES) and polyphenylsulfone (PPSu) from Solvay, USA, Polyetherimide (PEI) and polyvinylpyrrolidone (PVDF) was purchased from Kynar, India. Additives used during membrane synthesis such as polyvinylpyrrolidone (PVP), m-phenylenediamine (MPD), trimesoylchloride (TMC) were supplied by Sigma-Aldrich, Hyderabad, India, whereas  polyethylene glycol (PEG), dextran and zinc chloride by Loba Chemie, Mumbai, India. The following biological compounds were used for the micro-organisms growth and characterization such as nutrient broth, nutrient agar, eosin methylene blue (EMB) agar, Mc-Conkey agar and mannitol agar were purchased from Hi-Media Chemicals, Mumbai, India. Deionized water was used from the preparation of all samples and test solutions. 
 
2.2. Methods 
2.2.1. Hollow Fiber Spinning Methods and Module Fabrication The methodologies related to fabrication of hollow fiber membranes and flat sheet membranes and development of modules are described in the proceeding sections.    
2.2.1.1. Preparation of Hollow Fiber Membranes Hollow-fibers were prepared using a spinning machine that was built in house. The spinning machine was used to draw hollow-fibers using the synthetic polymer dope solutions as described in Fig. 2.1. The heart of the hollow-fiber machine is the spinneret made of a stainless steel plate with orifices as shown in Fig. 2.2 through which the polymer solution is pressurized to pass through the orifices leading to the production of fibers. The orifices were of cylindrical shape with the outer orifice having a diameter of 5.5 mm. 
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  Materials and Methods The inner and outer diameters of the central capillary were 1.5 and 2.5 mm respectively as shown in Fig. 2.2.  
 
Figure 2.1: Schematic of hollow fiber spinning machine  The other main components of the spinning machine setup include the dope and bore fluid reservoirs, a water coagulation bath, and a take-up drum. All of the aforementioned parts were made of stainless steel (SS-316). The coagulation bath was 2 m long with a depth of 0.8 m. The spinning machine set up also included a gear pump (with speed ranges from 100-1000 rev/s) between the dope reservoir and spinneret, which was used to deliver the polymer solution into the spinneret. A pulling motor with speed controlled in the range of 20-40 rev/s is arranged before the take-up drum to pull the fibers coming out of the spinneret and are collected into the large take-up drum of 20 cm radius.  Hollow fiber membranes were spun at room temperature (25–30 oC) employing the solution extrusion and phase inversion technique. The polymers were dissolved in solvents and stirred at approximately 60 oC for about 12–15 h to ensure complete dissolution of the polymer. The prepared polymer dopes were transparent and homogenous at room temperature, the mixtures were 
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  Materials and Methods charged into the polymer solution reservoir and degassed overnight to remove the air bubbles present in the dope solution. 
 
Figure 2.2: Spinneret design  The loaded polymer solution was then forced into the spinneret using pressurized nitrogen and a gear pump fixed between dope reservoir and spinneret. The dope solution and the internal coagulant liquid (distilled water) were forced through a tube-in-orifice spinneret, in such a manner, that the polymer solution flowed through a ring nozzle while the coagulating fluid was fed through the inner tube [Albrecht et al., 2001]. The polymer solution was directly extruded into a coagulation bath at an air gap of up to 13 cm. The nascent membrane then moves through the air gap where it cools and loses solvent due to partial evaporation prior to its entry into coagulant bath. Upon entering the liquid bath the fiber undergoes rapid cooling/coagulation leading to the solidification of the polymer rich region and subsequent formation of the membrane microstructure due to the replacement of solvent molecules with water. The fibers generated from the aforementioned processes were then 
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  Materials and Methods collected in a take-up drum and immersed in ethanol solution for approximately 24 h in order to replace the water in the membrane pores (as ethanol possesses a lower surface tension [Yu et al., 2006, Khulbe et al., 2007). The spinning conditions such as speed of polymer pump, pulling motor, air gap, and flow rate of bore liquid were varied in order to prepare polymers of varying microstructure. The conditions used to prepare the different polymers investigated are given in the chapters/sections where they are relevant.  
2.2.2. Fabrication of Hollow Fiber Membrane Modules The membrane module is the heart of any membrane separation system. Hollow fiber membranes are systematically packed to maximize the membrane area per unit volume of module. Based on the feed flow, hollow fiber modules are classified into two types: (1) inside-out and (2) outside-in modules.  
 
Figure 2.3: Flow pattern in a hollow-fiber membrane  In the first type, the feed is fed into the lumen side (tube side) of membrane and clarified water permeates through the membrane to shell side of the module (Fig. 2.3 (a)). Whereas in the second type (Fig. 2.3 (b)), the feed 
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  Materials and Methods is fed into the shell side and the permeate out through the tube side of the membrane (Barzin et al., 2004, Khulbe et al., 2004).  
2.2.2.1. Fabrication of Inside-Out Flow Type Hollow Fiber Membrane Modules The nascent hollow fibers prepared using the spinning set up discussed in section 2.2.1.1., were cut to equal length and arranged into a module as shown in Figs. 2.4 (a) & (b).  
 
 
Figure 2.4: Inside-out flow type hollow fiber membrane modules (a) synthesized fibers (b) potting the fibers by epoxy resin (c) fabricated modules  The tube ends were then potted using epoxy adhesive resin and the end caps made of acrylic/nylon rods were arranged with openings for the feed and reject to flow. The feed solution enters the lumen side of the hollow fibers and 
(a) (b) 
(c) 
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  Materials and Methods the permeate is collected from the shell side through a small opening made on the module housing as shown in Fig. 2.4 (c).   
2.2.2.2. Fabrication of Outside-In Flow Type Hollow Fiber Membrane Modules 
Fig. 2.5 shows the developed outside-in flow type membrane module. The ‘U’ shape twisted hollow fiber bundle was introduced into the acrylic/PVC tube in which one end was potted with epoxy resin. Acrylic/nylon polymer based end caps with shell-side feed and reject flow were fabricated and fixed at one end; whereas provision for tube-side permeate flow was made at the other end. The time taken in producing this type of membrane module is significantly lower than that of the double end potted module. In addition, the required potting material is less. 
 
Figure 2.5: Outside-in flow type hollow fiber membrane module  
2.3. Bench Scale Setup for Testing Hollow Fiber Membrane Modules A bench scale system for conducting hollow fiber membrane testing was built in house. This system was designed to incorporate the fabricated hollow fiber membrane modules prepared as shown in Fig. 2.6. The input to the system was provided by a feed tank of 100 L capacity. A polypropylene (PP) 
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  Materials and Methods prefilter cartridge was arranged before the membrane module for the feed to pass through so as to capture any coarse particles in the feed solution (such as sediment, silt and sand) to prevent clogging of the membrane. Purified water that permeated through the membrane was collected in the permeate tank and reject was recycled to the feed tank. The required pressure was maintained over the feed using a throttle valve arranged on the reject line. 
 
Figure 2.6: Flow sheet of experimental setup for surface water treatment  
2.4. Synthesis of Reverse Osmosis Membranes Reverse Osmosis membranes containing a substrate synthesized from polyethersulfone (PES) by a phase inversion method using 15% w/v solution of the polymer in dimethylformamide (DMF) solvent containing 3% propionic acid. The obtained homogenous bubble free solution was cast on a nonwoven 
polyester fabric support affixed onto a clean glass plate using a doctor’s blade as shown in Fig. 2.7 (a).A digital image of the bench scale membrane casting unit is shown in Fig. 2.7 (b). The plate was then immersed in an ice cold water bath to obtain ultraporous PES substrate of 50 kDa MWCO. The continuous process for preparation of ultraporous PES substrate is shown in the schematic 
Fig. 2.8. 
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Figure 2.7: (a) Schematic diagram of a membrane casting apparatus (b) Photograph of bench scale casting unit  A non-porous ultrathin skin layer on porous substrate was created using interfacial polymerization method through a polymerization reaction occurring between two reactive monomers at the interface of two immiscible solvents. The porous substrate is initially saturated in an aqueous solution containing a reactant 1% meta-phenylenediamine (MPD), followed by immersion in an immiscible organic solvent such as hexane containing a reagent 0.1% solution of trimesoyl chloride (TMC). A dense top layer forms on the porous substrate at the interface between water and the organic solvent when the two monomers 
(a) 
(b) 
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  Materials and Methods react with each other, as shown in Fig 2.9, after which the composite is heated to crosslink the selective layer. 
Figure 2.8: Schematic of phase inversion continuous process for preparation of ultraporous PES substrate  
 
Figure 2.9: Schematic illustration of interfacial polymerization to fabricate RO membrane 
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Figure 2.10: Physical structure of RO composite membrane  
Fig. 2.10 represents the physical structure of a RO polyamide membrane. The indigenous membranes prepared in this study were scaled up into a spiral wound membrane module of 2.5 inch dia x 21 inch long dimensions (Fig. 2.11) with the help of Permionics Membranes Pvt. Ltd., India. 
 
Figure 2.11: Spiral wound membrane module for RO process  
2.5. Experimental Setup of Pilot Scale RO System A pilot RO system of 250 L/h capacity which was developed at IICT Hyderabad was used to conduct RO membrane testing. A low pressure centrifugal pump is provided for pretreatment of the feed through a 
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  Materials and Methods polypropylene micron rope cartridge of 5 µm pore size to prevent entry of suspended particles capable of damaging the membrane. A high pressure plunger pump, capable of maintaining a pressure up to 30 bar is installed at the upstream side of the prefilter cartridge to transport the feed to the RO module. A restricting needle valve is provided on the concentrate (reject) outlet of the membrane, to pressurize the feed liquid to a desired value as indicated by the pressure gauge installed upstream of the needle valve. A coil type heat exchanger is provided in the reject line to bring down the temperature of the reject which gets heated rapidly by continuous pressurization and re-circulation. Ice cold water is circulated through the shell side of the heat exchanger using a water circulation pump. The flow diagram of RO process is provided in Fig. 2.12. Permeate and reject flow rates are measured by two glass rotameters containing metal floats.   
 
Figure 2.12: Flow diagram of a RO pilot scale setup  
2.6. Electrodialysis Pilot Scale Setup The experimental setup used for electrodialysis studies is shown in Fig. 
2.13. The system consists of three glass tanks of 10 L capacity which are used for feed (diluate), concentrate and electrode wash solutions respectively. Each tank is connected with chemically resistant centrifugal pumps having magnetically coupled drive and polypropylene wetted parts. Control valves and 
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  Materials and Methods bypass is provided to adjust the flow rate independently in each line. Braided PVC tubing was used for circulation of the liquids throughout the system. Perforations in the edges of the gaskets and membranes match with each other to provide two pairs of internal hydraulic manifolds to carry fluid into and out of the compartments. One pair communicates with depletion compartments and the other with the enrichment compartments. 
 
Figure 2.13: Electrodialysis experimental setup  The stack consists of cell pairs arranged as shown in Fig. 2.14. Energy is provided through a regulated D.C. power supply from a thyristor type rectifier of 100 V and 30 A capacities. Turbulence promoters made of flexible PVC wire 
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  Materials and Methods mesh were used to reduce the concentration polarization [Lee et al., 2002, Vargas et al., 2011, Tanaka, 2010]. A digital conductivity meter (Global Electronics, Hyderabad) was used to determine the concentration of ions in the diluate and concentrate streams at different intervals of time. 
 
Figure 2.14: Design of ED stack arrangement 
 
2.7. Membrane Bioreactor Bench Scale Setup 
 Fig. 2.15 represents the schematic diagram of the experimental model of MBR with 100 L feed capacity. The reactor was submerged with a HF membrane module and the flow line was connected to a vacuum pump to draw the permeate as final treated effluent. The feed was taken into the reactor to which 5% of mixed microbial flora was added and oxygen was supplied for aerobic digestion [Chan et al., 2009].   Modules fabricated from HF membranes synthesized in the laboratory were used for effluent clarification. The filtration unit was operated in batch mode at room temperature (30±3 °C) with TMP varying in the range of 0.2–0.8 bar. The water level in the bioreactor was maintained constant in order to keep the hydraulic retention time (HRT) at a prescribed value. Continuous coarse 
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  Materials and Methods bubble aeration by a stone air diffuser was applied to promote local cross-flow velocity along the membrane surface and to simultaneously produce enhance dissolved oxygen (DO) content required for the biomass present in the reactor. The MLSS and DO concentrations were measured at regular intervals during the unit operation. 
 
Figure 2.15: Schematic of MBR setup   
2.8. Characterization and Analytical Methods 
2.8.1. Scanning Electron Microscopy (SEM) Scanning electron microscopy (SEM) images were obtained with a Phillips XL30 SEM operating at 30 keV and a working distance of 10mm. Samples were sputtered with gold to prevent sample charging during examination. The sample was placed onto a thin film of carbon tape mounted on an appropriate sized SEM stub. Excess and loose sample was removed with an air pulse and then placed inside a vacuum chamber, which was filled with argon. 
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2.8.2. Tensile Strength Measurement The strength and elongation tests of the hollow fiber membranes are carried out using a tensile test machine at room temperature. The samples are clamped at both ends and pulled at constant elongation velocity of 10 cm/min. Tensile stress at break is obtained. At least three samples are tested for each datum.  
2.8.3. Porosity and Pore Size Measurement Membrane porosity is defined as the pore volume divided by the total volume of the porous membrane. It is expressed by Eq. (2.1). 
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whereƐ  is the membrane porosity (%), L is the membrane length (mm), D is the outer diameter of HF (mm), d is the fiber inner diameter (mm), m1 is the mass of wet membrane (g), m2 is the mass of dry membrane (g), and  is water density (g/cm3). The mean pore diameter d of membranes were determined using a water permeability test which that utilises the Hagen-Poiseuille equation (Eq. 2.2) (Zhao et al., 2000).  
ε
µ xMd ∆= 82        (2.2) Where µ is the water viscosity (kg/m-s), Δx is the membrane thickness, Ɛ  is the membrane porosity, and M is membrane permeability (L/m2h.bar).  
2.8.4. Pure Water Flux and BSA Rejection Studies Pure water flux, which is a measure of the hydraulic permeability of a membrane, is the most common parameter determined for a membrane prior to use. Pure water flux was determined for all membranes used in this study using the following procedure: Distilled water was used as feed and the experiment was carried out at room temperature (30±3 oC) at pressure varying between 0.1 to 3 bar.  
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  Materials and Methods In addition to the pure water flux tests, the rejection of membranes were also investigated prior to application using a solution containing bovine serum albumin (BSA). Rejection of BSA was calculated based on the concentrations in the feed and permeate solutions as shown in Eq. (2.3).  
f
pR
ρ
ρ
−= 1         (2.3) 
Where, R is the rejection of solutes (%), p and f are the BSA mass concentration in the permeate and feed, respectively (g/L).  
2.8.5. Solute Transport The flat sheet/hollow fiber membranes were also tested prior to use using aqueous solutions containing non-ionic macromolecules (PEG and Dextran of varying molecular weights 10–50 kDa). This involved passing solutions containing PEG or Dextran of increasing molecular weights through the membrane and determining the extent of solution separation via Eq. (2.4):  
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whereCp and Cf  are the solute concentrations in permeate and feed, respectively.  
2.8.6. Permeate Flux Permeate volume was measured during the separation process and flux was calculated by dividing the permeate volume by the product of effective membrane area and sampling time as shown in the Eq. (2.5):   
2.8.7. Rejection Efficiency This is another factor by which the separation performance of the membrane can be rated. The performance of the membrane is denoted in terms of % rejection of turbidity or any other impurity. The rejection% is calculated using the following Eq. (2.6): 
 
61 
 
  Materials and Methods  where Cp is the concentration of the solute in permeate, and Cf is the concentration of the solute in feed.  
2.8.8. Analytical Methods Feed and permeate samples were analysed at regular intervals for total dissolved solids (TDS), COD, BOD, and TSS according to APHA methods [Eaton 
et al., 1998]. Turbidity was evaluated using a HACH Make Colorimeter (DR/890). The conductivity and pH was determined using digital conductivity (Model DCM-900, Global Electronics, Hyderabad, India) and pH (Model DPH-504, Global Electronics) meters. Mixed liquor suspended solids (MLSS) concentration was assessed by weighing a sample after filtering with a GF/C filter and drying for an hour at 105 oC. The total coliform and faecal coliform present in the samples was estimated using a coliform test [Sutton, 2010]. 
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Chapter 
Development of PES and PAN HF 
Membranes for Clarification of 
Surface Water and Fungal 
Enzyme Broth 
 
Summary 
This chapter describes research on the synthesis of hollow fiber 
membranes from polyethersulfone (PES) and polyacrylonitrile (PAN) polymers; 
fabrication of modules containing hollow fiber membranes; and treatment of 
surface water treatment and fungal enzyme broth. Design drawings of a manual 
hollow fiber spinning machine and spinneret were prepared to fabricate the 
necessary equipment for extrusion of hollow fibers. Research on the synthesis of 
hollow fiber membranes involved studies on the effect of the spinning conditions 
on specific macroscopic fiber properties, such as outer diameter and wall 
thickness. Concentrations of 15–20 wt% PES in n-methyl-2-pyrrolidone (NMP) 
and PAN in dimethyl formamide (DMF) solvents with important additives and 
pore formers were prepared. These polymer solutions were extruded through the 
spinneret and subjected to phase inversion in a water bath. The membranes were 
characterized by scanning electron microscopy (SEM) and pure water flux 
studies. PAN and PES exhibited 99.8 and 95.4% turbidity rejection. PAN exhibited 
a 5 log reduction of E. Coliform bacteria for surface water treatment at a low 
hydraulic pressure of 1 bar with a flux of 54.2 L/m2h at a water recovery of 80% 
whereas PES gave a flux of 36.6 L/m2h with 4 log reduction of E. Coliform. PAN 
and PES membranes exhibited 54.9 and 69.3% xylanase enzyme recoveries from 
fungal broth at reasonable flux with turbidity rejection of 94.8 and 95.7% 
respectively. 
 
 
Development of PES and PAN HF Membranes 
 
3.1. Introduction  Hollow fiber membranes are of great commercial interest as they can be used to separate a range of pollutants/impurities from wastewater (biological molecules, inorganic and organic contaminants). The literature based study on synthesis of PES and PAN hollow fiber membranes, performance of present available membranes and the need for further development, applications was discussed in detail in Chapter 1.  In the present study a manual hollow fiber spinning machine was designed and fabricated (along with the critical spinneret component used for extrusion) and used to prepare hollow fiber membranes of varying composition/structure. PES and PAN hollow fiber membranes were synthesized by the dry-wet spinning method and characterized by scanning electron microscopy (SEM) and pure water flux studies. Additives such as polyvinylpyrrolidone (PVP), diethyleneglycol (DEG) and polyethylene glycol (PEG) were added to the PES dope solution to improve the hydrophilicity of the resulting membrane/fouling resistance. ZnCl2 was added to the PAN dope solution to improve membrane strength. The effect of various parameters such as flow rate of polymer dope, bore liquid, speed of polymer pump on specific macroscopic and microscopic properties of the hollow fibers prepared were evaluated. These membranes were further fabricated into different types of modules (based on the permeate collection type) with single or twin permeate outlets. Flux and turbidity rejection of the fabricated modules were also studied for the treatment of surface water and clarification of fungal broth of xylanase enzyme. 
 
3.2. Experimental  The materials and methods used to conduct the research presented in this chapter are given in Chapter 2. 
 
3.3. Results and Discussion  
3.3.1. Synthesis and Characterization of Hollow Fiber Membranes Polymer dope solutions of PES and PAN of different compositions were prepared as shown in Tables 3.1 and 3.2. Additives such as ZnCl2 and DEG 
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 were used in preparing the dope solution to improve the solution viscosity, elasticity and poreformation (Qui et al., 2007, Rahimpour et al., 2007). PES and PAN hollow fiber membranes were synthesized based on the dry-wet spinning method as discussed earlier in Section 2.2.1.1.  
 
Table 3.1: PES dope solution composition  Solvent Composition (wt. %) 
Component Batch 1 Batch 2 Batch 3 Poly ether sulfone (PES) 15.66 18 20.5 n-methyl-2-pyrrolidone (NMP) 56.7 53.7 - Polyvinylpyrrolidone (PVP) 0.4 0.4 0.4 Diethylene glycol (DEG) 27.3 27.9 - Poly ethylene glycol (PEG) - - 16.27 Dimethyl formamide (DMF) - - 62.83  
Table 3.2: PAN dope solution composition  Solvent Composition (wt. %) 
Component Batch 1 Batch 2 Batch 3 Polyacrylonitrile (PAN) 15 18 20 n-methyl-2-pyrrolidone (NMP) - 0.5 - Zinc Chloride (ZnCl2) 3 - - Dimethyl formamide (DMF) 82 81.45 80  
3.3.1.1.Effect of Polymer Dope Pumping Rate At a bore fluid flow rate of 6.0 mL/min and pulling motor speed of 27 revolutions per second (rps), an increase in the wall thickness of PES hollow fiber membrane from 0.4 to 0.8 mm was observed when the speed of polymer pump was enhanced from 280 to 425 rps. At a constant pulling motor speed, an increase in the speed of the polymer pump from 420 to 453 rps resulted in 
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 enlargement of the PAN membrane wall thickness from 0.6 to 0.9 mm. From 
Table 3.3, it can be inferred that the wall thickness of the extruded hollow fiber membrane increases with a rise in the speed of the polymer dope pump. When the polymer dope rate is increased at a constant bore fluid flow rate, it could result in reduction in the central opening or hollowness being created by the bore fluid which is made up of the coagulant liquid (water) itself. In contrast when the bore fluid rate is increased at constant polymer dope rate the wall thickness would reduce as the central bore in the fiber gets enhanced.  
Table 3.3: Hollow-fiber dimensions with varyingpolymer concentrations at constant bore fluid flow rate of 6 mL/min 
Polymer 
Concentration 
(wt%) 
Polymer 
solution 
flow rate 
(gm/min) 
Outer 
diameter 
(mm) 
Wall 
thickness 
(mm) 
Speed of 
polymer 
pump 
(rps) 
Speed of 
pulling 
motor 
(rps)  
PES 15 3.5 1.6 0.4 280  27  18 3.5 1.63 0.4 290 20 7.2 2 0.8 425  
PAN 15 6 1.5 0.6 420 29 18 6 1.52 0.65 430 31 20 8.1 1.6 0.9 453 31 
 
3.3.1.2. Effect of Bore Fluid Flow Rate and Spinneret Dimensions 
 The effect of bore fluid flow rate on membrane wall thickness at constant polymer pump speed of 450 rps and pulling motor speed of 30 rps for similar dope concentrations of PES and PAN is presented in Table 3.4. An increase in bore fluid flow rate from 4 to 10 mL/min resulted in a reduction in the wall thickness from 0.90 to 0.66 mm for PES and 0.84 to 0.62 mm for PAN.  The spinneret dimensions were also found to influence the fiber diameter. An indigenous spinneret with different orifice dimensions was fabricated to compare the effect of spinneret dimensions on hollow fiber 
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 characteristics. At constant spinning conditions, hollow fiber membranes of outer diameter (O.D.) 2.4 mm with a wall thickness of 0.6 mm were extruded whereas the previous spinneret yielded fibers with O.D. 2.0 mm and wall  thickness 0.8 mm. An increase in the orifice diameter expectedly causes an increase in the O.D. of the hollow fiber membrane.  
Table 3.4: Effect of bore fluid flow rate on the wall thickness of fiber at a constant speed of polymer pump (450 rps) and pulling motor (30 rps) 
Polymer 
Composition  Bore Fluid Flow rate (mL/min) Wall Thickness of Fiber (mm)  
18 wt.% PES  
4 0.90 6 0.80 8 0.74 10 0.66  
18 wt.% PAN 4 0.84 6 0.77 8 0.70 10 0.62  
3.3.1.3. Scanning Electron Microscopy (SEM) Studies Surface and cross-sectional SEM images of the prepared PES and PAN HF membranes are presented in Fig. 3.1. The structural morphology of both PES and PAN membranes did not change significantly with increases in the polymer concentration from 15 to 18 wt% when spun at constant extrusion rates (Table 
3.3). In Fig. 3.1 (a) and (c), the formation of porous substructure and voids are observed at the inner and outer edges of PES and PAN fibers. This can be attributed to the penetration of bore fluid and external coagulant from the inner and outer surfaces of the membrane during phase inversion process. It can also be seen that the membranes prepared from more concentrated solutions exhibited chain entanglement which reduces the formation of pores in the skin layer resulting in ultrafine porous membranes (Fig. 3.1(b) and(d)) (Pesek et al., 1994). 
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Figure 3.1: Cross-sectional view of (a) PES (c) PAN hollow fiber membranes and surface view of (b) PES (d) PAN membranes   
3.3.2. Fabrication of Hollow Fiber Membrane Modules Hollow fibers were cut to 15 cm in length and potted at both ends with epoxy adhesive in 15 cm long acrylic tubes for fabrication of inside-out flow type modules. Whereas, for outside-in flow type modules, 90 cm length fibers were twisted into U shape and introduced into the acrylic tube of 45 cm long in which one end was potted. Acrylic rod was used for making the end caps (for images of the modules see Section 2.2.2).   
3.3.2.1. Pure Water Flux Studies  Feed (distilled water) pressure was varied from 0.2 to 1.5 bar at ambient temperature to study the permeation characteristics of the prepared hollow fiber membranes. The relationship between applied pressure and pure water flux is presented in Fig. 3.2.  
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Figure 3.2: Effect of polymer dope concentration on membrane flux    Compared to PES, PAN yielded higher fluxes due to its highly hydrophilic nature arising from the presence of –CN groups. At a pressure of 0.2 bar, the 18 wt% PAN membrane exhibited a flux of 43.7 L/m2h compared to only 29.8 L/m2h yielded by PES. An increase in the pressure to 1.5 bar further enhanced the flux to 74.8 and 68.8 L/m2h for PAN and PES membranes, respectively. On the other hand, an increase in polymer concentrations in the dope solutions resulted in a reduction in the flux. Increasing the polymer concentration in the dope causes an enhancement in solution viscosity and beyond 20 wt% concentration, the solubility appeared to decrease.  Standard solutions of known molecular weights of dextran were used to determine the molecular weight cut-off (MWCO) of the membranes. PAN (20 wt%) was found to have an approximate MWCO of 30 kDa (pore size ∼0.01 μm) and 15 wt% PES revealed a MWCO of 70 kDa (pore size ∼0.05 μm).  
3.3.3. Studies on Treatment of Surface Water In this work surface water which was contaminated by domestic waste was used as the feed (influent) to test the prepared hollow fiber membranes. The influent containing a turbidity of 140 NTU, suspended solids of 88 mg/L, pH of 6.8 and Escherichia Coli(E. Coli) of 1.1 × 103 (MPN/100 mL) at room 
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 temperature was fed into the Ultrafiltration (UF) system using a booster pump (Hydraulic pressure: 0.2-3.5 bar). Purified water that permeated through the membrane pores was collected and reject was recycled to the feed tank. The required pressure was maintained over the feed using a valve arranged on the reject line. The rejection rate of suspended particles, viral organisms, bacteria and other macro-sized particles depends upon molecular weight cut-off (MWCO) of the membrane. An image of the bench scale setup used and the clarified permeate generated from the membranes tested   are shown in Figs. 
3.3 (a) and (b). 
 
 
Figure 3.3: (a) Bench scale setup of hollow fiber membrane ultrafiltration system (b) clarified surface water samples 
(a) 
(b) Permeate Feed 
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3.3.3.1. Effect of Polymer Concentration on Turbidity Rejection   Fig. 3.4 illustrates the effect of polymer concentration on turbidity rejection of PAN and PES at a pressure of 1 bar for surface water treatment. With increasing concentration of PES from 15 to 20 wt% in the dope, the turbidity rejection enhanced from 90.1 to 95.4%, whereas PAN exhibited improved rejection in the range 99.60–99.80%. Increasing the polymer concentration induces a tighter pore structure at both the external and internal surfaces of the hollow fibers which results in an enhancement in turbidity rejection but lower flux. In addition, 18 wt% PES and 15 wt% PAN have shown an E. Coli reduction of 4 log (falling in the desirable 4–6 log reduction range) at 1 bar. An observation of 5 log reduction at 20 wt% PAN concentration indicates an improvement in the purity of the permeate water obtained. 
 
Figure 3.4: Effect of polymer concentration on surface water turbidity rejection  
3.3.3.2. Effect of Pressure on Permeate Flux and Turbidity Rejection 
 Figs. 3.5 (a) and (b) describes the effect of pressure on flux for PAN and PES HF membranes. An enhancement of flux from 54.23 to 57.23 L/m2h for PAN and 36.66 to 46.40 L/m2h for PES was observed when the applied 
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 pressure was varied from 1 to 2.5 bar. PAN gave higher flux due to its highly hydrophilic nature whereas PES is only partially hydrophilic (due to the presence of sulfone groups) with its aromatic backbone being predominantly hydrophobic.  
 
 
Figure 3.5: Effect of pressure on flux using (a) PAN and (b) PES membranes 
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  The relationship between pressure and turbidity rejection is illustrated in Figs. 3.6 (a) and (b). Both PAN and PES membranes showed high rejection of turbidity of surface water at 1 bar pressure. 
 
 
Figure 3.6: Effect of pressure on turbidity rejection for (a) PAN and (b) PES membranes 
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 A reduction in turbidity rejection was observed at higher pressures (1–2.5 bar). This may be attributed to the increase in the pore size of the membrane with respect to applied pressure on feed. Hence, the hollow fibers studied need to be operated at lower pressures (∼1 bar) to achieve optimum results. 
 
3.3.3.3. Variation of Flux and Trans-Membrane Pressure (TMP) with Time  Effect of permeate flux with time at a constant applied pressure of 1 bar and feed concentration of 140 NTU turbidity for different polymer compositions (15–20 wt%) of PAN and PES membranes is shown in Figs. 3.7 
(a) and (b). Flux lowers with filtration time due to concentration polarization and gradual fouling of the membrane. High initial permeate flux followed by a rapid flux decline is characteristic for constant trans-membrane pressure (TMP) operations. High initial flux causes rapid deposition of rejected solute molecules which results in the build-up of a boundary layer at the membrane surface causing resistance to solvent (water) flow. The variation of TMP with time at constant flux of 60 L/m2h for PAN and 45 L/m2h for PES membranes is described in Figs. 3.8 (a) and (b). The TMP was increased with filtration time due to the enhancement in the hydraulic resistance of membranes.  The declined flux can be recovered by regular backwashing and chemical cleaning. There are a variety of different chemicals that may be used for membrane cleaning, and each is targeted to remove a specific form of fouling. Citric acid is used to remove inorganic scales. Strong bases such as caustic are typically used to dissolve organic foulants. Membranes can be stored in aqueous sodium metabisulphite to control biofouling. Due to the variety of foulants present in source waters, it is often necessary to use a combination of different chemicals in series to address multiple types of fouling.     
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Figure 3.7: Effect of flux with time for (a) PAN and (b) PES membranes at 1bar pressure 
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Figure 3.8: Variation of TMP with time for (a) PAN and (b) PES membranes at constant permeate flux of 60 L/m2h and 45 L/m2h respectively  
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3.3.4. Clarification of Fungal Enzyme Broth  Xylanase, which is extracellular in nature, is produced by a variety of bacteria and fungi. Therefore, prior to use, these enzymes have to be separated and purified to remove a range of other extracellular enzymes, such as celluloses. Xylanase has become commercially important in recent times due to its wide application in several industries such as: (i) the paper and pulp industry for selective removal of hemicelluloses from Kraft; (ii) in the animal feedstock industry to increase digestive capacity of products; and (iii) in the brewing and baking industries (Pandey et al., 2000).  A 5 L sample of fermentation broth (comprising biomass and proteins) collected from the paper and pulp industry of 4,120 NTU turbidity, 5.5 pH, 
enzyme concentration 40 μg/L and protein concentration of 1,120 μg/L was subjected to UF for recovering xylanase enzyme. The clarified enzyme is used in pulp and paper industry for pre-bleaching and improving the brightness of the pulp and for clarification of fruit juices (Polizeli et al., 2005).   The potential of hollow fiber membranes for clarification of enzymatic solutions is assessed by studying the influence of polymer dope composition on enzyme recovery and turbidity rejections. 
 Figs. 3.9 (a) and (b) illustrates the effect of pressure and polymer composition on enzyme recovery and turbidity rejection. At the PES concentrations studied (15–20 wt%), the membranes exhibited higher enzyme recoveries in the range 57.8–69.3% and turbidity rejections of 89.4–95.7% compared to PAN (45.3–54.9 and 92.3–94.3% turbidity rejection) at a pressure of 1 bar. This could be attributed to the hydrophobicity of the PES which would repel the polar enzyme molecules. Figs. 3.9 (a) and (b) also reveal an increasing trend in turbidity rejection with increasing dope concentration. 
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Figure 3.9: Effect of polymer concentration on turbidity rejection (%) and enzyme recovery (%) for (a) PAN and (b) PES membranes 
3.4. Conclusions 
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  Indigenous hollow fiber UF membranes were synthesized by using a dry/wet spinning process with forced convection in the dry air gap. Tap water was chosen as the external coagulant and distilled water was used as the bore fluid. The results obtained on the influence of polymer concentration on morphology and performance of two types of UF hollow fiber membranes (PES and PAN) showed that the flux of the hollow fiber UF membranes decreases while the rejection for particular solute increases with an increase in polymer concentration due to tighter pore structures obtained. The wall thickness of the membranes was found to increase with increasing polymer concentration in the dope. PAN (20 wt%) exhibited a turbidity rejection of 99.8% while treating surface water at low hydraulic pressure of 1 bar with a flux of 54.2 L/m2h. Moreover, overhead tank pressure (0.5–1 bar) could be sufficient to treat surface water and generate the desirable flux of pure water without requirement of electric power. 69.3% of enzyme recovery and 95.7% of turbidity rejection was observed with 20 wt% PES membrane module while processing turbid enzyme fungal broth. Hollow fiber membranes offer a commercially viable technology platform for development of inexpensive UF systems for economical treatment of surface water and clarification of turbid solutions such as fungal enzyme broth and wine. The large surface area per unit volume and self-supporting structure makes hollow fiber systems very compact and reliable.  
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Chapter  
Design of Novel UF Systems 
Based on Robust PPSu HF 
Membranes for Treatment of 
Contaminated Surface Water 
Summary  
This chapter focuses on development of robust hollow fiber ultrafiltration 
systems that can be operated with or without electric power to treat polluted 
surface water. The hollow fiber membranes investigated in this chapter were 
prepared based on polyphenylsulfone (PPSu) and polyvinylidenefluoride (PVDF) 
solutions. The prepared membranes were used to treat surface water obtained 
from a river in Hyderabad, India and evaluated in terms of permeate flux and 
contaminants rejection. 
The indigenous fibers had an approximate outer diameter of 1.5 mm and 
the wall thickness of 0.25 mm and were housed in inexpensive PVC and UPVC 
tubes using epoxy resin and nylon end connectors. PVDF hollow fibers (HF) 
exhibited 94.8% turbidity rejection, whereas PPSu fibers exhibited 91% rejection 
with 5 log E-Coliform reduction from surface water at a low hydraulic pressure of 
1 bar with high flux values of 125 L/m2h and 73 L/m2h, respectively at a 
substantial water recovery of 80%. A water purification device capable of 
generating 25 L/h purified water flow at an overhead tank pressure of 0.5 bar 
was designed and fabricated for households along with a hand pump operated 
submerged ultrafiltration (UF) system for treatment of surface water in flood 
prone regions. Detailed economic estimation of the indigenously designed water 
purification device for household purpose is presented. 
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4.1. Introduction  As mentioned in Chapter 1, the development of membranes with improved characteristics (low fouling, high permeability, high flux, and high rejection) is an area of significant interest.  In order for the aforementioned improvements to be obtained new membrane materials need to be discovered/developed. Of the various different polymers/polymer blends that have been used to prepare membranes, PPSu and PVDF have shown considerable promise.   PPSu and PVDF are hydrophobic polymers that are thermally stable, possess good chemical resistance, high mechanical strength and are resistant to several organic compounds (Seung et al., 2010, Xiaoyao et al., 2006). The literature based study of PPSu and PVDF hollow fiber membranes was presented in Section 1.7.1.3 in Chapter 1.  The research presented in this chapter involved the synthesis and testing of PPSu hollow fiber membranes. To the best of the author’s knowledge the PPSu membranes prepared had not been previously tested for the treatment of surface water. PVDF HF membranes were also synthesized and tested. The membranes were characterized by porosity and pore size measurements, scanning electron microscopy (SEM), pure water permeation and bovine serum albumin (BSA) rejection studies. Influence of various spinning parameters on structural dimensions of HF membranes is described in detail. Further, design and development of ultrafiltration system based on both PPSu and PVDF hollow fiber membranes are presented as novel economical alternative for treatment of surface water in households. The economy involving fabrication of such a device and its low operating cost on account of operation by utilizing static water head pressure instead of a pump is another interesting feature of this work. Design and performance of hand pump operated ultrafiltration system capable of implementation in the absence of electrical power is described. Other prospects of this research could be treatment of industrial effluents besides process intensification through design of membrane bioreactors which eliminate secondary clarifiers, bring down capital investment and operating cost with enhanced process safety and lower environmental pollution for effective treatment of municipal wastewater. 
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4.2. Experimental  The majority of the materials and methods used to conduct the research reported in this chapter are given in Chapter 2 (Sections 2.1 and 2.2). Methods used solely for research presented in this chapter are given in the proceeding sections.  
 
4.2.1. Ternary Phase Diagram to Determine the Solubility of Polymer in 
Solvent  The turbidity change of polymer solution in different solvents such as NMP, DMAc and DMF was visually observed and precipitation point lines were plotted. 20 wt% PVDF and PPSu solutions were prepared and taken in a sealed container with magnetic stirrer. Water was added drop wise with a syringe until the solution became turbid. The cloud point was marked when turbidity of solution persisted for at least a few minutes. If demixing with pure water and formation of persistent particles were too rapid, then water was added to a small extent in the solvent. Subsequently the solvent was added to dilute the solution and make it clear again. The weight of container was regularly monitored and recorded after each change in composition. Ternary phase diagram was plotted as shown in Fig. 4.1 by calculating fractional concentration of components by titration method [Mulder, 2003].  From the data presented in Figs. 4.1 (a) and (b), it was found that solubility of PVDF and PPSu in DMAc and NMP is more when compared to DMF. The homogeneous polymer–solvent solution is sighted between the polymer/solvent axis region and precipitation curves in a triangular graph. This region width indicates the system’s tolerance for non-solvent before occurrence of polymer precipitation. The power of solvent dissolution for PVDF and PPSu is indicated by length of miscibility area in the graph. This miscibility is used to study the system’s behavior to polymer precipitation occurring when contacted with water. The size of this region reveals the amount of water absorbed by the polymer solution in the precipitation step during the phase inversion process. 
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Figure 4.1: (a) Isothermal phase diagram for PVDF/water/solvent ternary system and (b) Isothermal phase diagram for PPSu/water/solvent ternary system   
(b) 
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4.3 Results and Discussion 
4.3.1. Synthesis and Characterization of PVDF and PPSu Hollow Fiber 
Membranes  The dope solutions were prepared from 20 wt% PVDF and PPSu in DMAc and NMP solvents, respectively. Hollow fiber membranes were spun at room temperature (25-30 oC) employing the solution extrusion and phase inversion method which was described in earlier Section 2.2.1.1. Dope solution was charged into dope reservoir and extruded directly into coagulation bath at an air gap of 13 cm. Spinning conditions were kept constant as follows: the pressure applied on the spinning solution was about 4 bar and bore liquid flow rate was kept at 6.0 mL/min. The fibers were drawn out from coagulation bath by pulling motor at a speed of 30 rps. The fibers were collected in a take-up drum and immersed in ethanol solution for 24 h.  
4.3.2. Effects of Spinning Parameters on PVDF and PPSu Membrane 
Structure 
4.3.2.1. Effect of Polymer Extrusion Rate  The spinning speed determines the productivity of HF membrane manufacture. The variation in spinning rate directly affects the properties of spinning solution flowing through a spinneret and subsequently the structure of fiber and separation performance. The effect of dope extrusion rate on outer diameter and wall thickness of the HF membrane at constant bore flow rate (8 mL/min) and speed of the pulling motor (30 rps) is graphically represented in 
Fig. 4.2 (a). Increase in the dope extrusion rate resulted in the enhancement of outer diameter and wall thickness of the fibers. This is due to an increase in the extrusion shear rate, which in turn leads to a decrease in polymer solution viscosity. Low viscosity polymer solution results in a looser membrane structure and lower wall thickness.  
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Figure 4.2: (a) Effect of dope extrusion rate on outer diameter and wall thickness offibers   
4.3.2.2. Effect of Bore Fluid Flow Rate  During the phase inversion process, the use of a bore fluid as internal coagulant not only affects the stress to open up the HF further but also offers nonsolvent to exchange with the solvent from inner wall of the nascent fiber. 
Fig. 4.2 (b) shows the effect of bore flow rate on fiber dimensions at a constant dope extrusion rate of 270 rps and pulling motor speed of 30 rps. As expected, an increase in the bore fluid flow rate increases the liquid pressure in the axial direction. Therefore, the inner diameters of the hollow fibers will increase with no change in the outer diameter.  The bore fluid can be used to fine-tune the structure of the hollow fibers to generate an impact on membrane permeability. The solvent–nonsolvent exchange at the interface between polymer solution and the nonsolvent begins after the nascent fiber leaves the spinneret and contacts the internal coagulant in the bore side. When the internal coagulant flow velocity increases, 
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 enhancement of solvent–nonsolvent exchange takes place. The nonsolvent inflow will accelerate the formation of more open porous membrane structure [Yeow et al., 2005]. 
 
Figure 4.2:(b) Effect of bore fluid flow rate on wall thickness of membrane  
4.3.2.3. Effect of Speed of Pulling Motor  Effect of the take-up speed on the dimensions of HF membranes is described in Fig. 4.2 (c), at a constant dope extrusion rate of 270 rps and bore fluid flow rate of 8 mL/min. The plot specifies the decrease in the outer diameter of HF with an increase in the take-up speed. This can be attributed to the orientation of the polymer molecules as explained by Chou et al., 2005, who stated that the molecular chains in the hollow fiber would be more oriented when the take-up speed is increased. The free volume between the polymer chains decreases, which results in HF’s with smaller diameters. However, it was observed that there is no considerable change in the wall thickness of the fiber. A higher take-up speed will tend to stretch the fibers, leading to more porous morphology and structure. 
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Figure 4.2: (c) Effect of pulling motor speed on outer diameter of membrane 
 
4.3.3. Effect of Solvent and Polymer Concentration on Solution Viscosity Viscosity is a basic parameter in membrane formation process. During HF synthesis, solution viscosity is one of the key factors in determining prospect of spinning (i.e., in the extrusion of fibers), in addition to other factors such as spinneret size and coagulation medium. Solution viscosity also influences the inter-diffusion of solvent and nonsolvent during the phase inversion process, which then controls the kinetic aspects of membrane formation, including both skin formation and substructure morphology. The effect of varying polymer composition on dope solution viscosity and MWCO of synthesized hollow fiber membranes are illustrated in Fig. 4.3. Increasing PVDF and PPSu polymer compositions from 10 to 20 wt% which correspond to solution viscosities of 122.5–2215.4 cP and 99.5–2100.5 cP, resulted in formation of tighter membranes with MWCOs ranging from 100 to 40 kDa and 120–50 kDa, respectively. 
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Figure 4.3: Effect of PVDF and PPSu concentrations on dope viscosity and MWCO ofmembrane  
4.3.4. Additional Membrane Characterization  The synthesized hollow fiber membranes were characterized based on the scanning electron microscopy, porosity, and pure water flux and rejection studies as discussed in the following sections.  
4.3.4.1. Scanning Electron Microscopy (SEM)   The surface and cross-sectional structures of polymeric membranes were determined by using SEM. Fig. 4.4 presents the cross-section and surface SEM images of PVDF and PPSu membranes. From Figs. 4.4 (a) and (c), it can be seen that the fiber has a typical asymmetric structure with a relatively dense skin layer and a porous substructure. The formation of microvoids near the inner and outer edges of PVDF and PPSu membranes were observed. This can be resultant of penetration of bore fluid and external coagulant from the inner and outer surfaces of fibers during the phase inversion process. SEM images of PVDF and PPSu membranes prepared with varying polymer concentration (not 
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 shown in this figure) revealed increasing number of voids in the porous substructure at lower polymer concentrations. 
 
Figure 4.4: (a) Cross-sectional view of PVDF membrane, (b) surface view of PVDF membrane, (c) cross-sectional view of PPSu membrane, and (d) surface view of PPSu membrane    The surface morphology of PVDF and PPSu membranes in Figs. 4.4 (b) and (d) shows the presence of fine pores, which become much tighter and appear to be distributed uniformly across the membrane. The internal diameters of the PVDF and PPSu HF membranes were found to be 1.33 mm and 1.0 mm, and wall thickness of 0.4 mm and 0.55 mm respectively.   
4.3.4.2. Porosity and Pore Size Measurements The overall porosity of membrane (e) was estimated using a method based on density measurements [Xu et al., 2002]. It was calculated based on Eq. (4.1). 
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  Where  and  polymer are the densities of the membrane and raw polymer powder used for membrane synthesis respectively. The volume was calculated according to the inner/outer diameters and the length of the fiber sample. The weight of the membrane was determined by an analytical balance (Contech, CA-224, 0.1 mg). The density of intrinsic PVDF is taken as 1.77 gm/cm3 [Mansourizadeh et al., 2010] and PPSu as 1.29 gm/cm3 [Brydson, 1999]. A bundle of hollow fibers fully wetted with isopropanol (surface tension of 21.7 dynes/cm) was mounted on the sample chamber and then followed by sealing. Pure nitrogen was then allowed to flow into the chamber gradually. When the increased nitrogen pressure reached a point that overcame the capillary flow of the fluid within the largest pore, the bubble point was found (Eq. (4.2))  
where dp is the pore size diameter, γ is the surface tension of liquid, θ is the contact angle of liquid and P is the external pressure. PVDF and PPSu HF modules wetted with isopropanol (surface tension 21.7 dynes/cm) and pure nitrogen was then allowed to flow on the lumen side of module. The observed bubble point pressures for PVDF and PPSu membranes were 1.7 and 1.4 bar, respectively. The calculated pore size diameters from Eq. (4.2) are 0.5 µm and 0.6 µm for PVDF and PPSu fibers respectively.  
4.3.4.3. Pure Water Flux and BSA Rejection Studies Permeation and rejection characteristics of pure water and bovine serum albumin (BSA) through were studied by varying the feed pressure from 0.2 to 1.5 bar at ambient temperature as depicted in Fig. 4.5. PVDF exhibited a flux of 49.23 L/m2h whereas PPSu exhibited 38.53 L/m2h at a low feed pressure of 0.2 bar. Enhancement of flux to 200.3 and 186.2 L/m2h was correspondingly observed with increase in pressure to 1.5 bar for PVDF and 
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 PPSu membranes, respectively. PVDF membrane revealed 99.2% of BSA rejection at 1 bar pressure while PPSu gave 95.2% rejection. 
 
Figure 4.5: Pure water flux and BSA rejection of membranes at varying applied pressure  
4.3.5. Fabrication of UF Membrane Modules  A bundle of hollow fibers was introduced into the PVC tube of diameter 2.54 cm and 30.48 cm length. Both sides of the module were potted using epoxy resin. This is a tube side flow configuration wherein the permeate flows from the shell side. The PVC fabricated hollow fiber membrane modules are shown in Fig. 4.6. The effective area of PVDF and PPSu membrane module was 0.07 m2 and 0.068 m2 respectively. Nylon rod was used for making end caps with an opening for flow. The polymer tests, to determine the molecular weight cut off (MWCO) of the membranes were performed with 0.3 g/L solutions of PEG and Dextran. PEG solutions containing 6, 10, 20, 40 and 108.0 kDa molecular weights besides 6, 40, 70, 100 kDa dextran polymers were used without any further purification. The MWCO of 20 wt% PVDF and PPSu hollow fiber membranes were found to be approximately 50 and 60 kDa, respectively. 
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Figure 4.6: PVDF and PPSu hollow fiber membrane modules 
 
4.3.6. Surface Water Treatment  The synthesized and fabricated PPSu and PVDF HF membrane modules were tested for turbidity rejection, flux, COD, BOD and E. Coli reduction in treating surface water. These membrane modules were later used in developing a household device for surface water treatment and a hand pump operated UF system. However the feed to household device was not contaminated by municipal sewage.  The effect of pressure on flux and turbidity rejection for PVDF and PPSu membranes are described in Figs. 4.7 (a) and (b). At 0.5 bar, PVDF membrane provided a flux of 46.3 L/m2h with a turbidity rejection of 95.6% compared to 33.6 L/m2h generated by PPSu with a rejection of 90.4%. An enhancement in flux to a value of 91.2 L/m2h and rejection to 99.2% was observed when applied pressure was increased to 1.2 bar for PVDF membrane. Similarly, in case of PPSu membrane, the flux increased to 67.15 L/m2h with a turbidity rejection of 93.9%.  
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Figure 4.7: (a) Effect of pressure on (a) flux, and (b) turbidity rejection for surface water  
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Table 4.1: Quality of water obtained after treatment of surface water contaminated by municipal waste by PVDF and PPSu HF membranes 
Feed Pressure: 1 bar, Recovery: 80%      In addition, PVDF and PPSu HF membranes have shown an E. Coli reduction of 5 log at 1 bar, which falls in the desirable range of 4–6 log reduction, indicating the purity of the permeate water obtained. Table 4.1 represents the quality of water that permeated through PVDF and PPSu HF membranes. 
 
4.3.6.1. Variation of Flux with Time 
Fig. 4.8 (a) describes the variation of permeate flux with filtration time at constant pressure of 1 bar and 438 NTU turbid feed for PVDF and PPSu HF membranes. Concentration polarization and gradual fouling lowers the flux 
Parameters Feed 
(Membrane 
Inlet) 
PPSu 
Membrane 
(Permeate) 
% Impurity 
Rejection 
(PPSu) 
PVDF 
Membrane 
(Permeate) 
% 
Impurity 
Rejection 
(PVDF) pH 7.1 7.2 NA 7.2  NA Turbidity (NTU) 438 23 94.74 3 99.31 TSS (mg/L) 110 8 92.72 2 98.18 BOD (mg/L) 90 5 94.44 < 2 98.00 COD (mg/L) 280 16.5 94.10 10.8 96.14 Total Coliform (MPN/100ml) 13000 9 99.93 3 99.97 DO (mg/L) Nil 3.5 NA 4.2 NA Total N2 (mg/L) 11.2 1.9 83.03 1.1 90.17 Total phosphorus (mg/L) 
3.2 0.2 93.75 0.12 98.82 
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 with time. High initial flux results in quick deposition of rejected solute particles which results in build-up of cake layer at the surface of membrane which resists solvent flow. Flux declined from 77.2 to 71.8 L m2h for 120 min of continuous operation for PVDF membrane at 1 bar pressure. It was restored to 76.9 L/m2h after 10 min of backwashing (Fig. 4.8 (a)). 
 
Figure 4.8: (a) Variation of flux with time at a feed pressure 1 bar     Similarly, a reduction in flux from 69.4 to 63.8 L/m2h was observed in case of PPSu membrane which was significantly regained to 68.8 L/m2h after backwashing. Effect of operation time on trans-membrane pressure gradient (TMP) at a constant flux of 70 L/m2h for both membrane types is illustrated in 
Fig. 4.8 (b). An increase in TMP was observed with time due to increase in hydraulic resistance of membranes. After 7 days of experiment, the membranes were chemically cleaned to restore flux. 
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Figure 4.8: (b) Variation of TMP with time at constant flux of 70 L/m2h 
 
4.3.7. Design of Hand Pump Operated UF Membrane Water Treatment 
System  A hand pump operated submerged UF membrane system was designed for conversion of surface water to potable water. A schematic view of the fabricated system is shown in Fig. 4.9 (a).The HF membrane modules were fabricated in such a way that maximum surface area of membranes (shell side of membrane modules) were exposed to feed in submerged mode (Fig. 4.9 
(b)), the tube side of the modules were connected to suction line of the hand pump and the purified water was collected from discharge line of pump.  
 Fig. 4.9 (c) represents the digital image of the fabricated system. The device was especially developed for the flood affected areas or remote villages where surface water is contaminated.An outside-in flow HF UF membrane module of 80 kDa MWCO with 0.1 m2 surface area of PVDF and a hand pump are the most important accessories of this system. The four modules were connected in parallel to the suction line of the hand pump. The system is capable of providing 220 L/m2h, sufficient to meet the daily drinking water requirement of 500 people.   
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  Figure 4.9: (a) Schematic drawing of hand pump operated ultrafiltration membrane system(b) View of hollow fiber membrane modules fabricated for submerged hand pump operated water treatment device and (c) photograph of hand pump operated water treatment system    Treated water quality satisfies not only emergency water supply standards but also drinking water quality standards. Some of these treated water quality parameters are given in Table 4.2. Irrespective of raw water turbidity, the unit is capable of providing clear water with turbidity well below 
(a) 
 
98 
 
Design of Novel Ultrafiltration Systems 
 the upper limits of drinking water quality standards. However, this system would not be applicable for surface water contaminated by industrial wastewater.  
Table 4.2: Parameters of water quality achieved by treating surface water contaminated by municipal waste 
 
4.3.8. Design of UF Water Treatment Device for Households  An economical household compact UF water treatment device was designed and developed to operate without applying any external power source to purify municipal drinking water. A two side potted PVDF and PPSu HF membrane modules were fabricated and used in this system. A polypropylene (PP) prefilter of 5 µm pore size and activated carbon pretreatment cartridges were connected together to the 50 kDa MWCO HF membrane module as shown in Fig. 4.10 (a). An overhead tank placed at a height of 10 m (pressure of 0.5 bar) was sufficient to generate permeate at a flow rate of 25 L/m2h. A valve was fixed on reject line to maintain the pressure at a desired value with a provision made for back flushing at regular intervals to improve life and productivity of the membrane. 
Water Source 
Parameters Pond water River water Feed (Membrane Inlet) Permeate Feed (Membrane Inlet) Permeate Turbidity (NTU) 5 1 98 1 Total Coliform (MPN/100ml) 1100 Nil 13000 Nil Fecal Coliform (MPN/100ml) 200 Nil 3000 Nil COD (mg/L) 152 <2 210 <2 BOD (mg/L) 88 <1 74 <1 
 
99 
 
Design of Novel Ultrafiltration Systems 
 
 
Figure 4.10: (a) Schematic drawing of household UF water treatment device    The permeate water quality of device is presented in Table 4.3. The membranes have shown complete rejection of microbes and 90% rejection of turbidity at 0.5 bar pressure. The pictorial view of designed water treatment device is shown in Fig. 4.10 (b). 
 
Table 4.3: Parameters of water quality achieved by UF household device 
 
Parameters Feed  
(Membrane 
Inlet) 
PPSu 
Membrane 
(Permeate) 
PVDF 
Membrane 
(Permeate) pH 7.8 7.8 7.8 Turbidity (NTU) 8 1 1 TSS (mg/L) 41 3 2 Fecal Coliform (MPN/100 ml) 100 Nil Nil Total Coliform (MPN/100 ml) 1200 1 Nil 
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Figure 4.10: (b)Portable membrane based domestic water treatment device 
 
4.3.8.1. Economic Estimation for Water Treatment Device for Households  An economic analysis was performed to determine the unit cost of household UF water treatment device using indigenously fabricated HF membrane modules. Capital and operating costs for 25 L/h capacity unit are presented in Table 4.4. Total capital cost of this device was found to be only US $ 25.6 (INR 1280). 
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Table 4.4: Estimation of capital and operating cost for 25 L/h capacity household water treatment device operated with surface water not contaminated by municipal waste 
* 1 INR = 0.02 US $. This system is applicable for surface water containing microbes and turbidity only, but not COD/BOD. 
 
 
Cost of Hollow Fiber Membrane 
module 
Value Units Currency 
(US $*)  
Raw material used:     Polyacrylonitrile(PAN) 30 g 0.6  Dimethylformamide(DMF) 115 g 1.8  UPVC tube(1”dia) 1 ft 0.5  Nylon  Rod (35mm dia) 1 ft 6.0  
Total cost for single hollow fiber 
module   8.9  Cost of  other Accessories     Inline Micron Filter 1 No 3.0  Inline Activated Carbon Filter 1 No 3.0  Nylon Tube 2 m 0.2  Adopters for Water Tap 2 No 2.0  Connectors of cartridges and module 10 No 4.0  MS sheet 2x2 ft 2.0  Valves 1 No 1.0  Clamps 2 No 1.0  Nuts &Bolts 12 No 0.5  
Total Capital Cost   25.6  
Operating Cost Estimation     
Membrane Modification Cost     
Duration of replacement 3 Years   Membrane replacement cost ( US $/hr)   3.38x10-4  Micron Prefilter Modification cost     
Duration for replacement 3 Months   Micron filter cost (US $/hr)   1.4x10-3  Activated Carbon Filter  (ACF) Modification cost     
Duration for replacement 1 Year   ACF replacement cost (US $/hr)   3.34x10-4  Total operating cost (US $/hr)   2.08x10-3  
Permeate flow rate 25 L/hr   Cost/litre of water clarification   0.8x10-4 US $/L 
Depreciation Cost(10% of total 
capital cost) 3.04 US $ /Year 0.34x10-3 US $/hr 
Total cost per litre of water 
clarification 
  0.97x10-4 US $/L 
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4.4. Conclusions  PVDF and novel PPSu hollow fiber ultrafiltration membranes were synthesized by solution extrusion and phase inversion process for treatment of contaminated surface water. The 20 wt% of PVDF exhibited a turbidity rejection of 99.1% at low hydraulic pressure of 1 bar with a flux of 73.9 L/m2h, whereas PPSu displayed a rejection of 93.9% with a flux of 67.1 L/m2h. Both PVDF and PPSu HF membranes provided 5 log reduction each in E. Coli bacteria at 1 bar pressure. A household water treatment device was designed and developed to operate without applying any external power source to purify municipal drinking water. However, this system is applicable for surface water containing microbes and turbidity only as it cannot remove COD and BOD completely. An overhead tank placed at a height of 10 m was sufficient to provide the driving force to obtain adequate flux of purified water. A hand pump operated UF system was designed mainly for flood affected areas to treat contaminated surface water by providing 220 L/h of clean and safe water to meet drinking water requirement of a population of at least 500. The future plan of work would focus on tailoring these HF membranes by surface modification to extend their application for the treatment of industrial effluents. Installation of PPSu and PVDF hollow fiber modules in membrane bioreactors (MBRs) would also be investigated for treatment of municipal sewage to produce reusable water. The mechanically robust and solvent resistant nature of PPSu makes it a potentially promising candidate for pretreatment of seawater and industrial effluents by ultrafiltration. 
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Chapter 
Synthesis and Characterization 
of PES/PEI and PVDF/PAN Blend 
Hollow Fiber Membranes for 
Surface Water Treatment 
 
Summary 
In this chapter, hollow fiber (HF) membranes were prepared from a 
polyethersulfone (PES)/polyetherimide (PEI) blend and a polyvinylidenefluoride 
(PVDF)/polyacrylonitrile (PAN) blend. The membranes were prepared via a phase 
inversion process and tested in an indigenously fabricated membrane unit for 
surface water treatment. The surface and cross section morphologies and pore 
size of the membranes were studied by scanning electron microscopy (SEM) and 
Liquid-Liquid porosimetry methods, respectively. Performance of the membranes 
was evaluated in terms of water flux and bovine serum albumin (BSA) rejection. 
The effect of pressure on flux and rejection of turbidity was also investigated. 
Turbidity rejection was found to be 99.65% for surface water at 3 bar whereas 
corresponding permeate flux was found to be as high as 152.5 L/m2h for PES/PEI 
HF membrane. Similarly, PVDF/PAN HF membrane showed a high flux of 120.1 
L/m2h and turbidity rejection of 99.55% at 1.5 bar pressure. 
 
 
 
 
 
 
 
Synthesis and Characterization of PES/PEI and PVDF/PAN blend HF membranes 
 
5.1. Introduction Recent advances in materials chemistry and polymer chemistry, coupled with the need for processes with low energy consumption, have seen significant advancements in the development of water treatment membranes. One of the main advancements in the field of membranes was the development of polymer blend based membranes. Polymer blending refers to the manufacturing/processing of two or more polymers that are homogeneously mixed [Listiarini  et al., 2009, Sikder et al., 2009, Buonomenna et al., 2007]. These membranes led to increase in the scope of application due to improved properties such as strength, reduced rates in permeate flux drop, and longer membrane life [Yang et al., 2005]. More details on the aforementioned polymer blends are given in Sections 1.7.1. In this chapter two polymer blend solutions, Polyethersulfone (PES)/Polyetherimide (PEI) and Polyvinylidenefluoride (PVDF)/polyacrylonitrile (PAN), were prepared and fibers were extruded by a dry-wet spinning method. The resistance to anti-fouling and filtration performance (in terms of flux and rejection) of the developed polymer blend membranes were evaluated and compared with nascent membranes. Synthesized membranes were characterized using scanning electron microscopy (SEM). Pore size and porosity were determined liquid-liquid porosimetery methods. Membrane performance was evaluated based on pure water flux and bovine serum albumin (BSA) rejection studies. The prepared hollow fiber membranes were further fabricated into tube side to shell side flow type modules. Bench scales studies were conducted on application of these polymer blend HF membranes for treatment of highly contaminated surface water (with domestic waste).   
5.2. Experimental  The majority of the materials and methods used to conduct the research reported in this chapter are given in Chapter 2 (Sections 2.1 and 2.2). Methods used solely for research presented in this chapter are given in the proceeding sections.  
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5.2.1. Membrane Synthesis and Module Fabrication 
5.2.1.1. Membrane Synthesis PES/PEI hollow fiber membranes were prepared from a dope solution of 20 wt% PES and 10 wt% PEI dissolved in DMF solvent. Similarly, 10 wt% PVDF and 10 wt% PAN were dissolved in DMF to prepare PVDF/PAN blend membranes. Spinning conditions to spin the fibers were as follows: air gap of 13 cm, flow rate of the dope was maintained at 8 gm/min, a bore liquid flow rate of 8 mL/min, and a pressure of 4 bar applied on the dope solution using nitrogen gas. The fibers formed were drawn from the coagulation bath at a speed of 30 rps by a pulling motor.  
5.2.1.2. Module Preparation To fabricate membrane modules a bundle of the synthesised PES/PEI hollow fibers was embedded into a PVC tube of diameter 5.5 cm and 50 cm length. Both sides of the module were potted using epoxy resin. This is a tube side flow configuration in which permeate will be from the shell side. The effective area of the prepared PES/PEI membrane module was 0.15 m2. Similarly, PVDF/PAN membrane modules were fabricated by introducing fibers into a PVC tube of diameter 2.5 cm and 30 cm length. This is a tube side feed flow configuration membrane module in which both end sides of the module were potted using epoxy resin.   
5.3. Results and Discussion 
5.3.1. Membrane Characterization The synthesized hollow fiber membranes were characterized using scanning electron microscopy (SEM). Pore size and porosity were determined Liquid-liquid porosimetery method. Membrane performance was evaluated based on pure water flux and bovine serum albumin (BSA) rejection studies. 
 
5.3.1.1. SEM Characterization of PES/PEI and PVDF/PAN HF Membranes 
Figs. 5.1 and 5.2 shows the SEM images of the cross-section and surface of PES/PEI and PVDF/PAN blend HF membranes, respectively. From Fig. 
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5.1(a), it can be seen that the fiber has an asymmetric structure with a very thick and dense outer skin layer. The surface morphology of the membrane (Fig. 5.1(b)) shows the presence of fine pores and a few closed pores at the outer surface of the fiber. The outer and inner diameters of the PES/PEI fibers were found to be 0.9 and 0.7 mm respectively.  
 
Figure 5.1: SEM images of PES/PEI hollow fiber membrane (a) cross-section and (b) surface images 
 
Figure 5.2: SEM images of PVDF/PAN hollow fiber membrane (a)cross-sectional and (b) surface view   From Figs. 5.2(a) and (b), it can be seen that the PVDF/PAN blend membrane has an asymmetric structure consisting of similar curved finger-type pore structure with larger pores on surface. The formation of voids can be attributed to the penetration of bore fluid and external coagulant from the inner and outer surfaces of the membrane during the phase inversion process. 
(a) (b) 
(a) (b) 
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 The outer and inner diameters of the PVDF/PAN ultrafiltration hollow fiber membrane were found to be 1.1 mm and 0.8 mm respectively. 
5.3.1.2. Porosity and Pore Size Measurements The determined porosity Ɛ  (calculated using Eq. (2.1), section 2.8.3) and mean pore diameter d (determined by a water permeability test, section 2.8.3) for the PES/PEI HF membrane were 86.21% and 0.04 µm, respectively. The tensile strength of the prepared HF was found to be 13.1 MPa with a 49% breaking elongation. The porosity for the PVDF/PAN membranes was calculated to be 93.40%, whilst the mean pore diameter was 0.08 µm. The tensile strength of the PVDF/PAN extruded HF membranes was 14.8 MPa with a breaking elongation 41%.  The molecular weight cut off (MWCO) of the membranes, which was determined using known molecular weight solutions of PEG and Dextran (Section 2.8.5), were 40 kDa and 50 kDa for the PES/PEI and PVDF/PAN membranes respectively.  
5.3.1.3. Pure Water Flux and BSA Rejection Studies for PES/PEI Membrane The permeation characteristics of the prepared membranes were determined using pure water and a Bovine serum albumin (BSA) rejection test. The aforementioned tests were conducted for the PES/PEI membrane by varying the feed pressure from 0.2 to 3 bar at ambient temperature as shown in 
Fig. 5.3.  At a pressure of 0.2 bar the PES/PEI membrane system exhibited a flux of 42.9 L/m2h and a 94.2 % BSA rejection. As the pressure increased to 1 bar, the flux raised to 130.1 L/m2h and rejection to 99.3%. Pure water flux of 242 L/m2h and rejection of 99.8% was observed at 3 bar.  
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Figure 5.3: Study of pure water flux and BSA rejection with pressure for PES/PEI membrane  
5.3.1.4. Comparison of Pure Water Flux for PES/PEI Blend and PES HF 
Membranes  
Fig. 5.4 shows the comparison of filtration performance of HF membranes prepared from PES and PES/PEI.  
 
Figure 5.4: Comparison of pure water flux for PES/PEI blend and PES HF membranes 
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 The studies were performed using pure water. The spinning conditions and solution compositions were unchanged for both the membranes. At a constant pressure of 1 bar, PES HF membrane has shown an average flux of 71.2 L/m2h, whereas PEI blended HF membrane has shown remarkably high value of 133.4 L/m2h during 500 min of continuous operation.  
5.3.1.5. Pure Water Flux and BSA Rejection Studies for PVDF/PAN Membrane The effect of applied pressure on pure water flux and BSA rejection for PVDF/PAN hollow fiber membranes are depicted by Fig. 5.5.  
 
Figure 5.5: Pure water flux and BSA rejection for PVDF/PAN HF membranes  At 0.2 bar pressure, the observed flux was 59.3 L/m2h. Increase in the pressure to 1.5 bar, enhanced the flux to 218.5 L/m2h. The membrane achieved 95.6% rejection of BSA at 0.2 bar and 99.8% at 1.5 bar pressure. 
 
5.3.2.Testing of Membranes Performances for Surface Water Treatment The developed PES/PEI and PVDF/PAN HF membranes were used to treat surface containing domestic waste (river water).The performance of the membranes was evaluated in terms of rejection of turbidity, total coliform, TSS, total phosphorus and total nitrogen.  
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 The feed characteristics and the quality of the permeated water generated from treatment studies using the prepared membranes are listed in 
Table 5.1.  
Table 5.1: Water characteristics of feed and permeate 
Parameters River Water 
Feed water 
(After pre-filtration)* 
(PES/PEI) 
Permeate  
(PVDF/PAN) 
Permeate Turbidity (NTU) 430 (±50) < 1 < 2 TSS (mg/L) 122 (±20) < 1 < 1 Total Coliform (MPN/100ml) 1500 (±100) < 1 < 1 Faecal Coliform (MPN/100ml) 400 (±10) < 1 < 1 pH 7.5 (±1) 7.4 7.1 TDS+ 440 (±100) 418 421 Total nitrogen (mg/L) 12.4(±2) 1.2 1.4 Total phosphorus (mg/L) 4.3 (±2) 0.2 0.3 *For pre-treatment polypropylene pre-filter of 0.5 µm pore size was used. +wide range due to seasonal variation  
5.3.2.1. Effect of Pressure on Flux and Rejection for PES/PEI Membranes 
Fig. 5.6, shows the effect of pressure on permeate flux and turbidity rejection for PES/PEI membranes. At 0.2 bar, the membrane had shown a flux of 10.3 L/m2h with a turbidity rejection of 95.2%. An enhancement of flux to 71.4 L/m2h and rejection to 98.9% was observed when applied pressure was increased to 1 bar. Further increase in flux to 152.5 L/m2h was observed with increase in pressure to 3 bar, whilst the turbidity rejection was unchanged (when pressure varied from 2.8 to 3 bar). PES/PEI HF membranes have shown an E. Coli reduction of 5 log (falling in the desirable 4-6 log reduction range by WHO standards) at 1 bar, which indicates the purity of the permeate water obtained. 
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Figure 5.6: Effect of pressure on permeate flux and turbidity rejection of surface water for PES/PEI membrane  
5.3.2.2. Effect of Pressure on Flux and Rejection for PVDF/PAN HF Membranes The effect of pressure on permeate flux and turbidity rejection for PVDF/PAN membranes are as shown in Figs. 5.7(a) and (b). At low pressure, 0.5 bar, the membrane had shown a flux of 46.3 L/m2h with a turbidity rejection of 95.6%. An increase in flux to 91.2 L/m2h and rejection to 99.2% was observed with an increase in pressure to 1.2 bar. Further increase in pressure to 1.5 bar resulted in the decrease of turbidity rejection to 98.6%, because of the effect of pressure on pore size of membrane. Hence, these hollow fibers need to be operated at lower pressures (~1bar) to achieve optimum results.  
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Figure 5.7: Effect of pressure on (a) flux and (b) turbidity rejection 
 
5.3.2.3 Variation of Flux with Time for PES/PEI and PVDF/PAN HF Membrane Effect of operation time on flux at a constant pressure of 1 bar and feed concentration of 430 NTU turbidity for PES/PEI and PVDF/PAN membranes is shown in Figs. 5.8 and 5.9,respectively.  
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Figure5.8: Variation of flux with time for PES/PEI HF membrane 
 
Figure 5.9: Variation of flux with time for PVDF/PAN HF membrane  A declined in flux from 73.8 to 69.6 L/m2h was observed for first 100 min of continuous operation and reached a steady state at 69.2 L/m2h after approximately 250 min (Fig. 5.8). The flux was declined from 77.2 to 74.19 L/m2h for 100 min of continuous operation for PVDF/PAN membrane at 1 bar pressure and reached a steady state at 72.4 L/m2h after approximately 300 min of process (Fig. 5.9). High initial permeate flux followed by a rapid flux decline is a characteristic of constant transmembrane pressure (TMP) operations. Flux 
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 lowers with filtration time due to concentration polarization and gradual fouling of the membrane. High initial flux causes rapid deposition of rejected solutes which results in build-up of a boundary layer at the membrane surface causing resistance to solvent (water) flow.  
5.3.2.4. Comparison of Flux for PES/PEI Blend and PES HF Membranes  The performance of PES/PEI blend HF membrane was compared with PES membrane testing on surface water sample as shown in Fig. 5.10. The spinning conditions and solution compositions were unchanged for both the membranes.  
 
Figure 5.10: Variation of flux between PES/PEI and PES HF membranes  At a constant pressure of 1 bar, PES HF membrane has shown an average flux of 36.1 L/m2h, whereas PEI blended HF membrane has shown remarkably high value of 69.6 L/m2h during 500 min of continuous operation. From Fig. 5.10, it is clear that the % flux drop (from 100 to 500 minutes. NOTE: The initial 100 minute period is used to obtain membrane stabilisation) is less for PES/PEI blend HF membranes compared to PES membranes. The flux for PES/PEI membranes after 100 min of operation was observed to be 69.6 L/m2h and 69.1 L/m2h at 500 min of continuous operation, the calculated flux drop was 0.7%. For PES HF membranes the flux was reduced from 37.3 L/m2h 
20
30
40
50
60
70
80
0 100 200 300 400 500 600
Surface
 Water
 Flux (L
MH)
Time (min)
PES/PEI/DMFPES/DMF
 
115 
 
Synthesis and Characterization of PES/PEI and PVDF/PAN blend HF membranes 
 to 34.51 L/m2h during 500 min of operation, showing 7.4% of flux drop. From these observations, it can be concluded that PEI blended PES HF membranes have a higher flux and higher resistance to fouling as compared to PES membranes.  
5.3.2.5. Variation of TMP with Time for PES/PEI HF Membrane The system was operated in the mode of two different constant permeate fluxes of 60 L/m2h and 120 L/m2h to study the effect of pressure on membrane fouling. Fig. 5.11 shows the running characteristics of the unit filtration cycle for two constant fluxes. It can be seen for 60 L/m2h constant permeate flux the increase of TMP is 0.008 bar, whereas for 120 L/m2h the increase of TMP is 0.034 bar for 500 min of operation.The higher the TMP the more compact the UF membrane, resulting in easily fouling. 
 
Figure 5.11: Variation of TMP with time for PES/PEI HF membrane  At initial time of operation, a steep rise in TMP was observed in both cases which is considered to be reversible fouling (Guadix et al., 2004) and can be recovered by hydraulic cleaning (water backwashing). Whereas after 100 min of operation, a gradual increase of TMP over time was observed which is attributed to irreversible fouling (Guadix et al., 2004) and this is partially recovered by chemical cleaning. 
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5.3.2.6. Comparison of Membrane Performance based on Flux and Turbidity 
Rejection A comparison based on flux and turbidity rejection was made between 20 wt% PAN HF membrane, 20 wt% PVDF HF membrane to 20 wt% PVDF/PAN blend HF membranes and described in Figs. 5.12(a) and (b).  
 
 
Figure 5.12: Comparison between PAN, PVDF and PAN/PVDF (a) variation of flux with time at 1 bar pressure and (b) variation of turbidity rejection with pressure 
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 From these experimental observations, it is clear that blend HF membranes were showing peculiar behavior in flux and turbidity rejection when compared to nascent PAN and PVDF HF membranes. The flux at 1 bar for PAN and PVDF HF membranes was 49.1 and 47.2 L/m2h, respectively. Whereas, PVDF/PAN blend HF membrane has shown very high flux of 73.9 L/m2h with 99.1 % turbidity rejection. 
 
5.3.3.Membrane Cleaning Membrane cleaning was carried out at regular time intervals of 100 min using chemicals in order to prevent cake formation and to recover flux. Figs. 
5.13 and 5.14 show the effect of chemical cleaning on flux recovery for PES/PEI and PVDF/PAN membranes, respectively. Chemical cleaning was conducted at 0.2 bar for 15 min with 1.5 wt% sodium hypochlorite and 1 wt% sodium hydroxide (for organics  removal) and 1.5 wt% citric acid (for removal of lime and other inorganic deposits). Water backwashing was done at same operating pressure and time using tap water. From the results presented in Fig. 
5.13 it can be seen that after the first chemical washing (after 100 min of operation) the flux increased from 71 to 74.2 L/m2h.  
 
Figure 5.13: Effect of chemical cleaning on permeate flux for PES/PEI membrane The aforementioned flux recovery was very close to the initial flux of 75.1 L/m2h and later stabilized at 70.6 L/m2h.The variation of flux with time 
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 during chemical cleaning of PVDF/PAN membrane for every 100 min intervals is shown in Fig. 5.14. After membrane cleaning, the flux was recovered from 75.8 to 77.52 L/m2h and stabilized at 77.8 L/m2h. This flux profile shows the resistance of blend PVDF/PAN membrane towards fouling. 
 
Figure 5.14: Effect of chemical cleaning on permeate flux for PVDF/PAN membrane 
 
5.4. Conclusions The PES/PEI and PVDF/PAN blend HF membranes were successfully synthesized by dry-wet spinning method. Membrane modules were manually fabricated and their performance for treatment of surface water has been investigated. The pilot tests clearly indicate that the blend PES/PEI and PVDF/PAN HF membranes are highly effective and promising for drinking water production from surface water. The optimized operation of applied 
pressure ≤1 bar with a water backwashing for 5 min and a chemical cleaning at a regular interval of 300 min, ensures a quite steady flux of 70.6 L/m2h and 77.8 L/m2h, respectively. Permeate quality is very high with 99.7% turbidity rejection and 5 log reduction of E. Coli. Prefiltration of feed to reduce the solute particles density onto the membranes and optimizing operating parameters, i.e. applied pressure, flux, and cleaning intervals can be controlled to reduce membrane fouling. 
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Chapter 
Performance Assessment and 
Hydrodynamic Analysis of a 
Submerged Membrane Bioreactor 
for Treating Dairy Industrial 
Effluent 
 
 
Summary 
In this chapter, hydrophobic polyvinylidene fluoride (PVDF) and 
hydrophilic polyacrylonitrile (PAN) hollow fiber (HF) membranes were tested in 
an indigenously fabricated SMBR for dairy effluent treatment under aerobic 
conditions using mixed microbial consortia. Effect of operating parameters such 
as suction pressure, degree of aeration and trans-membrane pressure (TMP) on 
membrane performance in terms of flux, rejection of turbidity, BOD and COD 
besides fouling characteristics was investigated. The observed optimum 
permeabilities of PVDF and PAN HF membranes were approximately 108 and 115 
L/m2h bar with high extent of impurity removal. The rejection of COD was found 
to be 93% for PVDF and 91% for PAN HF membranes whereas corresponding 
rejection of BOD was observed to be 92% and 86%. A two-dimensional 
comprehensive model was developed to predict the hydrodynamic profile inside 
the module. Regression analysis revealed that the simulation results agreed well 
with experimental data. 
 
 
 
Development of Membrane Bioreactor 
6.1. Introduction  Dairy industries produce a variety of waste such as aqueous effluents and solid waste that contain significant quantities of biochemical oxygen demand (BOD) and chemical oxygen demand (COD), high levels of dissolved or suspended solids including fats, oils and grease, nutrients such as ammonia or minerals and phosphates [Arumugam et al., 2013]. The effluents that are produced require treatment before they are discharged into water bodies. This is usually done using conventional processes such as double stage activated sludge process, anoxic/oxic treatment, oxic-settling-anoxic treatment. To comply with more stringent permissible discharge standards, the aforementioned processes have however become increasingly expensive. The increased costs associated with conventional processes have led to interest in alternative technologies that can enable the effluent water to be reused [Farizoglu et al., 2011, de Koning et al., 2008, Buntner et al., 2013]. One technology that has the potential for more efficient treatment of dairy effluent is membrane bioreactor (MBR) process.   In recent years, MBR technology has gained unprecedented popularity in the field of wastewater treatment. However, one of the major obstacles for its widespread application is membrane fouling, which could cause severe loss of membrane permeability and thus an increase in energy consumption. Many researchers have focused on factors affecting the process performance which mostly include conventional factors such as biological and reactor kinetic parameters but very few on membrane performance parameters such as nature of membrane material (hydrophobic/hydrophilic), pore size and distribution, life span, water flux and impurity rejection [Tian et al., 2009, Gao et al., 2009]. Accordingly, it is necessary to use Computational Fluid Dynamics (CFD) approach for evaluating the hydrodynamics within the module. The few experimental and theoretical studies available in the literature visualize fluid flow phenomena within the membrane reactor to optimize process parameters for scale-up. Liu et al., 2010 reported particle image velocimetry (PIV) technique to investigate hydrodynamic characteristics inside the membrane reactor. Chang et al., 2001experimentally investigated the effect of fiber diameter on filtration flux. Yoon et al. [Yoon et al., 2004] optimized design 
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parameters of vertically mounted submerged hollow fiber (HF) module. Nassehi, 1998 coupled Navier stokes and Darcy equations together to illustrate the flow field in crossflow membrane filtration. Wang et al., 2010 and Garakani 
et al., 2011 reported CFD approach to simulate submerged and airlift MBRs.  In the present work, the performance of SMBR in treating dairy effluent was investigated using a laboratory-scale setup for a hydraulic retention time (HRT) of 10 h and a mixed liquor suspended solids (MLSS) concentration of approximately 5 g/L. Experiments were conducted on this MBR containing 100 L feed sample and 0.07 m2 area of PVDF or PAN HF membrane modules. A study was conducted to compare the efficiency of hydrophobic PVDF and hydrophilic PAN membranes under aerobic conditions using mixed microbial consortia. The efficiency of COD and BOD removal, turbidity, TSS, pH was studied in order to investigate the system performance. The effect of different parameters such as suction pressure, air blowing rate and chemical cleaning on membrane fouling was discussed. A computational fluid dynamics (CFD) based hydrodynamic simulation has been included in order to understand the operational performance of the module under different parametric conditions. The simulation study has been performed on a perfectly regular cylindrical unit cell using Happel’s free surface model [Wang et al., 2003, Gunther et al., 2010, Happel et al., 1983, Happel, 1959].  
6.2. Experimental 
 The majority of the materials and methods used to conduct the research reported in this chapter are given in chapter 2 (Sections 2.1 and 2.2). Methods used solely for research presented in this chapter are given in the proceeding sections. 
 
6.2.1. Fabrication of PVDF and PAN Hollow Fiber Membranes and Modules  Hollow fiber membranes were spun at room temperature based on dry-wet spinning method, using spinning solutions prepared from 18 wt% PVDF and 18 wt% PAN in DMF and NMP, respectively. The spinning conditions for synthesize of PVDF and PAN HF membranes were as follows: the pressure applied on the spinning solution was about 3 bar and bore liquid flow rate was 
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kept constant at 6.0 mL/min. After spinning, HF was drawn out from the coagulation bath by a pulling motor at a speed of 30 revolutions per second (rps). The fibers were collected in a take-up drum and immersed in ethanol solution for about 24 h [Yu et al., 2006, Khulbe et al., 2007].  The ‘U’ shaped twisted HF bundle made from hollow fibers possessing effective length of 60 cm each was introduced into the UPVC tube of 3.81 cm diameter and 30.48 cm length with one end potted by epoxy resin. A nylon rod was used for making end caps with provision for tube-side permeate flow through one end. The internal diameters of both PVDF and PAN HF membranes were 1.0 mm as measured using scanning electron microscopy (SEM) cross-section images, with a precision of ±0.1 µm, at 10 different spots. The wall thicknesses and effective area of both the membranes were found to be 0.25 mm and 0.07 m2 respectively. The polymer tests, to determine the molecular weight cut off (MWCO) of the membranes were performed with 0.3 g/L solutions of PEG and dextran. While PEG samples used to prepare the standard solutions were of 6, 10, 20, 40 and 108 kDa molecular weights, dextran samples that were tested had molecular weights of 6, 40, 70 and 100 kDa. 
 
6.2.2. Characterization of Dairy Industrial Effluent  The dairy effluent sample was collected from M/s Vijaya Dairy Industries, Hyderabad, India. The typical characteristic of the raw effluent is listed in Table 6.1 by averaging three samples at different times.  
Table 6.1: Characteristics of dairy industrial effluent 
Parameter Concentration/Value pH 7.8 (±2) TDS (ppm) 1100 (±200) TSS (mg/L) 398 (±100) Turbidity (NTU) 270 (±50) BOD (mg/L) 372 (±50) COD (mg/L) 880 (±100)  
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6.2.3. Preparation and Characterization of Inoculums  The source of inoculum was garden soil sample. About 5 g of soil sample was collected from garden and was inoculated into nutrient broth. The inoculated broth was incubated for 48 h under aerobic conditions for the growth of mixed microbial flora, which is called mother culture. The agar slants were prepared from preserved mother culture.  The developed microbial flora were characterized by inoculation tests conducted in four different media such as; Nutrient Agar, McConkey Agar, Mannitol Agar and Eosin Methylene Blue (EMB). The microbial colonies present in the aerobic mixed microbial flora were identified as Bacillus, Staphylococcus, 
Enterobacter, Pseudomonas,Proteus, E.Coli, Salmonella, Shigella and Klebsiella. 
 
6.2.4. Experimental Procedure to Treat Dairy Effluent Using Submerged 
Membrane Bioreactor A bioreactor of 100 L volume feed capacity was designed in which fabricated hollow fiber membrane modules based on PVDF and PAN were submerged. The dairy effluent was taken into the reactor to which 5% of mixed microbial flora was added and oxygen was supplied for aerobic digestion [Chan 
et al., 2009]. The filtration unit was operated in batch mode at room temperature (30±3 oC) with TMP varying in the range of 0.2–0.8 bar. The operational parameters of aerobic MBR are listed in Table 6.2. The water level in the bioreactor was maintained constant in order to keep the hydraulic retention time (HRT) at a value of 10 h. Continuous coarse bubble aeration by stone air diffuser was applied to promote local cross-flow velocity along the membrane surface and to simultaneously produce enhanced dissolved oxygen (DO) content required for the biomass present in the reactor. The average concentration of biomass during operation was 5025 mg of mixed liquor suspended solids (MLSS) per L and DO was at a level between 0.5 and 1 mg/L [Chen et al., 2013, De carolis et al., 2007, Germain et al., 2007]. The MLSS and DO concentrations were measured at regular intervals during the unit operation. Low extent of biomass growth was observed during the unit operation with an average yield (in 4 h) around 0.08 g of volatile suspended solids (vss) per g of COD removed [Laera et al., 2011]. 
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Table 6.2: Operational parameters of bench scale aerobic MBR 
Parameter Value pH 7.8 Temperature (°C) 30 ± 3 Hydraulic Retention Time (HRT) (h) 10 Mixed liquor suspended solids (g/L) 5 Membrane Area (m2) 0.07 Flux (L/m2h) 45−65 PVDF membrane pore size (µm) 0.0065 PAN membrane pore size (µm) 0.007 Aeration rate (L/min) 20 
 Though the initial experimental values show low extent of biomass growth, the microbial consortium gets adapted to the feed over the period of time (10 h) that is reflected by gradual formation of highly turbid solution in the bioreactor [Pollice et al., 2004]. The optical density of the final biomass medium was too high to detect and hence not discussed in this study.  
6.2.5. Hydrodynamic Analysis inside the MBR Module  
6.2.5.1. Specification of Computational Domain and Boundary Conditions The geometry of the computational domain was drawn using the commercially available finite element code COMSOL multi-physics to find out the hydrodynamics inside the submerged HF membrane module. The basic principle of the model is described in Fig. 6.1 (a, b),whereas, Fig. 6.1 (c) represents the detailed meshed geometry of HF membrane modules, which were cylindrical in shape. The geometry of the membrane was drawn using the specific dimensions of the real module.  
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Figure 6.1: Computational domain of the hollow fiber module  The length of the fiber was taken as 0.003 m for computational domain. The geometric domain consists of a single fiber surrounded by fluid layer. The axisymmetric and symmetric boundary conditions were chosen as applicable. A uniform pressure condition has been applied at the inlet, which is perpendicular to the flow direction inside the HF. No slip condition has been assumed for all porous and nonporous walls. Due to low permeability, the slip velocity at the interface can be neglected (i.e. the aspect ratio between the pore diameter and the height of the channel is small) [Gunther et al., 2010]. The non-uniform mesh conditions were applied at the internal and external channel. Moreover, at the membrane interface higher cell density was applied. The packing density of both PVDF and PAN HF modules were 0.4, which is defined as the ratio of total surface area to the cross-section of the membrane module. The packing density is defined by the following Eq. (6.1) [Gunther et 
al., 2010]. 
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        (6.2) Where,  is packing density, Rint &Rext are the internal and external radius of the HF membrane respectively, G is the thickness of the outer fluid envelop and w represents the membrane thickness. The packing density of the module is increased along with the number of hollow fibers at a fixed length and external diameter of fiber [Razi et al., 2012]. The major assumptions of this model are: Each HF of the module has same efficiency of filtration, a no-slip velocity condition was assumed for all solid surfaces. A uniform pressure condition (0.2~0.8 bar) was applied at the inlet, which is perpendicular to the flow while at the outlet the pressure was set to be zero. Fig. 6.1(b) provides the computational domain of the HF membrane module, the detailed boundary conditions of the system at the time of filtration were set as follows:z= 0 m, P = 0.2~0.8 bar and z= 0.003 m, P= 0 bar  
6.2.5.2. Governing Equations 
6.2.5.2.1. Single Phase Flow Assuming the fluid to be incompressible, stationary and laminar in the fluid channels of sub-domains 1 and 3, the steady state continuity and momentum balance equations were written as:         (6.3)        (6.4) Where, v = velocity of the fluid (m/s), P = pressure (Pa) and µ = dynamic viscosity (Pa s). The Darcy Brinkman model was used to solve the flow in the porous medium (sub-domain 2). The equation of the Darcy Brinkman model is given below:        (6.5)      (6.6) Where effµ  is effective viscosity (Pa s) defined as , in which  refers to porosity of the medium in sub-domain 2 and k represents intrinsic permeability (m2) of the HF membrane module.  
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6.2.5.2.2. Multiphase Flow  To visualize the effect of gas sparging on flux, bubbly flow model has introduced at sub-domain 3 which is based on Euler-Euler model. This macroscopic two-phase fluid flow helps to visualize the volume fraction occupied by each of the two phases. The equation for this model is given below: 
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ρϕ +∇+∇∇+−∇=∇+  (6.7) Where, 1ϕ represents the volume fraction of the liquid phase, 1ρ the liquid’s density (kg/m3),  the liquid phase velocity (m/s), the pressure (Pa), 1η the liquid’s dynamic viscosity (Pa.s) and g the gravity vector (m/s2). For gas phase transport the following equation was used: (6.8) Where, gu is the gas phase velocity (m/s), is the gas density (kg/m3) and gives the volume fraction of the gas. The numerical solver of UMFPACK was applied as a direct solver which is appropriate for numerical solution of stiff and non-stiff nonlinear boundary value problems. The simulation time on an average was about 620 and 912 sec, respectively. The simulation study was carried out on a standard PC-based system with the following features: Intel (R) core TM 2 Duo CPU at 2.00 GHz, 2 GB RAM, 160 GB HDD, Microsoft® Windows 7 (32 Bit) OS.  
6.3. Results and Discussion 
6.3.1. Characterization of PVDF and PAN Hollow Fiber Membranes  
Fig. 6.2 displays SEM images of PVDF and PAN HF membranes, respectively. Figs. 6.2 (a) and (c) represent cross-sectional images of PVDF and PAN, which reveal the wall thickness of the fibers to be mostly asymmetric with a relatively tight porous skin layer. These images also reveal at higher magnification of 2000 that the walls do have a porous substructure with presence of voids near the inner and outer edges. This can be attributed to the penetration of bore fluid and external coagulant from the inner and outer surfaces of the membrane during the phase inversion process. 
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The surface morphology of PVDF and PAN membranes given in Fig. 6.2 
(b, d) represent the presence of ultrafine pores distributed uniformly across the membrane. SEM images of PVDF and PAN membranes made with varying polymer concentration (not shown here) revealed an increasing amount of macrovoids in the porous substructure at lower polymer concentrations. A closer examination of the outer edge of both PVDF and PAN membranes reveals that outer surface of these membranes were denser than inner surface due to air gap distance between the point of extrusion and the position of submersion in water leading to delayed phase separation [Sukitpaneenit et al., 2011]. Surface roughness of PVDF membrane was observed to be more than PAN membrane, which is attributed to higher crystallinity of the former.  
 
 
Figure 6.2: SEM images of (a, c) cross-sections and (b, d) surfaces of PVDF and PAN hollow fiber membranes 
 
(a) (b) 
(c) (d) 
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Based on water permeability test and liquid-liquid porosimetry method, the MWCO of PVDF and PAN HF membranes were found to be approximately 50 and 60 kDa, respectively, which correspond to pore size of 0.0065 and 0.007 µm, respectively which fall in the middle of UF membrane range which is between 0.001 to 0.1 µm diameter. 
 
6.3.2. Treatment of Dairy Effluent The results obtained for the treatment of dairy effluent (COD, BOD and turbidity) using a MBR containing either PVDF or PAN HF membranes, are shown in Figs. 6.3, 6.4 and 6.5, respectively. Tests were repeated over a period of 5 days to investigate any variation in results/membrane performance. The results from these tests are summarized in Table 6.3.  
 
Table 6.3: Summary of the performance of bench scale aerobic MBR 
Parameters Feed Permeate Rejection (%) pH 7.8 7.2 - TSS (mg/L) 398 1 99.7 Turbidity (NTU) 270 1 99.6 COD 880  40 95.4 BOD 372  5 98.6  The graphs in Figs 6.3, 6.4 and 6.5 illustrate the extent of removal of COD, BOD and turbidity by both membrane and microbial activity in the bioreactor. This is explained on basis of performing trial without incorporation of membrane which in the reactor, revealed partial removal of COD and turbidity. Upon applying suction through the submerged membrane in a second step, the impurity levels were found to reduce further.  The extent of COD removal from dairy effluent observed for an experimental run of 24 h is exhibited by Figs. 6.3(a, b) and 6.3(c, d) for PVDF and PAN HF membranes, respectively. COD gradually reduced from approximately 264 mg/L to 44.6 mg/L in permeate for PVDF with 94.9% rejection and to 89 mg/L in case of PAN indicating 89.9 % rejection. Figs. 6.3(a, 
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c) illustrate COD rejection by PVDF and PAN membranes which have shown approximately 75% rejection of COD and BOD in less than 10 h HRT and the same attained 90% after HRT, due to the influence of the membrane. 
 
 
Figure 6.3 (a, b): COD removal efficiencies of (a, b) PVDF HF membrane  
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Figure 6.3 (c, d): COD removal efficiencies of (c, d) PAN HF membrane 
  Similarly, the % removal of BOD from the dairy effluent with time for both PVDF and PAN are described in Figs. 6.4 (a) and (b). BOD decreased from 372 to a value as low as 6.4 mg/L with 98.3 % rejection for PVDF, whereas in case of PAN the rejection was found to be 96.9 % due to reduction of BOD from 
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372 to 11.4 mg/L. After 10 h HRT, membrane exhibited improved rejection of COD and BOD when compared to initial time of operation. 
 
 
Figure 6.4: Extent of BOD removal exhibited by (a) PVDF and (b) PAN membrane In addition, the rejection of turbidity for PVDF and PAN membranes was found to be 99.7 % and 99.4 %, respectively after 14 h as shown in Fig. 6.5. Rejection of turbidity for both membranes enhanced by another 2 % from 
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initial startup to ending time of operation which could be attributed to cake layer formation over membrane with time. From the experimental results, it can be concluded that PVDF shows relatively higher rejection of COD, BOD and turbidity than PAN. This is due to the highly hydrophobic nature of PVDF HF membrane.  
 
 
Figure 6.5: Rejection of turbidity by (a) PAN and (b) PVDF membranes  
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6.3.3. Fouling Studies  Changes in permeate flux with time during the membrane filtration of dairy effluent was studied with manually developed PVDF and PAN HF membrane modules. It was observed that the permeate flux initially declined and reached a steady state after approximately 300 min of operation (Fig. 6.6). The aforementioned is consistent with blocking of the small pores in the membranes. Studies were also conducted on the influence of TMP, air scouring and chemical cleaning on membrane fouling/performance. 
 
Figure 6.6: Variation of flux with time 
 
6.3.3.1. Effect of TMP  Fig. 6.7 (a, b) show the effects of TMP on transient flux for a MBR containing PAN and PVDF membranes wherein TMP was varied by changing the permeate pressure/suction rate. A manometer was incorporated between the membrane module and the suction pump to monitor the TMP. The variation of permeabilities of PAN and PVDF membranes with time can be observed from 
Fig. 6.7 (a, b). Flux for systems operating under higher TMP, did however drop significantly during the initial period of testing most likely due to thickness and compactness of the cake layer formed more rapidly due to deposition of 
39
41
43
45
47
49
0 50 100 150 200 250 300 350 400 450 500 550
Flux (L
MH)
Time (min)
PANPVDF
 
135 
 
Development of Membrane Bioreactor 
increasing quantities of particulates/solids rejected by the membrane [Sukitpaneenit et al., 2011, Ye et al., 2006]. 
 
Figure 6.7: Effect of suction pressure on flux for (a) PAN and (b) PVDF membrane  Moreover, the cake layer was compressed at high TMP due to drag force induced by the high permeate flow. Previous studies have also demonstrated the significance of operating pressure on fouling of MBR system. Kawasaki et 
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al., 2007 reported that the initial TMP has a greater influence on membrane fouling than microbial concentration. According to Wicaksana et al., 2012, the fouling does not occur at or below the critical flux value. The critical flux value was evaluated by gradually increasing the permeate flux value at every 60 min of operating time, while monitoring changes in trans-membrane pressure (TMP). The critical flux was recorded as the one at which a substantial change in TMP was observed, which was on an average determined to be 69 L/m2h for PAN and 65 L/m2h in case of PVDF [Tiranuntakul et al., 2011]. Based on the significant influence of TMP it is important to operate the submerged MBR below a critical initial flux [Ye et al., 2006, Tiranuntakul et al., 2011]. If an increase in TMP causes an initial flux crossing over the critical flux, it results in severe fouling. Consequently, operating at optimum pressure is the key factor to minimize membrane fouling.  
6.3.3.2. Effect of Air Scouring  In a typical submerged MBR, shear stress on the deposited cake layer is achieved through upward blowing of air bubbles. A flat round disk stone air aerator of diffuser pore size 1 mm producing bubbles of size varying between 5-10 mm was employed during experiments. The trials were repeated at air blowing rates 10, 20 and 30 L/min for each membrane module for which, the Dissolved oxygen (DO) concentrations were found to be 0.25−0.8 mg/L, 0.5−1 mg/L and 1−2 mg/L, respectively. Fig. 6.8 (a, b) shows the influence of air blowing rates of 10, 20 and 30 L/min on permeate flux in the MBR system.   As expected, flux varied significantly with rate of air blowing due to reduction in concentration polarization and rate of cake layer formation. This observation is attributed to an increase in back transport of foulants from the membrane surface by shearing stress at higher aeration rates [Kawasaki  et al., 2007, Ndinisa et al., 2006].  From the results obtained, 20 L/min air blowing rate would most likely be the optimum choice when compared to 10 and 30 L/min as after approximately 400 min of operation the drop in permeate flux was low and stabilized. It has been reported previously that increasing the air blowing rate 
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for fouling control could result in an oversupply of DO causing poor de-nitrification [Kawasaki  et al., 2007]. 
 
 
Figure 6.8: Effect of air blowing flow rate on permeate flux for (a) PAN and (b) PVDF membrane at 0.4 bar 
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6.3.3.3. Membrane Cleaning Membrane cleaning was carried out at regular time intervals using chemical and/or water backwashing performed outside the reactor in order to prevent cake formation and restore flux.  
 
 
Figure 6.9: Effect of (a) chemical washing and (b) back washing on flux   
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Chemical cleaning was performed by treating with 1.5 wt% sodium hypochlorite for disinfection, 1 wt% sodium hydroxide for removal of organics and 1.5 wt% citric acid to get rid of inorganic deposits for 15 min. Time intervals for estimating cleaning frequency depend on the acceptable flux value that could be maintained until significant fouling brought the flux down to a value below the sub-critical range.  
Fig. 6.9 (a, b) shows the effects of chemical cleaning and backwashing on flux recovery at a trans-membrane pressure (TMP) gradient of 0.2 bar. From the results presented in Fig. 6.9 (a, b) it can be seen that after the first chemical washing post initial 100 min of operation, the flux increased from 70.8 to 74.2 L/m2h for PAN and from 66.7 to 69.1 L/m2h for PVDF membrane modules. The aforementioned flux recoveries were very close to the initial fluxes of 75.1 (PAN) and 70.2 L/m2h (PVDF). Backwashing of the membranes (Fig. 6.9(b)) gave significantly lower flux recoveries compared to chemical washing. For maximum restoration of performance, a combination of chemical cleaning followed by back flushing with water was carried out at regular time intervals of 100 min each. 
 
6.3.4. Hydrodynamic Simulation 
6.3.4.1. Velocity Distribution Inside the Membrane Module The surface velocity profiles for PAN and PVDF membranes at the time of experimental runs are shown in Fig. 6.10 and 6.11 for single and multiphase models, respectively. Figs. 6.10(a, c) and 6.10(d, f) represent the velocity profiles in internal and external channels of unit PAN and PVDF HF membranes for four different sections, respectively.  Additionally, the arrows in Figs. 6.10 (b, e) clearly establish the direction of flow inside PAN and PVDF membranes for shell-side filtration. As expected, the maximum velocity was found to be at the lumen side for both the membranes. The velocity inside the PAN was higher than PVDF which can be attributed to the hydrophilic nature of PAN polymer. It is to be noted that the z velocity profiles at internal and external channels in the unit cell for both the membranes in all four sections were found to be parabolic (Fig. 6.10). This profile is similar to the velocity profile obtained for fully developed laminar 
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flow in a channel in the absence of wall suction or injection. Various studies have been done for fluid flow in channels with wall suction or injection. The profile was found to be exactly parabolic, since the Reynolds number in such case is generally lower than 0.01 [Gunther et al., 2010, Li et al., 2008, Oxarango  
et al., 2004].  
 
Figure 6.10: Velocity profiles in the internal channel and external channel of the PAN (a, c) and PVDF (d, f) HF membranes (arrows are representing the direction of flow of dairy effluent from shell side to tube side for PAN (b) and PVDF (e)) at TMP 0.8 bar considering single phase flow  Similarly Fig. 6.11 represents the z velocity profile inside the lumen and shell side considering presence of gas sparging for both the membranes. The disturbance on the velocity profile of the external channel for PAN (Fig. 
6.11(b)) and PVDF (Fig. 6.11(d)) due to gas sparging can be compared with multiphase flow profile (Fig. 6.11(c, d)). However, its effect on lumen side flow profile (Fig. 6.11(a, c)) and membrane flux is not profound. Thus, it can be 
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concluded that gas sparging does not affect flux but only changes the flow profile at the external region that enables reduced concentration polarization on the membrane surface and facilitates constant membrane flux. 
 
 
Figure 6.11: Velocity profiles in the internal and external channel of PAN (a, c) and PVDF (d, f) membranes at 0.8 bar TMP for multiphase flow 
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Fig. 6.12 (a, b) depict gas velocity profile within the channel with 20 L/min gas sparging rate for both membrane types. Gas velocities induce a local shear effect to reduce the concentration polarization. Fig. 6.13 (a, b) represent velocity profiles in lumen side of a unit cell during backwashing at a TMP of 0.2 bar for the four different sections. The figures clearly establish the existence of similar parabolic velocity profiles which agree well with previous studies [Gunther et al., 2010].  
 
 
Figure 6.12: Gas velocity profile within the external channel at 0.8 bar TMP and 20 L/min gas sparging rate 
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Figure 6.13: Velocity profiles in the lumen side during backwashing of the (a) PAN and (b) PVDF 
 
6.3.4.2. Model Validation In this section, the flux from the studied SMBR systems is compared with values obtained from simulations based on Happel’s free surface model. Fig. 
6.14 clearly illustrates the variation of filtration flux with packing densities and experimental data validation for both PAN (Fig. 6.14(a)) and PVDF (Fig. 
6.14(b)) membranes at 0.6 bar TMP. The packing density induces longitudinal variation of filtration velocity along the fiber length [Gunther et al., 2010]. For both simulated and experimental results, flux values decreased with increasing packing density. For example, at TMP of 0.6 bar, the % error in flux between simulated data and experimental data was found to be only 0.02 for PAN and just 0.014 for PVDF HF membrane for a packing density of 0.4. 
Fig. 6.15 shows good agreement between theoretical and experimental results at different TMPs. Flux was found to be increasing with increasing TMP as expected. For example, at 0.4 bar pressure the experimental value of flux for PAN membrane was 64.5 L/m2h, whereas the simulated value was a little higher at 65.3 L/m2h. Similarly the error in flux for PVDF membrane for the same condition was found to be <0.03%.   
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Figure 6.14: Effect of packing density on flux for (a) PAN and (b) PVDF HF membranes at 0.6 TMP 
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Figure 6.15: Effect of TMP and comparison of experimental and simulated data for (a) PAN and (b) PVDF membrane  The predicted permeate fluxes were found to be greater than experimental values for different pressures and packing densities. This is 
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because the flow was considered as single phase and the effect of concentration polarization and fouling were neglected during simulation.   
6.3.5. Cost Estimation Capital and operational costs were evaluated based on pricing information obtained from manufactures or on the basis of costs provided by end-users for accessories employed in industrial scale MBRs [Brepols, 2010]. A net design flux of 40 LMH was used for calculating membrane area, while the maximum sustainable flux was assumed to be 40% higher, i.e. 56 LMH, which can be considered conservative based on literature values [Judd et al., 2010]. HF membranes synthesized by manual spinning machine were assumed to cost US$ 60 per m2. Reactor tank cost was assumed to be US$ 230 per m3 of tank volume [Maere et al., 2009]. To size the membrane air diffuser, specific aeration demand in m3/h of air flow rate and m2 of membrane area (SADm) were calculated at an optimum air flow rate of 20 LPM (1.176 m3/h) and found to be 16.8 Nm3/m2h. One agitator was assigned for every 450 m3 of reactor tank volume. Costs of land, civil engineering, electrical equipment and construction were excluded for being location specific.  Operating costs were determined on the basis of energy demand, sludge disposal and chemical usage for membrane maintenance. Type of aerator and effect of MLSS concentration on oxygen transfer was estimated using the dedicated aeration model of Maere et al., 2009 as well as literature findings [Henze et al., 2008, Stenstrom et al., 2008].Based on values obtained by practically measured values in literatureand data from manufactures, 0.025 kWh. N/m3 air was assumed as the aeration energy demand. The energy requirement for permeate pumping, backwashing, internal recirculation and sludge pumping was determined from the expression of Maere et al., 2009 and determined to be 0.04 kWh/m3 assuming a pump efficiency of 60%. A typical mixing power requirement of 8 W/m3 of reactor tank volume was assumed [Tchobanoglous et al., 2003]. Table 6.4 provides capital and operating costs of SMBR system for treatment of dairy industrial effluent.  The total specific operation cost of SMBR was estimated to be approximately 0.175 US $/m3. From literature [Brepols, 2010, Judd et al., 2010, 
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Maere et al., 2009, Henze et al., 2008, Stenstrom et al., 2008, Tchobanoglous et 
al., 2003], the total specific operation cost of SMBR using tubular membrane module is as high as 0.39 US $/m3, whereas for flat sheet membranes it is lower at 0.21 US $/m3. Specific total capital cost of SMBR installed with HF membrane is calculated to be 0.41 US $/m3, whereas for tubular membrane it is 0.37 and in case of flat sheet membrane, 0.49 US $/m3 [Brepols, 2010, Judd et al., 2010, Maere et al., 2009, Henze et al., 2008, Stenstrom et al., 2008, Tchobanoglous et 
al., 2003].  
Table 6.4: Capital and operating costs of SMBR 
Capital Cost  Units Value/Cost HF Membrane cost US $/m2 60 Reactor tank cost US $/m3 230 Air Diffuser US $ N/m3h 3 Pumps US $/m3h 45 Mixing equipment per tank volume US $/m3 25 
Operating Cost Energy Cost US $ kW/h 0.094 Cleaning chemicals US $/kg 1.26 
Operating Cost (Case study: SMBR mode of treating dairy effluent, 300 
working days and HF membrane life span of 3 years) Specific energy costs at membrane stage US $/m3 0.042 Specific energy costs of total SMBR US $/m3 0.119 Specific cost of membrane cleaning chemicals US $/m3 0.014 Total specific operation costs US $/m3 0.175 
 
6.4. Conclusions  In this study, the treatment of dairy effluent was investigated using a promising alternative technology, membrane bioreactor technology.The membranes used in this study were synthesized in-house and were prepared using novel compositions. The performance of the synthesized membranes in 
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the MBR system for treatment of dairy effluent was assessed based on BOD, COD and turbidity rejection values. The removal of organic pollutants in terms of COD and BOD was very high and a good-quality permeate was achieved during long-term operation for both the membranes studied. The PVDF membrane did however achieve a higher rejection of COD and BOD compared to the PAN membrane. Further, development of a 2D FEM model and its application to the experimental data obtained, revealed new insights on the SMBR process. The model was capable of accurately predicting the velocity profiles inside a unit cell of hollow fiber for both the membranes. Additionally, the model validated the experimental results obtained. The model developed was also able to provide information on the variation of flux with changes in TMP and packing density. Based on calculations using the developed model it can be predicted that the filtration flux would decrease dramatically at very high packing densities. 
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Chapter 
Economical Treatment of 
Reverse Osmosis Reject  
of Textile Industry Effluent 
by Electrodialysis-Evaporation 
Integrated Process 
 
 
Summary 
In this chapter the application of electrodialysis (ED) to reduce the volume 
load on evaporators by facilitating further concentration of rejects from reverse 
osmosis (RO) plants was investigated. ED studies were carried out on a bench-
scale system using five membrane cell pairs to obtain a textile effluent 
concentrate containing approximately 6 times the quantity of salts present in the 
RO reject. The limiting current densities were determined to be in the range 2.15–
3.35 amp/m2 for feed flow rates varying from 18 to 108 L/h. Apart from feed rate, 
the influence of volume of concentrate and current on membrane performance 
was evaluated to optimize current utilization. An estimation of energy 
requirement of an integrated process constituting ED and evaporation for 
concentration of inorganics present in textile effluent from 4.35% to 24% was 
made and found to be approximately one eighth of the operating cost incurred by 
evaporation alone. Detailed design of a commercial ED system revealed that a 
membrane area of 13.1 m2 was required to treat a feed rate of 1500 L/h. The 
payback period to recover capital investment was found to be 110 days.  
Electrodialysis 
 
7.1. Introduction Electrodialysis (ED) is a membrane based separation process in which ionizable species such as salts and acids are transferred through ion-exchange membrane from one solution into another solution by imposition of a direct electric potential. ED provides a tool for changing the concentration of dissolved salts in solutions without significantly changing the concentration and composition of the non-ionic constituents of the solutions [Souilah et al., 2004]. ED has already found widespread commercial acceptance for the demineralization of brackish water and considerable information is available in the literature regarding the fundamentals of the process [Greiter et al., 2002]. ED is also finding increasing application in demineralization of surface water [Macedonio et al., 2010]. For example, a recent publication disclosed commercial scale demineralization of whey by ED technique [Rautenbach, 1989].  Reverse osmosis (RO) usually concentrates dissolved solids present in ground water or aqueous industrial effluents that have concentrations above 500-1500 ppm to about 3.5% resulting in recovery of at least 50. 80% of water of drinkable or dischargeable quality in the form of permeate [Sridhar et al., 2003]. The balance concentrate containing approximately 3.5% dissolved solids is also known as reject and cannot be further concentrated by RO due to high osmotic pressure and is therefore sent to an evaporator to remove the remaining water and concentrate the solids to dryness for incineration or safe disposal through land filling. Evaporation proves to be highly expensive owing to large steam requirements and high latent heat of vaporization of water required to bring about a phase change [Kalogirou, 2005]. To reduce the load on evaporator and save energy a low cost intermediate process must be introduced to concentrate the RO reject to near saturation level of about 15.25% inorganic components. ED is currently being studied as a method to concentrate brackish water RO rejects and obtain solid salts that can be further reused [Korngold et al., 2009, Turek et al., 2009, Oren et al., 2010, Zhang et al., 2010]. In some part of the world, salt can be manufactured by means of ED process to which concentrated brine discharged from RO seawater desalination plant is supplied [Yoshinobu et al., 2003]. ED has the potential to economically 
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 concentrate RO rejects to near saturation level by transfer of most of the inorganic ions present in the reject to a receiving solution having a volume which is about 1/5 the original volume of the reject. The integrated process of ED and evaporator for treating the RO reject is shown in Fig. 7.1.  
 
Figure 7.1: Flow sheet of integrated process for the concentration of RO reject  The focus of the present study is to determine the performance characteristics of ED for concentration of RO reject of textile effluent to reduce the volume load on evaporation. Optimization of experimental parameters such as feed flow rate, voltage and current was carried out to design a pilot system capable of processing textile RO reject at the rate of 1500 L/h. An economic estimation which compares the cost of process incorporating ED unit operation against a process carried out in the absence of ED for treatment of the RO reject of textile industrial effluent is included in this work.  
7.2. Experimental  The materials and methods used to conduct the research reported in this chapter are given in chapter 2 (Sections 2.1 and 2.2). Methods used solely for research presented in this chapter are given in the proceeding sections.  
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7.2.1. Membranes Used for Electrodialysis Studies Cation exchange (CMI-7000) and anion exchange (AMI-7001) Ultrex™ ion exchange membranes were purchased from M/s. Membranes International Inc., New Jersey, USA and their properties as specified by the supplier are provided in Table 7.1. 
Table 7.1: Details of Ultrex™ ion exchange membranes 
aData provided by Membranes International Inc., New Jersey, USA, CMI-Cation transfer membrane, AMI-Anion transfer membrane  The membrane material for ED is usually polystyrene cross-linked with divinyl benzene. For preparation of cation transfer membrane, the polymer is modified by sulfonation whereas amination is done to synthesize anion transfer membrane. Gaskets and spacers were fabricated from polypropylene sheets purchased locally. Flanges for housing cathode and anode electrodes, feed inlet and outlet arrangements were fabricated from Nylon blocks. Anode and cathode SS electrode plates were fabricated from stainless steel 316 and coated 
 
Technical Specificationsa CMI - 7000 AMI – 7001 Single 
sheet 
Continuous 
roll 
Single 
sheet 
Continuous 
roll Electrical resistance 
(Ω/cm2) 0.1 N NaCl 1.0 N NaCl 
  18 ± 2 8 ± 1 
  18 ± 2 8 ± 1 
  22 ± 2 10 ± 1 
  22 ± 2 10 ± 1 Permselectivity (%) 0.5 N NaCl/1.0 N NaCl 95 95 98 98 Mullen burst test strength (psi) 150 150 150 150 Water Permeability (ml/h/ft2) <10 <15 <10 <15 Total exchange capacity (meq/g) 1.3 ± 1 1.3 ± 1 1.0 ± 1 1.0 ± 1 Thermal stability (oC) 90 90 90 90 Chemical stability range (pH) 1 – 12 1 – 12 1 – 10 1 – 10 
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 with titanium. The outer dimension of each distributor and gasket in the ED cell was 15.2 cm × 15.2 cm. The effective area of each membrane available for ion transfer was 10.5 cm × 10.5 cm.  
7.2.2. Characterization of Textile RO Reject The textile effluent was treated through RO using thin film composite (TFC) polyamide spiral wound membrane at a pressure of 18 bar. The RO reject was thoroughly analyzed by standard APHA methods (American Public Health Association, 20th Edition, 1998) for all inorganic compounds as well as COD, BOD, pH and color as listed in Table 7.2. The TDS value in mg/L can be reported in terms of specific conductivity in μS/cm multiplied by a factor of 0.64. However, the specific conductivity does not take into account presence of non-ionizable species such as COD and BOD. Hence the TDS was determined by sand bath heating method (APHA) and found to be 20,000 mg/L. Since the TDS was way above 1500 mg/L, RO was considered a suitable method to treat the original effluent and recover reusable water. However the 40% volume of reject coming from the RO plant is difficult to handle and needs further processing to achieve zero liquid discharge.  
Table 7.2: Characteristics of RO reject of textile effluent 
Component RO reject Post Decarbonization 
(Feed to ED) Conductivity (mS/cm) 62.6 (±2) 59.9 (±2) TDS (mg/L) 47000 (±900) 43500 (±800) COD (mg/L) 6700 (±100) 6700 (±100) BOD (mg/L) 2500 (±50) 2500 (±50) pH 8.8 (±1) 5.5  (mg/L) 16500 (±300) 16500 (±300)  (mg/L) 2750 (±50) 2750 (±50) K+ (mg/L) 1085 (±20) 1085 (±20) Ca2+ (mg/L) 1195 (±20) 520 (±10) Mg2+ (mg/L) 1650 (±20) 640 (±10) 
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 The TDS after RO process was found to be more than 4% with chlorides comprising nearly 1.65% w/v of the reject stream. The error was ±2% for most of the data reported in tables and figures which exhibit analytical results. Due to the high scaling potential caused by the high concentration of calcium and magnesium ions present in the RO reject, it was necessary to decarbonize the RO reject by aeration under constant pH condition prior to electrodialysis 
(Table 7.2). For decarbonization, concentrated HCl (28% w/w) was added to the aerated RO reject, keeping the pH steady at 5.5. 
 
7.2.3. Electrodialysis Experimental Procedure The electrodialysis setup is described in the Section 2.6 of Chapter 2. Prior to start of experimental trails, the tanks were washed thoroughly with distilled water for 30 min. Known volume of textile effluent solution containing 4.35% solids was taken in diluate tank. Tap water having some specific conductivity was taken in concentrate tank to facilitate flow of current and ion transfer at the beginning of the ED operation. 4 L of 0.21 M of sodium bisulphate (NaHSO4) solution (w/w) was taken in electrode rinse tank to rinse the electrodes. After filling the tanks with the respective solutions, all three solutions were pumped through the ED stack at controlled flow rates. Control values were adjusted to maintain equal flow rates in both the diluate and concentrate compartments ensuring almost equal pressure drop.  After stabilizing the flow an electric potential was applied across the stack to attain a specific current density for a desired period. A voltage of around 0–20 V was sufficient to achieve currents in the range 0–10 A due to the high specific conductivity of the diluate solution. One should not exceed voltage above 60 V for low salt concentrations [Li et al., 2005, Balster et al., 2006, Balster et al.,2009, Chao et al., 2008]. Samples of outlet streams were collected at regular intervals to determine specific conductivity of salt in the solutions in both diluate and concentrate tanks by digital conductivity meter. The specific conductivity of the solutions was checked for every 30 min until most of the salts were transferred from diluate tank to concentrate tank. The experiment was repeated for different flow rates to determine the optimum condition for the best and most rapid separation. 
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7.3. Results and Discussion 
7.3.1. Determination of Limiting Current Density (LCD) The limiting current density (LCD) is an important parameter which determines the electrical resistance and current utilization factors. LCD is the maximum current that can pass through a given membrane area without creating adverse effects such as higher electrical resistance or lower current utilization. If voltage is increased further to obtain a current density higher than the LCD, then part of the current gets wasted leading to energy losses. To determine the LCD, equal volumes of the effluent was taken in both diluate and concentrate tanks. Rinse tank was filled with 4 L of demineralized water containing 100 gm of sodium bisulphate. Potential difference was applied and current reading was observed after stabilization. Voltage Vs current was plotted and the point at which slope changes, gives the LCD (Table 7.3) and the experiment was repeated for different flow rates. The currents observed at different applied voltages between 2 V to 16 V are given in Table 7.3. Fig. 7.2 shows the relationship between the Resistance (R) and inverse of current 1/i for the textile effluent at flow rates ranging from 5 to 30 cc/s (18–108 L/h).  
 
Table 7.3: Determination of LCD 
Voltage  
(V) Current (I) in Amps at Different Flow Rates (cc/s) Q=05 Q=10 Q=15 Q=20 Q=25 Q=30 Q=35 2 0.5 0.65 0.71 0.76 1.06 1.12 1.14 4 1.05 1.3 1.42 1.52 2.12 2.24 2.28 6 1.6 1.95 2.14 2.28 3.20 3.35 3.42 8 2.15 2.55 2.85 3.05 4.24 4.48 4.56 10 2.6 3.2 3.45 3.75 5.30 5.60 5.70 12 3.15 3.8 4.05 4.50 6.25 6.65 6.80 14 3.6 4.4 4.65 5.25 7.20 7.70 7.90 16 4.15 5.2 5.25 6.00 8.15 8.75 9.00  
 Fig. 7.2 shows that high fluid velocities slow down the rate of ion transfer by decreasing the residence time whereas extremely low flow rates 
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 and high currents may result in concentration polarization at the boundary layers, and wastage of electric power, respectively.  
 
Figure 7.2: Effect of voltage on current, plotted for determination of LCD  For the lowest flow rate of 5 cc/s, the resistance to ion permeability was minimum. Hence, it is essential to optimize the limiting current and flow rate in the compartment for economic feasibility and better performance.The observations during experimental trails varying flow rate are listed in Table 
7.4 
Table 7.4: Variation of LCD with flow rate 
Flow rate   
(cc/s) Rmin ilim.*  (A/m2) Csd (keq/m3) Linear  velocity (u) 
(m/s) 
ln 
(ilim/Csd) ln u 
5 1.86 2.15 0.01275 0.0158 3.741 -4.143 10 1.54 2.55 0.01275 0.0317 3.912 -3.449 15 1.40 2.85 0.01275 0.0476 4.023 -3.044 20 1.32 3.05 0.01275 0.0635 4.090 -2.756 25 0.94 3.20 0.01275 0.0790 4.140 -2.533 30 0.89 3.35 0.01275 0.0952 4.185 -2.351 * Indicated at point of slope change 
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Figure 7.3: Evaluation of constants a, b for determination of LCD  The constants a and b were obtained from a double logarithmic graph of ilim/  plotted against u which is shown in Fig. 7.3. The constants a and b were estimated to be 1031.48 and 0.523, respectively.  
7.3.2. Effect of Flow Rate on Separation Performance The flow rate of feed (diluate) and concentrate liquids was varied from 18 L/h to 126 L/h. Fig. 7.4 clearly shows the effect of flow velocity on the rate of separation. The time of operation required to attain final concentration for a flow rate of 126 L/h was 12 h and this value decreased to 8 h for 61.2 L/h. At 18 L/h, the separation was very rapid and attained within 5.5 h. Low flow rates could cause concentration polarization at the boundary layer adjacent to the membrane surface.  However, for applications such as the present one where the content of non-ionizable species, mostly organic compounds, is low, the polarization by inorganic ions which are the major feed constituent could turn out to be beneficial in bringing about faster transport. Moreover, low flow rates enable longer residence time of ions within the membrane stack which subsequently 
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 gives sufficient time for the ions to move through the membranes from diluate chambers to concentrate compartments. 
 
Figure 7.4: Effect of flow rate on diluate specific conductivity and time of operation (Error: ±2%)  A disadvantage of high flow rate is the large pressure drop across the membrane, which is already swollen in aqueous media, causing greater sagging and physical contact with adjacent membranes or even electrode plates. On more than one occasion the stack had to be dismantled to replace the corner most membranes with new ones owing to rupture at high flow rate conditions (>126 L/h) due to contact with the hot electrode plate which induced pinholes or defects. However, recent developments in enhancing mechanical stability induced by casting of ion exchange membranes on woven fabric supports combined with employment of thicker gaskets between corner membranes and electrode plates, could overcome the problem posed by high flow rates.  
7.3.3. Design Considerations 
7.3.3.1. Feed Concentration When the stream to be demineralized contains non-ionizable as well as ionizable solutes, its electrical conductivity reaches a maximum value as the 
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 concentration increases, after which the specific conductivity decreases because of viscosity effects. It is desirable to carry out ED at the concentration of maximum specific conductivity for two reasons: (a) lower D.C. energy is required and (b) the LCD is higher [Li et al., 2005, Balster et al., 2006]. The specific conductivity 62.6 mS/cm was utilized for the design and calculations (Appendix 1 and 2) instead of the TDS value since ED can remove only ionizable species which contribute directly to the conductivity, whereas the non-ionizable organic compounds remain back in the diluate. 
 
7.3.3.2. Waste-Stream Concentration The waste stream should be concentrated to the maximum possible extent without impairing membrane efficiency by back-diffusion and without causing an electrical short circuit through the manifolds, besides avoiding precipitation of the transferred ionic species which can be circumvented by pH control and addition of antiscalants [Balster et al., 2006].  
7.3.3.3. Temperature and Flow Rate The electrical energy required decreases as the temperature increases. However, the life of membranes probably decreases with increasing temperature. In relatively dilute solutions, when current density is a critical factor, the higher the flow-rate the higher will be the permissible current density. In other words, at higher flow-rates the total required area would be smaller. The maximum permissible flow-rate is limited only by the pressure drop through the stack. However, it is sometimes more economical to operate at a value lower than the maximum allowable pressure drop because of costs of pumping [Balster et al., 2009, Chao et al., 2008, Charcosset , 2009]. 
 
7.3.4. Design of Electrodialysis Stack The average valency and the average molecular weight were calculated from the effluent characteristics displayed in Table 7.2 to find the value of Λ which is the ratio of specific conductivity and concentration, essential for the design of ED system. was calculated from material balance. The effective membrane area Aeff was calculated and the product AeffU was assumed to be 
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 constant for the given solution and separation required. A relationship for operating costs and capital costs assuming a membrane life of 5 years was developed for a single parameter (linear velocity u). The flow sheet of a commercial ED system shows that a make-up volume of 187 L/h was to be added to the concentrate inlet while 1313 L/h of concentrate was recycled back to the ED system. Linear velocity was chosen as the parameter because it gives a proportional relationship with operating cost and an inverse relationship with capital costs [Zhang et al., 2011, Lee et al., 2002]. 
 
Figure 7.5: Determination of optimum linear velocity for economy  Plotting capital costs and operating costs with linear velocity in Fig. 7.5 gave a minimum total cost at a linear velocity of 0.008 m/s as observed from 
Table 7.5. Values of LCD, number of cell pairs, membrane area requirement, voltage drop and specific energy requirement were then calculated using the linear velocity value from Fig. 7.5. The calculated LCD is 1.32 amp/m2. Design diagram of ED process for concentration of 1500 L/h of textile effluent RO reject is shown in Fig. 7.6. 
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Table 7.5: Estimation of optimum linear velocity 
Linear 
velocity (u) 
m/s 
Operating cost  
(O.C.) US $/m3 Capital cost  (C.C.) US $/m3 Total cost (T.C.) US $/m3 
0.001 0.067 0.238 0.305 0.002 0.080 0.119 0.199 0.003 0.089 0.079 0.168 0.004 0.095 0.060 0.155 0.005 0.101 0.048 0.148 0.006 0.105 0.040 0.145 0.007 0.109 0.034 0.143 0.008 0.113 0.030 0.143 0.009 0.117 0.026 0.143 0.010 0.120 0.024 0.143 0.011 0.122 0.022 0.144 0.012 0.125 0.020 0.145 0.013 0.128 0.018 0.146 0.014 0.130 0.017 0.147 0.015 0.132 0.016 0.148 0.016 0.134 0.015 0.149 0.017 0.137 0.014 0.151 0.018 0.138 0.013 0.152 0.019 0.140 0.013 0.153 0.020 0.142 0.012 0.154 
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Figure 7.6: Design diagram of ED process for concentration of RO reject 
 
7.3.5. Economic Estimation and Analysis Economic estimation compares the cost of the process with and without ED. The present process involves the evaporation of the remaining water from the effluent and sending the solids for disposal. The evaporation costs were calculated by assuming four effect evaporators and steam cost of 0.01 US $/kg [Evaporator Handbook by APV Americas, Engineered Systems Separation Technologies]. The complete integrated process for economical treatment of RO reject is shown in Fig. 7.7. The main accessories of the ED installation include an ED stack, centrifugal pumps, piping, control panel and storage tanks. Major components of operating costs are electrical power utilized by pumps and DC supply, chemicals and consumables for membrane maintenance and expenditure for periodic replacement of membranes and electrodes. The calculated capital cost for ED system was found to be 1968.75 US $ as described in Appendix 1.  
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Figure 7.7: Process flow diagram of integrated process for treatment of RO reject  
Table 7.6: List of equipment and capital investment for ED process 
 
Table 7.6 gives the list of ED equipment with their prices in US $. Assuming the life span of these robust membranes to be 5 years, the total 
Equipment in ED Unit Cost, US $ ED stack 1,968.75 Centrifugal pumps (4 Nos) 280 Pipes and fittings 100 Instrumentation of measure and control 250 Electric installation of power 855 Tanks (Diluate, Concentrate, Rinse, CIP) 581 Total capital cost of ED unit 4034.75 US $ Power costs (Appendix 1) 0.113 US $/m3 Membranes replacement 0.01 US $/m3 Electrodes replacement 0.002 US $/m3 Membrane cleaning chemicals consumption 0.0005 US $/m3 Maintenance 0.009 US $/m3 Pumping cost 0.001 US $/m3 ED operating cost 0.133 US $/m3 
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 operating cost for treating 1.5 m3/h of feed was estimated to be 0.133 US $/m3. From the economic analysis presented in Appendix 2, the cost of evaporation process alone to treat RO reject is estimated to be 3.88 US $/m3. Incorporation of ED process between RO and evaporation decreased the volume load on the evaporator and consequently reduced the operating cost incurred by evaporation to a value as low as 0.38 US $/m3. The cost of decarbonization of RO reject for pretreatment of the feed to ED is 0.04 US $/m3. Hence, the overall operating cost of ED-evaporation integrated process is 0.55 US $/m3 compared to 3.88 US $/m3 incurred when only evaporation is employed. Thus, the integrated process proves to be very economical when the RO reject is subjected to treatment by ED before carrying out evaporation. 
 
7.4. Conclusions ED has been found to be an economically promising method for concentrating RO reject of textile industrial effluent from 4.35% to nearly 24% inorganic constituents. The application is especially useful for RO rejects containing low concentrations of COD which enable the diluate to be recycled to the RO plant for further recovery of recyclable water. Thus, ED exhibits potential for large scale application to save energy by reducing the volume of textile effluent reject being sent to the evaporator enormously. Cleaning of membranes with 2% v/v aqueous HCl after every batch followed by 1% NaOH + 0.5% EDTA solution prepared in tap water once every week helped in minimizing the fouling and restore performance in terms of ion transport rate and permselectivity, during the 3 months of research work carried out in this study with textile RO reject. An approximate economic estimation reveals that the cost for processing 1 m3 of textile RO reject is 0.55 US $, while evaporation alone would cost as high as 3.88 US $. The capital cost can be recovered in a short duration of 110 days. Design studies revealed that a membrane area of approximately 13 m2 is required to process 1500 L/h of textile RO reject. A plot between operating, capital and total costs on y-axis and linear feed velocity on x-axis showed that operating cost increased with increasing flow velocity while capital cost decreased. The optimum linear velocity was found to be 0.008 m/s, where the total cost went through a minimum of 0.144 US $/m3.
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 Chapter  
Synthesis and Characterization 
of RO Membranes for 
Treatment of Contaminated 
Groundwater 
 
Summary 
In this chapter, the performance of a synthesized RO membrane was 
evaluated for treatment of fluoride contaminated groundwater. The RO 
membrane, which was a thin film composite (TFC) polyamide membrane, was 
fabricated by interfacial polymerization on a PES asymmetric membrane using 
m-phenylenediamine (MPD) in aqueous solution and trimesoylchloride (TMC) in 
hexane organic medium. The developed membranes were characterized using 
scanning electron microscopy (SEM), pure water flux rate and rejection studies 
using synthetic solutions. Treatment tests were conducted using two fluoride 
contaminated groundwater samples (containing 3.2 and 2.8 mg/L of F 
respectively). A pilot scale RO system was also built indigenously to incorporate 
and test the synthesized membranes. Operating parameters such as feed 
concentration, pressure, temperature, and feed flow rate were varied to study 
their effect on membrane performance. The system containing the synthesised 
membrane had a fluoride rejection of 93% at a pressure of 5 bar. Based on the lab 
scale studies, the process was up-scaled to 1000 L/h capacity. Detailed capital 
and operating costs for the aforementioned system are presented. 
 
 
 
 
 
RO Membranes for Treatment of Groundwater 
 
8.1. Introduction Groundwater forms a major source of drinking water in urban as well as rural areas. More than 80% of the rural population of India uses groundwater for drinking, however groundwater in many areas of Andhra Pradesh state in India is unfit for drinking because of high fluoride concentrations (>1.5 mg/L) and high salinity (>1500 mg/L). Geological formation is the main source of fluoride in the groundwater. The other sources of fluoride are effluent discharges from different industries such as aluminum smelting, phosphate production, and coal fired power plants. The development of an economical/practical method for defluoridation of drinking water is a significant challenge. The conventional approaches based on flocculation and adsorption have multiple disadvantages with regards to their application in poorly equipped rural areas, particularly in developing countries. Of the various other technologies that can be used to remove fluoride from water membrane based processes have received significant attention [Baker, 2004]. In this chapter results are presented on the synthesis, characterization and testing of thin film composite (TFC) reverse osmosis (RO) polyamide membranes. These membranes were synthesized using an interfacial polymerization method on an ultraporous polyethersulfone (PES), made by phase inversion technique. The synthesized membranes were tested for treatment of fluoride contaminated groundwater. The performance of the membrane was evaluated based on flux and rejection of contaminants at various operating conditions. After extensive process standardization studies on laboratory scale, a pilot defluoridation plant was designed for deployment in villages. A detailed economic estimation for a commercial RO system based on the membranes synthesized is also given.   
8.2. Experimental The majority of the material and methods used to conduct the research reported in this chapter are given in Chapter 2 (Section 2.1 and 2.2). Methods used solely for research presented in this chapter are given in the proceeding sections.  
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8.2.1. Characterization of Groundwater Feed Sample The ground water samples were collected from two different locations of Andhra Pradesh state of India.  Results from analysis of the aforementioned water are given in Table 8.1.  
Table 8.1: Characteristics of feed samples 
Parameters Prakasham Dist. Nalgonda Dist. TDS (mg/L) 821.1 502 Turbidity (NTU) 5 83 Color (Pt-Co) 15 129 Total hardness (mg/L) 700 480 Total alkalinity (mg/L) 340 280 Calcium (mg/L) 126 -- Magnesium (mg/L) 90 -- Sodium (mg/L) 120 -- Potassium (mg/L) 2 -- Chloride (mg/L) 250 280 Sulphate (mg/L) 156 150 Silica (mg/L) 18 -- Iron (mg/L) 0.09 -- Nitrate (mg/L) 30 -- Fluoride (mg/L) 3.2 2.8 COD (mg/L) -- -- BOD (mg/L) -- -- Total Coliforms (MPN/100 ml) 1100 12000 
 
8.2.2. Synthesis of TFC Polyamide RO Membranes 
 A polymer solution of 15 wt% PES was prepared by dissolving PES monomer in dimethylformamide (DMF) solvent containing 3% propionic acid. The obtained homogenous bubble free solution was cast on a nonwoven polyester fabric support affixed onto a clean glass plate using doctor’s blade. The plate was then immersed in an ice cold water bath to obtain an ultraporous PES substrate of approximately 50 kDa MWCO. An ultrathin aromatic polyamide (PA) layer was formed on the PES substrate via an interfacial 
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 polymerization method. The PES substrate was then soaked in 1% aqueous solution of m-phenylenediamine (MPD) for 1 min. After draining off the excess water, the substrate was immersed in a hexane bath containing 0.1% trimesoylchloride (TMC) for 30 sec. The membrane was then heated in an oven at 70 oC for 10 min. 
 
8.3. Results and Discussion  
8.3.1. Membrane Characterization The developed membranes were characterized based on pure water flux, rejection of CaF2 and NaF, and scanning electron microscopy (SEM) studies.  
 
8.3.1.1. Pure Water Flux Distilled water was used as the feed at ambient temperature to study the permeation characteristics of the prepared TFC RO polyamide membrane. The relationship between hydrostatic pressure applied in the range 5−24 bar and resultant pure water flux is shown in Fig. 8.1. At a pressure of 5 bar, the membrane exhibited a flux of 32 L/m2h which further increased to 130 L/m2h at 24 bar. 
 
Figure 8.1: Pure water flux through RO Polyamide membrane at different feed pressures 
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8.3.1.2. Flux and Rejection of CaF2 and NaF Feed Solutions Initial experimental studies on flux and fluoride rejection were conducted using synthesized TFC RO membrane. Feed solutions prepared from CaF2 and NaF were pressurized at 10 bar across the membrane. The TDS of feed sample was 820 ppm. The fluoride concentration in the feed and permeate, system flux and TDS rejection are as listed in Table 8.2 for constant water recovery of 50% in permeate. 
Table 8.2.Results of laboratory defluoridation studies Feed Fluoride Concentration (mg/L) Flux (L/m2h) % Fluoride Rejection  Feed Permeate   CaF2 5.1 0.34 48 93.3 NaF 30.6 2.94 45 90.4  The effect of pressure on flux and permeate fluoride concentration is shown in Fig. 8.2for a feed fluoride concentration of 5.1 mg/L prepared by addition of CaF2 in tap water having a TDS of 820 ppm. An increase in flux from 4 to 45 L/m2h was observed when the pressure was raised from 5 to 25 bar with simultaneous decrease in fluoride ion concentration in the permeate from 3.5 to 1.1 mg/L. The observations can be attributed to a solution-diffusion mechanism of mass transfer wherein sorption of H2O molecules rises due to affinity for the hydrophilic membrane resulting in greater flux [Strathmann, 1990]. Comparatively, the flux of solute molecules remains more or less the same due to lack of any interaction with –CONH groups of the barrier. Water molecules are also much smaller than fluoride and other ions present in the feed and are expected to have greater diffusivity resulting in higher water flux and improved fluoride as well as TDS rejection at higher pressures.   
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Figure 8.2: Effect of pressure on flux and permeate fluoride concentration using synthetic feed solution 
 
8.3.1.3. Scanning Electron Microscopy (SEM) Studies 
Fig. 8.3 (a) and (b) show SEM images of the surface and a cross-section of the TFC RO membrane. From Fig. 8.3 (a) it can be seen that the membrane surface has small round and worm-like nodules after interfacial polymerization, indicating the presence of a thin layer on the surface of the substrate. The observed surface morphology is consistent with the so-called ridge-and-valley structure that is characteristic of MPD/TMC polyamide TFC membranes [Kucera, 1997]. A dense skin layer on the top of the ultraporous PES substrate layer with an adequate penetration can be observed from Fig. 8.3 (b). 
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Figure 8.3: SEM surface images of TFC polyamide membranes  
8.3.2. Effect of Operating Parameters on Membrane Performance Operating parameters such as feed concentration, feed flow rate, pressure and temperature were varied to study the effect on membrane performance in terms of flux and rejection. Table 8.3 presents the list of parameters of feed and permeate water samples through which membrane performance was evaluated. Permeate obtained from treatment using the RO membrane has shown 90% rejection of fluoride, 6 log reduction of E.Coli bacteria, 95% rejection of TDS and 92% rejection of hardness.   
(a) 
(b) 
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Table 8.3: Characteristics of feed and permeate water samples 
Parameters Prakasam District Nalgonda District 
Feed  Permeate Feed  Permeate TDS (mg/L) 821.1 29.6 502 18.5 Turbidity (NTU) 5 Nil 83 Nil Color (Pt-Co) 15 Nil 129 Nil Total hardness (mg/L) 700 40 480 35 Total alkalinity (mg/L) 340 20 280 10 Calcium (mg/L) 126 10 -- -- Magnesium (mg/L) 90 3 -- -- Sodium (mg/L) 120 3 -- -- Potassium (mg/L) 2 <1 -- -- Chloride (mg/L) 250 25 280 23 Sulphate (mg/L) 156 6 150 3 Silica (mg/L) 18 1 -- -- Iron (mg/L) 0.09 0.02 -- -- Nitrate (mg/L) 30 2 -- -- Fluoride (mg/L) 3.2 0.2 2.8 0.5 COD (mg/L) -- -- -- -- BOD (mg/L) -- -- -- -- Total Coliforms (MPN/100 ml) 1100 Nil 12000 Nil Conditions: Initial flux: 67 L/m2h, Pressure: 15 bar, Time: 12 hr 
 
8.3.2.1. Effect of Feed Concentration The effect of feed concentration on flux and rejection is depicted in Fig. 
8.4. As expected, a rise in the feed concentration resulted in a decrease in flux and % rejection. This is due to an increase in concentration polarization and osmotic pressure at the membrane surface. Higher solute concentrations at the feed side induce an osmotic pressure gradient which opposes the externally applied pressure gradient. Therefore, the natural driving force for the process (∆р-∆п) gets reduced which causes a gradual decrease in flux. 
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Figure 8.4: Effect of feed concentration on (a) water flux and (b) % rejection  
8.3.2.2. Effect of Feed Flow Rate The effect of feed flow rate on flux and % rejection is presented in Fig. 
8.5 which depicts that an increase in flow rate led to an increase in flux and % rejection. As feed flow rate increases from 20 to 100 L/min, the permeate flux increased from 41 to 121 L/m2h and TDS rejection to 88% from 56%.  
 
Figure 8.5: Effect of feed flow rate on (a) flux and (b) % rejection  The aforementioned results are due to the increasing feed flow rate leads to an increase in both turbulence and the mass transfer coefficient. This weakens the effect of concentration polarization and increases the permeate 
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 flux. Therefore, the solution residence time, to pass through the membrane channel, will be less hence increasing the flux [Pangarkar et al., 2011].  
8.3.2.3. Effect of Pressure  Feed water pressure is one of the most important operational parameters for membrane based waste water systems. The effect of pressure on the performance of the RO membrane was studied by keeping all other parameters constant (feed flow rate, solute concentration and temperature of feed). The results from the tests conducted on the influence of feed water pressure are shown graphically in Fig. 8.6. 
 
Figure 8.6: Effect of feed pressure on (a) flux and (b) % rejection  Based on experimental data obtained from the tests using actual groundwater samples collected from villages, graphs were plotted for pressure versus permeate flux and % salt rejection. Figs. 8.6 (a) and (b) show that as pressure increases from 12 to 22 bar, the flux increased from 30 to 79 L/m2h and rejection of salts from 61 to 80%. Pressure increases the driving force for the solvent  (a driving force is required to overcome the osmotic pressure), hence at higher pressures a greater amount of water can be passed through the membrane with a high rate of salt rejection [Pangarkar et al., 2011]. 
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8.3.2.4. Effect of Temperature As Fig. 8.7 demonstrates, membrane performance is very sensitive to changes in feed water temperature. As feed water temperature increases from 30 to 50 oC, the permeate flux increased from 78 to 121 L/m2h, however TDS rejection decreased to 69% from 80%.  The increase in flux was due to the increased temperature leading to a decrease in solution viscosity, whereas the decreased rejection was due to increased solubility of the solutes [Pangarkar et 
al., 2011]. 
 
Figure 8.7: Effect of feed temperature on (a) flux and (b) % rejection  
8.3.3. Design of Defluoridation RO Membrane System A membrane system for defluoridation of groundwater was designed based on the following: - Available feed water quality (1.8–5.0 mg/L of Fluoride concentration). - Product flow or recovery and required product quality (Fluoride concentration of less than 1.5 mg/L as per WHO standards). - Pre-treatment consisting of sand filtration, activated carbon treatment, antiscalant dosing and micron cartridge filtration besides post treatment by UV radiation and ozonation for long term storage as shown in Fig. 8.8.  Moreover, the option of blending the permeate with a small fraction of raw water is also made available in the proposed design in order to maintain a 
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 total dissolved solids (TDS) level of at least 50 ppm in the product water to ensure sufficient supply of minerals for human consumption. It may be noted that the blending water goes through all the pretreatment stages except for antiscalant dosing besides all post treatment steps but does not pass through the membrane. In regions where fluoride presence in ground water is very high, blending is restricted to ensure that F- in permeate does not exceed 1.5 mg/L. A simulation program was designed to maintain the rate of blending and recovery of the RO membrane system.  
 
Figure 8.8: Flow diagram of RO process of 1000 L/h capacity  An image of the Microsoft excel simulation program that was developed is shown in Fig. 8.9. The piping and instrumentation diagram of a 1000 L/h capacity RO system and a digital image of the developed system (which was built in-house) are shown Fig. 8.10 and 8.11, respectively.  
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Figure 8.9: Simulation for operation of RO plant 
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Figure 8.10: Piping and instrumentation diagram of 1000 L/h capacity RO plant 
 
Figure 8.11: Digital image of 1000 L/h capacity RO plant 
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8.3.4. Process Economic Evaluation 
8.3.4.1. Capital Cost for 1000 L/H Capacity RO Plant The complete list of equipment and corresponding costs for the developed 1000 L/h capacity RO plant is presented in Table 8.4, in which the total price for the major accessories such as the high-pressure pump and TFC Polyamide membrane module with housing are given as 1200 USD and 2190 USD, respectively. The total capital investment is approximately 5500 USD for the RO system without considering the cost of storage tanks. 
 
Table 8.4.List of equipment and corresponding costs 
S. No Item Specifications Quantity Total 
Cost 
(USD) 1 Raw water storage tank  3000 L capacity, HDPE 1 No 200 2 Raw water Pump 1HP (Make: Nanfang, Model: CHL 2-50), 3.5 kg/cm2 discharge pressure 
1 No 116 
3 Pressure Sand Filter 4 ft dia×5.6 ft long 1 No 150 4 Activated Carbon Filter 4 ft dia×5.6 ft long 1 No 200 5 Antiscalent Dosing Pump ½ HP (Make: Injecta, Model: Olimpia 05-05) 1 No 90 6 Antiscalent Dosing Tank 100 L, MOC:PP 1 No 20 7 Micron Cartridge Filter  Dimensions: 4”x20” , 5µm 1 No 25 8 Micron Cartridge Filter for Blending line 5µm pore size 1 No 15 9 High Pressure Pump 3HP Single phase (Make: WILO/CRI) Max Pressure: 30 kg/cm2 1 No 1200 10 Reverse Osmosis Membranes 4” dia x 40” length 5 Nos 2000 11 Membrane Housing 4” dia x 120” length 1 No 100 12 Membrane Housing 4” dia x 80” length 1 No 90 13 Cleaning-In-Place Tank 200 L 1 No 40 14 Intermediate Storage Tank  1000 L (MOC: HDPE) 1 No 100 15 UV Feed Pump 1 HP (Make: Nanfang, Model: CHL 2-30) 1 No 100 16 UV System 1 mt 1 No 200 17 Pipes and Fittings* MOC: UPVC 1 ½” dia for 1 No 200 
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 pretreatment section 1” dia for high pressure line 18 Permeate water storage Tank 2000 L capacity 1 No 200 19 Ozonator 1 Gram Capacity  1 No 100 20 3-Phase Control Panel SS 350/500 1 No 170 21 Skid Stainless steel 316 1 No 200 
 
8.3.4.2. Operation and Maintenance Cost for RO System 
Table 8.5 provides the complete operation and maintenance costs associated with the developed RO system, which includes power, membrane module and micron filter cartridge replacement costs, chemical consumption for cleaning and storage etc. Feed capacity and recovery were assumed to be 2 m3/h and 60%, respectively. The operational time for the system was estimated at 10 hr per day in view of the fact that electric power supply in remote villages is restricted to a few hours per day. Depreciation costs were taken as 10% of the total capital investment while life of hardware is expected to be 10 years.  
 
Table 8.5. Operation and maintenance cost of RO based defluoridation system  Value Feed capacity (m3/h) 2 Permeate capacity (m3/h) 1.2 Recovery offered 60% Operating Cost Estimation  
Module Replacement Cost  Number of modules (4” dia, 40” long) 5 Price per module (USD) 400 Total module replacement cost (USD) 2000 Duration of replacement (Years) 3 No. of working h/day 10 Cost/h (USD) 0.083 
Cartridge Replacement Cost  No of cartridges 2 Price per cartridge (USD) 12 
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 Total cartridge replacement cost (USD) 24 Duration of replacement (days) 180 No. of working h per day 22 Cost/hr (USD) 0.006 
Power Cost  Feed pump (KW) 0.745 Dosing systems (KW) 0.015 High pressure pump (KW) 2.237 UV lamp (KW) 0.072 
Total power consumption-KW 3.06 Hourly cost (USD) (4.5 Rs/unit) 0.27 
Chemical Consumption  Anti-scalant dosing (mg/L) 5 Dosage (L/h) 0.01 Cost/lit (USD) 6.4 Hourly cost (USD) 0.064 
CIP Chemicals (EDTA, NaOH, Citric acid)  Frequency (days) 15 Total cost of CIP per hour (USD) 0.045 Total operating cost per hour (USD)  0.42 
Total operating cost per year assuming 22 h of operation/day 
(USD) 
1533 
Depreciation cost (Assuming 10% of Capital cost) (USD) 505.6 
Labour cost per year + Raw water (USD) 2660 
Total cost per year (USD)  4698.6 
Permeate  Quantity (L/h) 1200 Operation time (h) 10 Quantity of permeate generated in 1 year (L/yr) 4380000 Cost/lit of permeate (USD) {Indian Rupees} 0.00107 {0.05} If  Sold at 4×10-3 USD/lit  Annual Profit (USD) 12822 
Pay Back Period (Yr) 0.8 
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 The price of treated water is 0.00107 USD per L of purified water produced (Table 8.5). RO price is competitive as compared to adsorption and chemical precipitation technique and more economical than ion-exchange process which requires cumbersome regeneration procedures by acid and alkali treatment. 
 
8.3.5. Method for Reject Treatment and Reuse The reuse of untreated RO reject water has raised serious environmental concerns. Direct disposal of this water into a water-body may invigorate the growth of aquatic masses causing environmental problems. Disposing this waste water on the land also has the potential to lead to concentrating salts and nutrient compounds in soil and contaminating groundwater with excess fluoride. Reject water produced from the developed RO membrane based system requires further treatment for removing concentrated fluoride and other salts before it can be disposed of safely. A study was therefore carried out to investigate removing the salts from the reject wastewater. 
 
Figure 8.12: Method of RO reject treatment and reuse 
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Fig. 8.12 exhibits a comprehensive method for treatment and reuse of reject stream coming from a defluoridation plant. The reject can be pumped through an activated alumina column particularly to remove the fluoride present in the water. Alternately, the water is stored in a tank/sump where the other salts present are precipitated by adding lime+alum mixture. The clear water is decanted at regular intervals and solid precipitate is safely disposed to landfill. The treated water may be reused for domestic purposes like gardening, washing etc. or for fly ash kilns or for non-edible plantations (like cotton, teak plantation, etc.) or for ground water recharge. 
 
8.4. Conclusions The thin film composite polyamide RO membrane was synthesized by interfacial polymerization on a PES substrate using MPD in aqueous solution and TMC in hexane medium. Two different natural (ground) water samples containing 3.2 and 2.8 mg/L of fluoride were treated by using developed RO membranes and obtained results showed that RO could be efficiently used (with >93% rejection) for removal of fluoride from groundwaters. In addition, RO membrane has shown an average flux of 51 L/m2h at a pressure of 15 bar with 60% water recovery.  Membrane life can be improved through cleaning with a mixture of 1% NaOH and 0.5% EDTA in tap water which removes stubborn foulants. Alternate washing with 1% citric acid can remove metal salts and mineral precipitates from the membrane surface. The membrane must be stored in 0.5% NaS2O5 during shutdown periods as well as over every seven days to prevent biological fouling, which is otherwise irreversible. 
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Chapter 
Water Recovery from Domestic 
Kitchen Effluent through 
Membrane Separation 
Processes 
Summary 
In this chapter, a pilot study was conducted to evaluate the performance of 
a submerged membrane bioreactor (SMBR) and reverse osmosis (RO) processes 
for treatment of domestic kitchen wastewater (obtained from a government 
canteen). The performance of a combination of the aforementioned processes was 
also evaluated. Hollow fiber membranes synthesized from polymer blend PES/PEI 
solution were used in the fabricated SMBR for treatment under aerobic 
conditions. Thin film composite (TFC) RO sheet membranes, fabricated by 
interfacial polymerization on a PES asymmetric membrane using 1% m-
phenylenediamine (MPD) in aqueous solution and 0.05% each of toluene 
diisocyanate (TDI) and trimesoylchloride (TMC) in hexane, were used in the RO 
process. The results obtained from treatment tests on kitchen wastewater 
revealed the average value of COD to be reduced from 470 mg/L to 18 and 29 
mg/L while average BOD was found to be as low as 2 and 10 mg/L and SS is 2 and 
1 mg/L for MBR and RO methodologies respectively.Further, development of MBR 
combined RO process to produce high grade water directly from domestic 
wastewater was investigated. Different strategies were studied and employed to 
control membrane fouling in MBR and RO. The permeate quality in terms of 
conductivity, turbidity, organic content and E. Coliform could finally meet the 
water quality requirements for potable and non-potable reuse applications in 
domestic as well as industrial sectors. 
  
Water Recovery from Domestic Wastewater 
 
9.1. Introduction As discussed earlier improved processes are required for domestic wastewater treatment (Section 1.1). One process that has significant potential is a process that involves the combination of two processes (which are also used as stand alone processes): a membrane bioreactor and reverse osmosis (a detailed discussion of these processes are given in section 1.7.2 and 1.7.3). The MBR alone was able to bring down the concentrations of most of the pollutants under acceptatble limits for non-potable reuse applications. The application of RO further improved the treated water quality, especially the aesthetical and microbial qualities. In this chapter theperformance of a submerged MBR, RO, and a combination of MBR and RO was evaluated for treating a domestic kitchen wastewater. The aerobic bioreactor with a submerged membrane (an indigenously synthesized PES/PEI based hollow fiber membrane having a nominal pore size of 0.04 µm) used in this work was continuously aerated for organic matter oxidation and for fouling control. The RO membrane used was a thin film composite (TFC) prepared using interfacial polymerization of 1% m-phenylenediamine (MPD) in aqueous solution and 0.05% each of toluene diisocyanate (TDI) and trymesoylchloride (TMC) in hexane.The performance of the submerged hollow fiber MBR process, RO process and a combination of the aforementioned processes was studied based on the removal efficiencies of organic compounds and other contaminants in terms of COD, BOD, turbidity, TDS and conductivity. Secondly, MBR-RO integrated pilot tests were carried out to produce high grade water directly from domestic wastewater.  
9.2. Experimental 
 The majority of the materials and methods used to carry out the research reported in this chapter are given in Chapter 2 (Sections 2.1 and 
2.2). Methods used solely for research presented in this chapter are given in the proceeding sections.   
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9.2.1. Synthesis and Fabrication of PES/PEI Hollow Fiber Membrane 
Modules The hollow fiber membranes used in the research conducted in this chapter were prepared as described in Chapter 5. The modules used were prepared by twisting the fibers of 100 cm length into a U shape and placing them into a PVC tube of 50 cm length and 5.5 cm diameter. The internal diameter and wall thickness of the PES/PEI HF membrane was 0.8 mm and 0.3 mm, respectively. This is a shell side to tube side feed flow configuration modules in which one side of the module was potted with epoxy resin. The effective filtration area of the fabricated module was 0.1 m2. Standard solutions of known molecular weights of Dextran were used to determine the molecular weight cut off (MWCO) of the membranes and were found to be approximately 40 kDa.  
9.2.2. Synthesis of TFC RO Flat Sheet Membrane PES substrate of approximately 50 kDa molecular weight cut-off (MWCO) was prepared by a phase inversion method using 15 wt% solution of the polymer in dimethylformamide (DMF) solvent containing 3% propionic acid. The obtained homogenous bubble free solution was cast on a nonwoven 
polyester fabric support affixed onto a clean glass plate using a doctor’s blade. The plate was then immersed in ice cold water bath to obtain ultraporous PES substrate. PES substrate was then soaked in 1 % aqueous solution of MPD for 1 min. After draining off excess water, the substrate was immersed in hexane bath containing 0.05 % each of TMC and TDI for 1 min. The membrane was then heated in an oven at 110 oC for 10 minutes. These indigenous membranes were scaled up into a spiral wound membrane module of 2.5 inch dia x 21 inch long dimensions with the help of Permionics Membranes Pvt. Ltd., India.  
9.2.3. Characterization of Domestic Kitchen Wastewater The domestic wastewater sample used was collected from a canteen at the IICT, Hyderabad, India. The typical characteristics of the raw effluent, which were determined by taking the average values obtained from three different samples, are listed in Table 9.1. 
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Table 9.1: Characteristics of domestic wastewater 
Parameters Value pH 7.31 (±1) Total dissolved solids (TDS), mg/L 960 (±100) Total suspended solids (TSS), mg/L 390 (±50) Biochemical oxygen demand (BOD), mg/L 110 (±40) Chemical oxygen demand (COD), mg/L 470 (±50) Turbidity, NTU 270 (±20) Hardness, mg/L 320 (±50) Total Coliform (MPN/100 ml) 14,000 
 
9.2.4. Treatment of Domestic Wastewater Using Submerged Membrane 
Bioreactor The developed PES/PEI hollow fiber membrane module was submerged into the bioreactor of 100 L volume and the flow line was connectedto a vacuum pump to draw the permeate as final treated effluent.   
Table 9.2: Operating conditions of MBR system for treating domestic wastewater 
Parameter Value 
Membrane surface area, m2 0.07 Membrane configuration Hollow fiber membranes pH 7.5 Temperature , oC 30 ± 3 Mixed liquor suspended solids, g/L 5 Hydraulic retention time, h 8 Flux, L/m2h 40-60 Pore size, µm 0.01 Aeration rate, L/min 20 Dissolved oxygen, mg/L 1-2 Operation mode Batch 
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 The domestic wastewater was taken into the reactor to which5% of mixed microbial flora (prepared as described in Chapter 7) was added and oxygen was suppliedfor aerobic digestion. The filtration unit was operated in batch mode at room temperature (30±3 oC) with TMP varying in the range of0.2–0.8 bar. The operating conditions of the SMBR are listed in Table 9.2. The MLSS andDO concentrations were measured at regular intervals during theunit operation. 
 
9.3. Results and Discussion 
9.3.1. Performance of MBR on Domestic Kitchen Wastewater Treatment  The results obtained from the tests conducted on the treatment of kitchen wastewater using a MBR were discussed in the following sections. The obtained permeate water quality after continuous MBR operation for 24 h is presented in Table 9.3.  
Table 9.3: Permeate water quality of MBR process 
Parameter Feed MBR 
(Permeate) pH 7.31 (±1) 7.4 Total dissolved solids (TDS), mg/L 960 (±100) 944 Total suspended solids (TSS), mg/L 390 (±50) 5 Biochemical oxygen demand (BOD), mg/L 110 (±40) 7.2 Chemical oxygen demand (COD), mg/L 470 (±50) 14.8 Turbidity, NTU 270 (±20) 2 Hardness, mg/L 320 (±50) 286  The turbidity of permeated water through the PES/PEI HF membrane was maintained at a concentration of less than ~2 NTU during the test period (24 h). This corresponded to a turbidity removal efficiency of more than 99%. The high turbidity removal achieved was due to excellent solid-liquid separation achieved by the membrane, which had a very lownominal diameter of 0.04 µm. The analysed average concentration of COD in the feed was ~470 
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 mg/L, while this value was reduced to 14.8 mg/L after 24 h of MBR operation period as shown in Fig.9.1. 
 
Figure 9.1: COD values of permeate of PES/PEI HF membrane during MBR  The concentration of COD in the permeateafter HRT 15 h reached an approximately stable level of 18 mg/L which corresponds to a high removal efficiency of 95.6 %. This is higher than that generally achieved using conventional activated sludge processes [Gao et al., 2004]. The higher removal efficiency obtained using the MBR process is most likely due to the mixed microbial flora which actively digested organic matter present in domestic wastewater and the membrane shown efficient separation of contaminants.  The % BOD removal obtained over time is presented in Fig. 9.2. Membrane has shown 72% rejection of BOD during 2 hr of initial unit operation. The rejection of BOD was significantly improved to 90% in next 8 hr of operation and stabilized after 18 hr showing 97.4% rejection. The high rejection of BOD after 10 hr of operation is mainly due to the improved growth rate of microorganisms and its active digestion of organic matter present in the feed. In order to maintain the membrane efficiency, chemical cleaning was periodically conducted (as discussed in detail in following Section 9.3.1.2). 
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Figure 9.2: Rejection of BOD for PES/PEI HF membrane during MBR 
 The % rejection of TSS obtained over time is presented in Fig. 9.3. PES/PEI HF membrane has shown 97.5 % rejection of TSS during initial period (4 h) of clarification. After 10 hr, the rejection significantly improved and reached to 99.5% during 24 h unit operation. 
 
Figure 9.3: TSS rejection of PES/PEI HF membrane during MBR 
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9.3.1.1. Effect of Trans-Membrane Pressure on Flux 
Fig. 9.4 shows the effects of TMP on permeate flux for the PES/PEI HF membrane during treatment of domestic wastewater by submerged MBR process. The permeate flux for the system operating under higher TMP did drop significantly during the initial period of operation. This was most likely due to the thickness and compactness of the cake layer formed from solutes removed from the effluent [Zhang et al., 2006, Ye et al., 2006]. Moreover, the cake layer was compressed at high TMP due to drag force induced by the high permeate flow. Based on the significant influence of TMP, it is important to operate the submerged MBR below a critical initial flux [Ye et al., 2006]. If an increase in TMP causes an initial flux crossing over the critical flux, it results in severe fouling. Consequently, operating at optimum pressure is a key factor to minimize membrane fouling. From the results presented inFig. 9.4, it is clear that 0.6 bar was the optimum pressure at which to operate the MBR for the conditions/wastewater studied.  
 
Figure 9.4: Effect of trans-membrane pressure on flux of MBR  
9.3.1.2. Membrane Cleaning and Maintenance 
  Fig.9.5shows the effect of chemical cleaning on flux/flux recovery. From the results presented in Fig. 9.5 it can be seen that permeate flux declined 
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 rapidly within the 1st 100 minutes of operation, and gradually between 100 and 200 minutes of operation. No significant change in flux was observed after 200 minutes. The changes in flux observed are consistent with the following events that generally occur for size exclusion membranes: firstly a short term rapid flux decline occurs due to pore blocking and cake formation, and secondly a long term gradual decrease in flux occurs due tocake compaction and irreversible fouling [Kawasaki et al., 2007]. 
 
Figure 9.5: Variation of flux with time with and without chemical cleaning of membrane  Membrane cleaning was carried out at regular time intervals of 100 min by chemical washing to prevent cake formation and to recover flux. The chemical cleaning was conducted at 0.2 bar for 15 min with 1.5 wt% sodium hypochlorite and 1 wt% sodium hydroxide (to remove organic deposits), and 1.5 wt% citric acid (to remove lime and other inorganic deposits). From the results presented in Fig.9.5 it can be seen that after the first chemical washing (after 100 min of operation) the flux increased from 73.8 to 77.2 L/m2h. The aforementioned flux recovery was very close to the initial flux of 77.8 L/m2h.From the results presented in Figure 8.5 it can be seen that full flux recovery was not obtained after each cleaning, hence a gradual decrease in flux 
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 is observed over time for the cleaning conditions used. This decrease however could be significantly reduced by altering the cleaning conditions (time period andconcentration of cleaning chemicals).  
9.3.2. Treatment of Domestic Wastewater Using RO Membrane The TFC polyamide RO membrane performance with regards to treatment of domestic waste water was evaluated in terms of the following permeate quality parameters:  total dissolved salts (TDS),COD, BOD, turbidity, total suspended solids (TSS) and hardness as listed in Table 9.4. After 200 min of continuous operation the membrane has shown 92% rejection of TDS, complete rejection of TSS and turbidity, and more than 95% rejection of BOD and COD. The RO permeate did not contain any E. Coliform(or)Faecal coliforms indicating their complete rejection, hence the permeate produced could meet the water quality requirements for several non-potable reuse applications. 
 
Table 9.4: Summary of water analysis parameters of RO processes 
Parameter Feed RO (Permeate) pH 7.31 (±1) 6.8 Total dissolved solids (TDS), mg/L 960 (±100) 72 Total suspended solids (TSS), mg/L 390 (±50) Nil Biochemical oxygen demand (BOD), mg/L 110 (±40) 3.8 Chemical oxygen demand (COD), mg/L 470 (±50) 11 Turbidity, NTU 270 (±20) Nil Hardness, mg/L 320 (±50) 95 Total Coliform (MPN/100 ml) 14,000 Nil Conditions: Initial Flux: 71 L/m2h, Pressure: 20bar, Recovery: 70% 
 
9.3.2.1. Effect of Pressure on Flux and Rejection The effect of feed pressure on permeate flux and TDS rejection is shown in Fig.9.6.From the plot it is evident that the rejection has increased to an extent reaching maxima and then a slight decrease was observed while there 
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 was a rapid increase in permeate flux with increase in pressure. The increase in feed pressure from 5 to 30bar raised the flux from 18 L/m2h to 78 L/m2h and TDS rejection from 92.1 to 93.3%. From Fig 9.6, the pressure required for maximum rejection of dissolved salts and optimum flux was evaluated.  
 
Figure 9.6:Effect of pressure on flux and TDS rejection during RO process 
 
9.3.2.2. Effect of Feed Concentration on Flux and Rejection 
Fig. 9.7 shows the effect of feed TDS on flux and % rejection. At constant feed pressure of 20 bar, a decline in flux from 53.8 to 46.5 L/m2h and rejection from 93.8 to 92.7% was observed with increase in feed TDS concentration. From the Fig. 9.7, it is clear that, at constant pressure, the %rejection has increased initially to an extent where it reaches maxima and thereafter decreases, with increase in feed concentration. This is due to the concentration polarization on the membrane surface. An increase in the osmotic pressure occurs parallel to an increase in feed concentration, resulting in a drop in flux at a constant feed pressure. 
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Figure 9.7: Effect of feed concentration on flux and rejection 
 
9.3.3. Evaluation of MBR-RO System The MBR that was used to conduct the experiments discussed in Section 
9.3.1 was combined with the RO system used to conduct the experiments discussed in Section 9.3.2as shown in the schematic in Fig. 9.8.   
 
Figure 9.8: Schematic diagram of MBR and RO combined treatment process 
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 From Fig. 9.8 it can be seen that in the combined MBR-RO system the permeategenerated from the MBR is connected to the RO as a feed. The quality of the permeate obtained after treatment of domestic waste water with the MBR and RO combined process is as shown in Table 9.5. Complete rejection of TSS, BOD, turbidity and total coliforms, and more than 93% rejection of TDS, 99% of COD was observed during MBR and RO combined treatment. The operating parameters of MBR and RO were maintained constant as mentioned in the Sections 9.3.1 and 9.3.2 respectively.  
Table 9.5: Comparison of permeate water quality of MBR, RO and combined MBR+RO processes 
Parameter Feed MBR (Permeate) RO (Permeate) MBR+RO (Permeate) pH 7.31 (±1) 7.4 6.8 6.9 Total dissolved solids (TDS), mg/L 960 (±100) 944 72 58 Total suspended solids (TSS), mg/L 390 (±50) 5 Nil Nil Biochemical oxygen demand (BOD), mg/L 110 (±40) 7.2 3.8 Nil Chemical oxygen demand (COD), mg/L 470 (±50) 14.8 11 < 2 Turbidity, NTU 270 (±20) 2 Nil Nil Hardness, mg/L 320 (±50) 286 95 78 Total Coliform  (MPN/100 ml) 14,000 10 Nil Nil 
 
Fig.9.9 shows the effect of time on permeate flux of RO system with and without MBR pretreatment, at a constant pressure of 20 bar.The rate of flux decline was significantly less during the treatment of domestic wastewater for the combined MBR and RO processes when compared to the RO process alone (Fig. 9.9). In addition to this, the permeate flux of the combined MBR-RO 
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 process was more than the RO process. These are indications of low fouling and cake layer deposition on the RO membrane when MBR is connected as pretreatment to RO process. 
 
Figure 9.9: Comparison of permeate flux of RO with and without MBR 
 
Figure 9.10: Evaluation of MBR and RO combined process for treatment of domestic wastewater 
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Fig.9.10shows the comparisons between rejections of COD, BOD and turbidity by MBR, RO and MBR-RO systems. A high rejection of COD, BOD and turbidity was observed during post RO treatment.  
 
9.4. Conclusions The experimental trails illustrated that the combination of MBR and RO processes can be used to treat raw domestic wastewater to produce reclaimable water. The MBR was able to remove organic matter and turbidity to an acceptable level. Impressive rejections of TDS, colour, hardness, conductivity and E. Coliby RO membrane showed that the quality of permeate was at required standards for potable or non-potable applications. During MBR-RO treatment processes, RO permeate quality was improved with increased membrane flux. The study provided a new possible option of MBR-RO process for economical production of potable water from domestic wastewater. 
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10.1. Conclusions The overall objective of this research project was to prepare/develop novel membranes and to investigate their ability to remove pollutants from three different types of water (surface, ground and industrial wastewater). Specific aims of the project included investigating the influence of membrane composition and structure on membrane performance, which was determined mostly based on membrane flux/extent of fouling and extent of pollutant rejection. The influence of combining biological treatment with membrane treatment was also investigated.  Based on the research presented in Chapter 3, which involved the synthesis, characterisation and testing of polymeric membranes of varying composition, the following conclusions were reached: 
• Spinning conditions have a significant influence on both the outer diameter and wall thickness of the following polymeric membranes: Polyethersulfone (PES) and Polyacrylonitrile (PAN). At a constant bore fluid rate of 6.0 ml/min and pulling motor speed of 27 rps the wall thickness of the PES hollow fiber membrane increased from 0.4 to 0.8 mm (outer diameter from 1.6 to 2 mm) when the speed of polymer pump was enhanced from 280 to 425 rps (polymer solution flow rate 3.5 to 7.2 gm/min). Similarly for the PAN membrane, an increase in wall thickness from 0.6 to 0.9 mm was observed when the polymer solution flow rate was increased from 6.0 to 8.1 gm/min. 
• The addition of ZnCl2 to the PAN based membrane led to a significant improvement in membrane strength (the tensile strength of PAN fibers was improved from 13.4 to 14.6 MPa). 
• Based on tests conducted using surface water the PAN and PES hollow fiber membranes achieved 99.8 and 95.4% turbidity rejection at 1 bar, respectively. PAN exhibited a 5 log reduction of Escherichia coli bacteria at a low hydraulic pressure of 1 bar with a flux of 54.2 L/m2h at a water recovery of 80% whereas PES gave a flux of 36.6 L/m2h with 4 log reduction of E. Coli. Compared to PES, PAN yielded higher fluxes due to its highly hydrophilic nature arising from the presence of –CN groups. 
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• Based on tests conducted using a wastewater generated from paper and pulp processing  (fungal broth), PAN and PES membranes exhibited 54.9 and 69.3% xylanase enzyme recoveries from the fungal broth at a reasonable flux(12.5 and 8.1 L/m2h) with turbidity rejection of 94.8 and 95.7% respectively. The higher enzyme recovery achieved using the PES membrane over the PAN membrane was most likely due to the greater hydrophobicity of the PES which would repel the polar enzyme molecules.  In Chapter 4, hollow fiber membranes synthesized from PPSu and PVDF polymer solutions were investigated with regards to spinning conditions and their performance when used to treat surface water obtained from the Uppal Cheruvu River in Hyderabad India. The following conclusions resulted from the research conducted on the aforementioned: 
• Spinning conditions were found to have a significant influence on the dimensions of the prepared PVDF and PPSu membranes. At constant bore flow rate of 8.0 ml/min and pulling motor speed of 30 rps, an increase in the wall thickness from 0.84 to 1.05 mm and outer diameter from 1.6 to 1.8 mm was observed for the PVDF membrane with increase in polymer solution flow rate from 6 to 12 gm/min. For the PPSu membrane, the wall thickness increased from 0.83 to 1 mm and the outer diameter from 1.68 to 1.87 mm when the polymer solution flow rate was increased from 6 to 12 gm/min. 
• During the treatment of contaminated surface water, PVDF hollow fibers (HF) exhibited 94.8% turbidity rejection, whereas PPSu fibers exhibited 91% rejection. Both membranes achieved a five log E-Colireduction from surface water at a low hydraulic pressure of 1 bar with high flux values of 125 L/m2h and 73 L/m2h, respectively at a substantial water recovery of 80%.  
• Based on the developed hollow fiber membranes, robust ultrafiltration systems were fabricated that can be operated with or without electric power to treat contaminated surface water. A domestic water purification device capable of generating 25 L/h purified water at an overhead tank pressure of 0.5 bar was designed and fabricated for use in households. In 
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 addition, a hand pump operated membrane submerged system was designed for treatment of surface water in flood prone regions. The developed domestic water treatment device has achieved complete rejection of microbes and 90% rejection of turbidity at 0.5 bar pressure, over a period of 6 months where it has been operated for 10 hours daily. 
• The hand pump operated ultrafiltration membrane system that was developed has exhibited more than 98% rejection of turbidity and organic matter, and complete rejection of microbes over a period of 6 months where it has been operated ~4 hours per day.  In Chapter 5 synthesis and application of hollow fiber membranes developed using polymer blend solutions of PES/PEI and PVDF/PAN were investigated. 
• The porosity of the developed polymeric fibres was found to be 0.04 µm for the PES/PEI fibres and 0.08 µm for the PVDF/PAN fibres. The tensile strength of the PES/PEI fibers was 13.1 MPa and for PVDF/PAN approximately 14.8 MPa.  
• The results obtained from bench scale studies using the PES/PEI and PVDF/PAN membranes showed that optimized operation (to achieve >99.7% turbidity rejection and 5 log reduction of E. Coli)for both membrane types was obtained using the following conditions: applied 
pressure ≤1 bar with a water backwashing for 5 min and a chemical cleaning at a regular interval of 300 min. The aforementioned conditions resulted in a steady flux of 70.6 L/m2h and 77.8 L/m2h, for the PES/PEI and PVDF/PAN respectively.  
• Based on the results obtained from bench scale tests a pilot scale system incorporating thesynthesised PES/PEI and PVDF/PAN HF membranes was developed. The results obtained from the pilot scale tests clearly indicate that the blend PES/PEI and PVDF/PAN HF membranes are highly effective and promising for drinking water production from surface water.   
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Chapter 6 gives the performance assessment and hydrodynamic analysis of a submerged hollow fiber membrane bioreactor for treating dairy effluent.  
• The optimum fluxesfor obtaining a high extent of impurity removal from dairy effluent in a membrane bioreactor were approximately 108 and 115 L/m2h bar for the PVDF and PAN membranes respectively. The impurity removal using the aforementioned optimum fluxes was found to be as follows: COD removal of 93% for PVDF and 91% for PAN HF membranes whereas corresponding rejection of BOD was observed to be 92% and 86%.  
• Experimental trials were carried out at different suction pressures and air blowing rates, to study the effect on membrane fouling. From the results, 0.6 bar and 20 L/min would most likely be the optimum choice for high clarification with low drop in flux. 
• A 2D FEM (finite element method) model based on the experimental data obtained was developed to predict the velocity profiles and effect of membrane fouling during the SMBR process. The model was capable of accurately predicting the velocity profiles inside a unit cell of hollow fiber for both the membranes studied. Additionally, the model validated the experimental results obtained. The model developed was also able to provide information on the variation of flux with changes in TMP and packing density.  In Chapter 7 the application of electrodialysis for further concentration of reverse osmosis (RO) treated textile industry effluent was investigated. The experimental studies were carried out on a bench scale electrodialysis system using five membrane cell pairs (cation exchange membrane, normal gasket, distributor with slit, normal gasket and anion exchange membrane). 
• Electrodialysis has been found to be an economically promising method for concentrating the RO reject of the textile industrial effluent that was investigated from 4.35% to ~24% (in terms of inorganic constituents). 
• The limiting current densities for the system studied were determined to be in the range 2.15–3.35 amp/m2 for feed flow rates varying from 18 to 108 L/h. 
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• An approximate economic estimation revealed that the cost for processing 1 m3 of the textile RO reject investigated is 0.55 US $, while evaporation alone (the process that is currently used commercially) would cost as high as 3.88 US $. Incorporation of an electrodialysis process between RO and evaporation decreased the volume load on the evaporator and consequently reduced the operating cost incurred by evaporation to a value as low as 0.38 US $/m3. Hence, the overall operating cost of an electrodialysis-evaporation integrated process is 0.55 US $/m3 compared to 3.88 US $/m3 incurred when only evaporation is employed. 
• Based on the aforementioned economic analyses the capital cost of an ED-evaporation integrated process can be recovered in a short duration of 110 days.  
Chapter 8 reports on the synthesis of a thin film composite reverse osmosis polyamide membrane and a performance evaluation of this membrane for treatment of fluoride contaminated groundwater. Operating parameters such as feed concentration, pressure, temperature, and feed flow rate were varied to study their effect on membrane performance. 
• The synthesised TFC RO polyamide membrane exhibited a water flux of 51 L/m2h and a fluoride rejection of 93% at a pressure of 15 bar with 60% water recovery.  
• Increase in feed flow rate from 20 to 100 L/min resulted in a raise in permeate flux from 41 to 121 L/m2hr and TDS rejection to 88% from 56%.  
• An increase in pressure from 12 to 22 bar, enhanced the flux from 30 to 79 L/m2h and TDS rejection from 61 to 90%. 
• An increase in feed water temperature from 30 to 50 oC resulted in an increase in permeate flux from 78 to 121 L/m2h, however TDS rejection decreased to 69% from 80%.The increase in flux was due to the increased temperature leading to a decrease in solution viscosity, whereas the decreased rejection was due to increased solubility of the solutes.   
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• Based on the lab scale results obtained using the prepared thin film composite reverse osmosis polyamide membrane a scaled up process (1000 L/h treatment capacity) using this membrane was developed. The total capital investment for this process was approximately 5500 US$ for the RO system without considering the cost of storage tanks. The total calculated operating cost per litre of purified water produced using this process is 0.00107 USD.   In Chapter 9 the performance of a submerged membrane bioreactor combined to a reverse osmosis process for treatment of domestic kitchen wastewater was investigated. Hollow fiber membranes synthesized from polymer blend PES/PEI solution were used in the fabricated membrane bioreactor for treatment under aerobic conditions. Synthesized thin film composite (TFC) polyamide membranes were used in the RO process.  
• The results obtained from treatment of domestic waste water using the MBR and RO processes separately were as follows: COD in the outlet was14.8(MBR) and 11 mg/L (RO); average BOD inthe outlet was found to be as low as 7.2(MBR) and 3.8 mg/L (RO); total suspended solidsin the outlet were5 and <1 mg/L for the MBR and RO methodologies respectively. 
• For the combined MBR-RO process, the flux improved to 73.8 L/m2h from 62.4 L/m2h (without MBR pretreatment step) and the contaminants rejection (such as COD, BOD and turbidity) increased to more than 99.50% (<1 mg/L).  
10.2. Future Scope for Research The results obtained in this thesis have generated various research questions and evoked new ideas for future research in this area. The aforementioned are discussed in the proceeding paragraphs. Concentration polarization and membrane fouling play a dominant role in the performance of membrane based treatment processes. Based on the research conducted the type of membrane material used has a significant influence on the extent to which these factors influence rejection. Future 
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 research is required on understanding the link between membrane type/structure/composition and concentration polarization and fouling. Based on the promising results obtained in this project on PES, PAN, PVDF and PPSu hollow fiber membranes it is recommended that further modification of these membrane types be investigated.   It is recommended that installation of PPSu and PES hollow fiber membrane modules in membrane bioreactors be investigated for treatment of municipal sewage to produce reusable water. The mechanically robust and solvent resistant nature of PPSu makes it a potentially promising candidate for pre-treatment of seawater and industrial effluents by ultrafiltration. Submerged membrane bioreactor technology conferred robustness to the biological systems studied in this work, enhancing their performances and producing a high quality effluent, free of suspended solids. Therefore, depending on quality standards, the use of submerged membranes would be especially recommended for a wide range of reuse applications. A study can be carried out to compare between the performances of different membrane modules such as hollow fiber, flat sheet and tubular membranes during treatment of effluents. Reverse osmosis is a very efficient process for defluoridation of contaminated groundwater as it works at low pressure and besides fluoride, other contaminants are also effectively removed. However, the treatment of RO reject is a serious issue which needs to be investigated/addressed. Without an effective reject treatment scheme, the RO based defluoridation process would be an incomplete temporary solution since the concentrated fluoride present in the waste stream would go back into the groundwater and contaminate it. It is therefore recommended that research on the treatment of RO reject from defluoridation processes is conducted to ensure this water is not allowed to contaminate water supplies.   
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Appendix 1: Calculation procedures for membrane area requirement, capital and operating costs  Average valency (z) = 1.264 
Average molecular weight (M) = 31.48 Csƒd = 30 kg/m3 = 1.204 keq/m3 Conductivity of feed = 62.6 mS/cm = 6.26 S/m 
Λ = Conductivity / Concentration = 5.196 Sm2/keq Csd = Conductivity (from Table 7.1) / Λ = 0.016 keq/m3 = 0.398 kg/m3 Cs∆ = Csfd – Csd = Csc – Csfc = 1.188 keq/m3    (1) Csc = 240 kg/m3 = 9.636 keq/m3 Csfc = 8.448 keq/m3 =210.398 kg/m3    (2) 
ρA = ρC = 3.5 * 10-4 Ω m2 Q = 1.5 m3/h = 4.17 * 10-4 m3/s 
ζ = 0.75 (assumed) Aeff U = 230.77 Aprac = Aeff / β 
β= 0.75 (assumption for shadow effect varies from 0.6 to 0.9 for most ED stacks) Aprac U = 307.69 = k (constant)           (3) From (Fig. 7.3) a = 1146.42 and b = 0.2488        (4) The number of cell pairs can be related to the linear velocity by the flow rate with the above formula. 
Capital Cost (C.C) = Membrane area x capital cost / m2           
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  The capital cost is obtained by assuming a linear relationship with the membrane area and taking the cost of each m2 of membrane to be equal to US $ Membrane and equipment life assumed= 5 years           (6) The operating cost is taken as only the power utilized in the process neglecting the pumping costs which are much smaller than the cost of process.  The cost of energy was taken to be 0.1 US $/kWh. The optimum linear velocity from the plot is 0.008 m/s. u = 0.008 m/s ilim= 5.5176 A/m2         From Eq. 3 substituting the value of u and Q=1.5 m3/h N = 34.75 ≅ 35 From Eq. 4 Aprac = 13.125 m2 Practical membrane area is calculated as the product of number of cell pairs and area per cell pair.  Aprac = N*Acp U = 247.23 / Aprac = 23.443 V I = 72.4185 A Total current utilized is the product of limiting current density and practical membrane area. Espec = UI/1000*Q = 1.1318 kWh/m3 Specific energy is the total power consumed per m3 of effluent treated. Total Cost (T.C) = C.C+O.C                       (7) The total cost is the sum of capital and operating costs. From (Fig. 7.6) and Eq. 5 C.C = 1,968.75 US $ C.C = 0.029 US $/m3 O.C = 0.113 US $/m3 T.C = 0.143 US $/m3 Chemical cost for membrane cleaning = 0.0005 US $/m3 (Table 7.6)  
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Appendix 2: Economic estimation for concentration of (a) RO reject by Evaporation alone, (b) RO reject by ED + Evaporation  
Evaporation cost: Basis: 1000 kg of water Heat of evaporation Q = mCp∆T + mλ          (8)     =1000*[(1)*60 + 540](assuming inlet temperature, 40 oC)     = 600,000 kcal Steam required for evaporation in single effect evaporator    m = Q/l = 600,000/540         = 1111.11 kg                     Which is uneconomical. Assuming multiple effect evaporation with 4 effects, 1 kg of steam evaporates 2.5 kg of water. 1000 kg of water requires 400 kg of steam Assuming steam cost of 0.01 US $/kg [Evaporator Handbook by APV Americas, Engineered Systems Separation Technologies] Cost of evaporation = 400 * 0.01= 4 US $/m3 of water 
 
(a) Cost of only evaporation process to treat RO Reject: Concentration of solution = 30 kg/m3 Water present in 1m3 of solution = 0.97 m3 
Cost of evaporation = 4 * 0.97 = 3.88 US $/m3 of solution 
 
(b) Cost of integrated process ED and Evaporation to treat RO Reject: ED Process costs = 0.133 US $/m3 (Table 7.6) Solution to be evaporated = 0.125 m3 of concentrate per m3 of effluent treated Concentration of concentrate = 240 kg/m3 Water present in 0.125 m3 of solution = 0.76 * 0.125 = 0.095 m3 Cost of evaporation = 4 * 0.095 = 0.38 US $/m3 of effluent treated 
Integrated Process cost = (Pretreatment and ED process) + evaporation 
cost =  
         = (0.04 + 0.133) + 0.38 = 0.55 US $/m3 
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 Economy of the process = 3.88 – 0.55 = 3.33 US $/m3 of textile RO reject treated Effluent treated per day = 1.5 m3/h * 18 = 27 m3/day (Assuming working period 18 h/day) Capital cost of ED unit = 4034.75 US $ (Table 7.6) Capital cost of multiple effect evaporator with 4 effects = 5,820 US $, calculation based on 18 h operation and at feed rate of 1.5 m3/h as per literature [Evaporator Handbook by APV Americas, Engineered Systems Separation Technologies]. Total capital cost = capital cost of ED + capital cost of 4 effect multiple evaporator      = 4034.75 + 5820 = 9854.75 US $ Number of days for capital recovery = Total capital cost (of ED + Evaporator) / (Economy per m3 of effluent treated * Effluent treated per day)    = 9854.75 / (3.33 x 27)          = 109.6  
≅ 110 days     
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a  b  s  t  r  a  c  t
Submerged  membrane  bioreactor  (SMBR)  is  a relatively  advanced  technology  for  waste  water  treat-
ment  that  involves  integrated  aerobic  and  anaerobic  biological  processes  with  membrane  filtration.  In
the  present  investigation,  hydrophobic  polyvinylidene  fluoride  (PVDF)  and  hydrophilic  polyacrylonitrile
(PAN)  hollow  fiber (HF)  membranes  were  tested  in  an  indigenously  fabricated  SMBR  for  dairy  effluent
treatment  under  aerobic  conditions  using  mixed  microbial  consortia.  Effect  of operating  parameters  such
as suction  pressure,  degree  of  aeration  and  trans-membrane  pressure  (TMP)  on  membrane  performance
in  terms  of flux,  rejection  of  turbidity,  BOD  and  COD besides  fouling  characteristics  was  investigated.
The  observed  optimum  permeabilities  of PVDF  and  PAN  HF  membranes  were  approximately  108  and
115  LMH bar−1 with  high  extent  of  impurity  removal.  The rejection  of  COD  was  found  to  be  93% for  PVDF
and  91%  for  PAN  HF  membranes  whereas  corresponding  rejection  of  BOD  was  observed  to be 92% and
86%.  A  two-dimensional  comprehensive  model  was  developed  to  predict  the hydrodynamic  profile  inside
the module.  Regression  analysis  revealed  that  the  simulation  results  agreed  well  with experimental  data.
© 2014  Elsevier  B.V.  All  rights  reserved.
1. Introduction
Dairy industries produce a variety of waste such as aqueous
effluents and solid waste that contain significant quantities of
biochemical oxygen demand (BOD) and chemical oxygen demand
(COD), high levels of dissolved or suspended solids including
fats, oils and grease, nutrients such as ammonia or minerals and
phosphates [1]. The effluents that are produced require treatment
before they are discharged into water bodies. This is usually done
using conventional processes such as double stage activated sludge
∗ Corresponding author. Tel.: +91 040 27191394; fax: +91 040 27193626.
E-mail address: sridhar11in@yahoo.com (S. S).
process, anoxic/oxic treatment, oxic-settling-anoxic treatment.
To comply with more stringent permissible discharge standards,
the aforementioned processes have however become increasingly
expensive. The increased costs associated with conventional
processes have led to interest in alternative technologies that can
enable the effluent water to be reused [2–4]. One technology that
has the potential for more efficient treatment of dairy effluent is
membrane bioreactor (MBR) process.
MBR  technology is a potentially viable, efficient and cost
effective process with a wide range of applications in the areas
of food, pharmaceutical, chemicals and biotechnology. Significant
benefits of MBR  over conventional filtration processes include
complete retention of particulate matter, low discharge rate of
total suspended solids (TSS), automated operation, good control
http://dx.doi.org/10.1016/j.jhazmat.2014.04.030
0304-3894/© 2014 Elsevier B.V. All rights reserved.
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Nomenclature
v velocity of the fluid (m s−1)
G external channel subdomain
Ri internal channel subdomain
D thickness of the fluid envelope (m)
K intrinsic permeability (m2)
w membrane or porous subdomain
P pressure (bar)
Rext external radius (m)
Rint internal radius (m)
P transmembrane pressure (Pa or bar)
 interfacial tension (N m−1)
r radius of cylindrical pore (m)
ϕ packing density
∈ porosity of the porous medium
eff effective viscosity (Pa s)
 dynamic fluid viscosity (Pa s)
of biological activity, high quality effluent free of bacteria and
pathogens, smaller plant size, and higher organic loading rates
[5–7]. MBR  combines both biological treatment of effluent and
clarification by submerged low pressure polymeric ultrafiltration
(UF) membranes. A MBR  can be classified based on the type of
membrane separation process used: this can be done either by
pressure-driven filtration in side-stream MBRs or with vacuum-
driven membranes immersed directly into the bioreactor in
submerged MBRs. Submerged or side-stream can be operated
under aerobic or anaerobic conditions [8–10]. The reduced energy
consumption is a major advantage that can be achieved using a
submerged MBR  compared to a side-stream MBR  [9].
In recent years, MBR  technology has gained unprecedented pop-
ularity in the field of wastewater treatment. However, one of the
major obstacles for its widespread application is membrane fouling,
which could cause severe loss of membrane permeability and thus
an increase in energy consumption. Many researchers have focused
on factors affecting the process performance which mostly include
conventional factors such as biological and reactor kinetic param-
eters but very few on membrane performance parameters such
as nature of membrane material (hydrophobic/hydrophilic), pore
size and distribution, life span, water flux and impurity rejection
[11,12].
Accordingly, it is necessary to use Computational Fluid Dynam-
ics (CFD) approach for evaluating the hydrodynamics within the
module. The few experimental and theoretical studies available in
the literature visualize fluid flow phenomena within the membrane
reactor to optimize process parameters for scale-up. Liu et al. [13]
reported particle image velocimetry (PIV) technique to investigate
hydrodynamic characteristics inside the membrane reactor. Chang
et al. [14] experimentally investigated the effect of fiber diameter
on filtration flux. Yoon et al. [15] optimized design parameters of
vertically mounted submerged hollow fiber (HF) module. Nassehi
et al. [16] coupled Navier–Stokes and Darcy equations together to
illustrate the flow field in crossflow membrane filtration. Wang
et al. [17] and Garakani et al. [18] reported CFD approach to simulate
submerged and airlift MBRs.
In the present work, the performance of SMBR in treating
dairy effluent was investigated using a laboratory-scale setup
for a hydraulic retention time (HRT) of 10 h and a mixed liquor
suspended solids (MLSS) concentration of approximately 5 g L−1.
Experiments were conducted on this MBR  containing 100 L feed
sample and 0.07 m2 area of PVDF or PAN HF membrane modules.
A study was conducted to compare the efficiency of hydrophobic
PVDF and hydrophilic PAN membranes under aerobic conditions
using mixed microbial consortia. The efficiency of COD and BOD
removal, turbidity, TSS, pH was studied in order to investigate the
system performance. The effect of different parameters such as suc-
tion pressure, air blowing rate and chemical cleaning on membrane
fouling is discussed. A CFD based hydrodynamic simulation has
been included in order to understand the operational performance
of the module under different parametric conditions. The simula-
tion study has been performed on a perfectly regular cylindrical
unit cell using Happel’s free surface model [19–22].
2. Materials and methods
2.1. Materials
Dimethyl formamide (DMF) and n-methyl-2-pyrrolidone (NMP)
solvents, which are relatively environmentally benign, were
procured from s.d. fine chemicals, Mumbai, India, polyvinylidene-
fluoride (PVDF) and polyacrylonitrile (PAN) were supplied by
Permionics Membranes Pvt. Ltd., Vadodara and Techno Orbital,
Kanpur, India, respectively. Sigma–Aldrich grade polyethylenegly-
col (PEG) and dextran were used for estimation of molecular weight
cut-off (MWCO) of synthesized membranes. Deionized water for
bore fluid was  prepared in-house using the laboratory reverse
osmosis (RO) system and tap water was  used for gelation of HF
membranes. Nutrient Broth, Nutrient Agar, Eosin Methylene Blue
(EMB) Agar, McConkey Agar, Mannitol Agar were purchased from
Hi-Media Chemicals, Mumbai, India. Soil sample, the source of
inoculum was collected from Indian Institute of Chemical Tech-
nology (IICT), Hyderabad, India. Dairy effluent was collected from
Vijaya Dairy Industries Pvt. Ltd., Hyderabad, India.
2.2. Hollow fiber spinning process
HF membranes were spun at room temperature (25–30 ◦C) by
employing dry wet  spinning technique. The spinning solutions
were prepared separately from 18 wt% PVDF and PAN in DMF
and NMP, respectively. The polymers were dissolved in respec-
tive solvents and stirred at approximately 60 ◦C for about 12–15 h
to ensure complete dissolution of the polymer. It was  ensured
that the prepared polymer dopes were transparent and homoge-
nous at room temperature (±25 ◦C) and the mixtures were then
degassed overnight after charging into the reservoir and forced to
the spinneret using pressurized nitrogen. The dope solution and
the internal coagulant liquid were then forced through a tube-
in-orifice spinneret; in such a manner that the polymer solution
flowed through a ring nozzle while the coagulating fluid was fed
through the inner tube [23]. Fig. 1 shows the process of the HF
spinning method. The polymer solution was directly extruded into
a coagulation bath at an air gap of 13 cm.  Spinning conditions
were kept constant as follows: the pressure applied on the spin-
ning solution was  about 3 bar and bore liquid flow rate was  kept
constant at 6.0 mL  min−1. After spinning, HF was  drawn out from
the coagulation bath by a pulling motor at a speed of 30 revolu-
tions per second (rps). The fibers were collected in a take-up drum
and immersed in ethanol solution for about 24 h to replace water
in membrane pores with ethanol that possesses a lower surface
tension [24,25].
2.3. Fabrication of HF membrane module
The ‘U’ shaped twisted HF bundle made from hollow fibers pos-
sessing effective length of 60 cm each was introduced into the UPVC
tube of 3.81 cm diameter and 30.48 cm length with one end potted
by epoxy resin. A nylon rod was  used for making end caps with pro-
vision for tube-side permeate flow through one end. The internal
diameters of both PVDF and PAN HF membranes were 1.0 mm as
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Fig. 1. Schematic diagram of hollow fiber spinning process.
measured using scanning electron microscopy (SEM) cross-section
images, with a precision of ±0.1 m,  at 10 different spots. The wall
thicknesses and effective area of both the membranes were found
to be 0.25 mm and 0.07 m2 respectively. The polymer tests, to deter-
mine the molecular weight cut off (MWCO) of the membranes were
performed with 0.3 g L−1 solutions of PEG and dextran. While PEG
samples used to prepare the standard solutions were of 6, 10, 20, 40
and 108 kDa molecular weights, dextran samples that were tested
had molecular weights of 6, 40, 70 and 100 kDa.
2.4. Membrane characterization by scanning electron microscopy
(SEM)
SEM is a powerful technique for analyzing the structure of the
membranes. The cross-section and surface of the PVDF and PAN
membranes prepared were examined by software controlled digital
Scanning Electron Microscope Model 3400N, Hitachi, Japan. The
dry HF membrane samples were fractured after being immersed in
liquid nitrogen.
2.5. Membrane pore size determination
The water permeability test determines the mean pore diameter
d (m)  using Hagen–Poiseuille equation [26]:
d = 2
√
8xM
Ak
(1)
where  is the water viscosity (kg m−1 s−1), x  is the membrane
thickness (m), Ak is the membrane porosity determined by weigh-
ing the dry and wet samples, and M is the membrane permeability
(LMH bar−1).
2.5.1. Liquid–Liquid porosimetry
The pore size of the membrane was determined by liquid–liquid
porosimetry. In this study, isopropanol was used as the wetting
liquid and a mixture of isopropanol and water (1/1, v/v) was  used
as the instruction fluid. The water flow rate through isopropanol
wet membrane was  calculated as a function of the TMP, whose
data was  analyzed using cantor [27] (Eq. (2)).
P  = 2
r
(2)
where P  is TMP  (bar),  is interfacial tension between isopropanol
(N m−1) and water, r is radius of cylindrical pore (m).
2.6. Characterization of dairy industrial effluent
The dairy effluent sample was collected from M/s  Vijaya Dairy
Industries, Hyderabad, India. The typical characteristic of the raw
effluent is listed in Table 1 by averaging three samples at different
times.
2.7. Preparation of inoculums
The source of inoculum was garden soil sample. About 5 g of
soil sample was collected from garden and was inoculated into
nutrient broth. The inoculated broth was  incubated for 48 h under
aerobic conditions for the growth of mixed microbial flora, which
is called mother culture. The agar slants were prepared from pre-
served mother culture.
2.8. Experimental setup
Fig. 2 represents the schematic diagram of the experimental
model of MBR  with 100 L feed capacity. The reactor was submerged
Table 1
Characteristics of dairy industrial effluent.
S. No. Parameter Concentration/value
1 pH 7.8 (±2)
2 TDS (ppm) 1100 (±200)
3 TSS (mg L−1) 398 (±100)
4 Turbidity (NTU) 270 (±50)
5  BOD (mg  L−1) 372 (±50)
6 COD (mg L−1) 880 (±100)
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Fig. 2. Schematic diagram of submerged membrane bioreactor.
with a HF membrane module and the flow line was connected
to a vacuum pump to draw the permeate as final treated efflu-
ent. The dairy effluent (feed) was taken into the reactor to which
5% of mixed microbial flora was added and oxygen was  supplied
for aerobic digestion [28]. Modules fabricated from PAN and PVDF
HF membranes synthesized in the laboratory were used for efflu-
ent clarification. The filtration unit was operated in batch mode
at room temperature (30 ± 3 ◦C) with TMP  varying in the range of
0.2–0.8 bar. The operational parameters of aerobic MBR  are listed
in Table 2. The water level in the bioreactor was  maintained con-
stant in order to keep the hydraulic retention time (HRT) at a value
of 10 h. Continuous coarse bubble aeration by stone air diffuser
was applied to promote local cross-flow velocity along the mem-
brane surface and to simultaneously produce enhanced dissolved
oxygen (DO) content required for the biomass present in the reac-
tor. The average concentration of biomass during operation was
5025 mg  of mixed liquor suspended solids (MLSS) per L and DO
was at a level between 0.5 and 1 mg  L−1 [29–31]. The MLSS and
DO concentrations were measured at regular intervals during the
unit operation. Low extent of biomass growth was observed during
the unit operation with an average yield (in 4 h) around 0.08 g of
volatile suspended solids (vss) per g of COD removed [32]. Though
the initial experimental values show low extent of biomass growth,
the microbial consortium gets adapted to the feed over the period
of time (10 h) that is reflected by gradual formation of highly tur-
bid solution in the bioreactor [33]. The optical density of the final
biomass medium was too high to detect and hence not discussed
in this study.
2.9. Sampling and analytical methods
The performance of the MBR  system was assessed by monitoring
both water quantity and quality under various operating condi-
tions. The rate and extent of membrane fouling were quantified by
determining permeate flux at constant suction pressure. A variety
Table 2
Operational parameters of bench scale aerobic MBR.
Parameter Value
pH 7.8
Temperature (◦C) 30 ± 3
Hydraulic retention time (HRT) (h) 10
Mixed liquor suspended solids (g L−1) 5
Membrane area (m2) 0.07
Flux (L m−2 h−1) 45–65
PVDF membrane pore size (m) 0.0065
PAN membrane pore size (m) 0.007
Aeration rate (L min−1) 20
of water quality parameters were measured for the permeate water
produced by MBR  system.
The feed and permeate samples were analyzed at regular inter-
vals for total dissolved solids (TDS), COD, BOD, and TSS according
to APHA methods [34,35]. Turbidity was evaluated by using a
HACH Make Colorimeter (DR/890). The conductivity and pH of
above samples was  determined using digital conductivity (Model
DCM-900, Global Electronics, Hyderabad, India) and pH (Model
DPH-504, Global Electronics) meters. COD and BOD levels were
determined by closed reflux titrimetric method and modified Win-
kler’s method, respectively. MLSS concentration was  assessed by
weighing a sample after filtering with GF/C filter and drying for an
hour at 105 ◦C.
2.9.1. Permeate flux (J)
Permeate volume was measured during the separation process
which was  divided by the product of effective membrane area and
sampling time (Eq. (3)):
J = V
A × T (3)
where J represents permeate flux (LMH), V stands for permeate
volume collected (L), A is membrane area (m2) and T is operation
time (h).
2.9.2. Rejection efficiency
This is another factor by which the separation performance of
the membrane can be rated. The performance of the membrane is
denoted in terms of rejection of turbidity. The rejection % is calcu-
lated using the following Eq. (4),
R =
[
1 − Cp
Cf
]
× 100 (4)
where R is percentage of rejection, Cp is concentration of the solute
in permeate (mg  L−1), Cf is concentration of the solute in feed
(mg  L−1).
2.10. Membrane fouling and its prevention
In general, fouling of membranes is caused by suspended solids,
inorganic salts, microbes and organic compounds present in the
feed water that accumulate either on the membrane surface or
within the pores. The membrane modules were removed out
from the reactor and cleaned at regular intervals of 100 min  each
by chemical cleaning followed by backwashing with water at
0.2 bar pressure. Chemical cleaning was performed by treating
with 1.5 wt% sodium hypochlorite for disinfection, 1 wt%  sodium
hydroxide for removal of organics and 1.5 wt% citric acid to get rid
of inorganic deposits for 15 min. Backwashing with tap water was
feasible due to self supporting structure of the hollow fibers and
found to be useful in restoration of flux and rejection.
2.11. Hydrodynamic analysis inside the MBR  module
2.11.1. Specification of computational domain and boundary
conditions
The geometry of the computational domain was drawn using the
commercially available finite element code COMSOL multi-physics
to find out the hydrodynamics inside the submerged HF membrane
module. The basic principle of the model is described in Fig. 3(a) and
(b), whereas Fig. 3(c) represents the detailed meshed geometry of
HF membrane modules, which were cylindrical in shape. The geom-
etry of the membrane was drawn using the specific dimensions of
the real module. The length of the fiber was taken as 0.003 m for
computational domain. The geometric domain consists of a single
fiber surrounded by fluid layer. The axisymmetric and symmetric
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Fig. 3. Computational domain of the hollow fiber module.
boundary conditions were chosen as applicable. A uniform pressure
condition has been applied at the inlet, which is perpendicular to
the flow direction inside the HF. No slip condition has been assumed
for all porous and nonporous walls. Due to low permeability, the
slip velocity at the interface can be neglected (i.e. the aspect ratio
between the pore diameter and the height of the channel is small)
[20]. The non-uniform mesh conditions were applied at the internal
and external channel. Moreover, at the membrane interface higher
cell density was applied.
The packing density of both PVDF and PAN HF modules was
0.4, which is defined as the ratio of total surface area to the cross-
section of the membrane module. The packing density is defined
by the following Eq. (5) [20].
ϕ = R
2
ext
2
√
3(Rext + G)2
(5)
Rext = Rint + w (6)
where ϕ is packing density, Rint and Rext are the internal and external
radii of the HF membrane respectively, G is the thickness of the
outer fluid envelop and w represents the membrane thickness. The
packing density of the module is increased along with the number
of hollow fibers at a fixed length and external diameter of fiber [36].
The major assumptions of this model are as follows:
• Each HF of the module has same efficiency of filtration
• A no-slip velocity condition was assumed for all solid surfaces
A uniform pressure condition (0.2–0.8 bar) was  applied at the
inlet, which is perpendicular to the flow while at the outlet the pres-
sure was set to be zero. Fig. 3(b) provides the computational domain
of the HF membrane module, the detailed boundary conditions of
the system at the time of filtration were set as follows:
At, z = 0 m,  P = 0.2–0.8 bar and z = 0.003 m,  P = 0 bar.
2.11.2. Governing equations
2.11.2.1. Single phase flow. Assuming the fluid to be incompress-
ible, stationary and laminar in the fluid channels of sub-domains
1 and 3, the steady state continuity and momentum balance equa-
tions were written as:
∇ · v = 0 (7)
(v · ∇)v = −∇P + ∇2v (8)
where v is velocity of the fluid (m s−1), P is pressure (Pa) and  is
dynamic viscosity (Pa s).
The Darcy Brinkman model was  used to solve the flow in
the porous medium (sub-domain 2). The equation of the Darcy
Brinkman model is given below:
∇P = −
k
v + eff ∇2v (9)
∇ · v = 0 (10)
where eff is effective viscosity (Pa s) defined as /∈, in which ∈
refers to porosity of the medium in sub-domain 2 and k represents
intrinsic permeability (m2) of the HF membrane module.
2.11.2.2. Multiphase flow. To visualize the effect of gas sparging on
flux, bubbly flow model has introduced at sub-domain 3 which is
based on Euler–Euler model. This macroscopic two-phase fluid flow
helps to visualize the volume fraction occupied by each of the two
phases. The equation for this model is given below:
ϕ11
ıu1
ıt
+ ϕ11u1 · ∇u1 = −∇p + ∇ · [ϕ11(∇u1 + ∇uT1)] + ϕ11g
(11)
where ϕ1 represents the volume fraction of the liquid phase, 1
the liquid’s density (kg m−3), u1 the liquid phase velocity (m s−1),
p the pressure (Pa), 1 the liquid’s dynamic viscosity (Pa s) and g
the gravity vector (m s−2). For gas phase transport the following
equation was  used:
∂gϕg
ıt
+ ∇ · (ϕggug) = 0 (12)
where ug is the gas phase velocity (m s−1), g is the gas density
(kg m−3) and ϕg gives the volume fraction of the gas.
The numerical solver of UMFPACK was  applied as a direct solver
which is appropriate for numerical solution of stiff and non-stiff
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nonlinear boundary value problems. The simulation time on an
average was about 620 and 912 s, respectively. The simulation
study was carried out on a standard PC-based system with the fol-
lowing features: Intel (R) core TM 2 Duo CPU at 2.00 GHz, 2 GB RAM,
160 GB HDD, MicrosoftÒ Windows 7 (32 Bit) OS.
3. Results and discussion
3.1. Characterization of inoculums
The aerobic mixed microbial flora used in experiments were
characterized by inoculation tests conducted in four different
media such as; Nutrient Agar, McConkey Agar, Mannitol Agar
and Eosin Methylene Blue (EMB). The microbial colonies present
in the aerobic mixed microbial flora were identified as Bacillus,
Staphylococcus, Enterobacter, Pseudomonas, Proteus,  Escherichia coli,
Salmonella, Shigella and Klebsiella.
3.2. Characterization of PVDF and PAN hollow fiber membranes
Fig. 4 displays SEM images of PVDF and PAN HF membranes,
respectively. Fig. 4(a) and (c) represents cross-sectional images of
PVDF and PAN, which reveal the wall thickness of the fibers to
be mostly asymmetric with a relatively tight porous skin layer.
These images also reveal at higher magnification of 2000 that the
walls do have a porous substructure with presence of voids near
the inner and outer edges. This can be attributed to the pene-
tration of bore fluid and external coagulant from the inner and
outer surfaces of the membrane during the phase inversion pro-
cess. The surface morphology of PVDF and PAN membranes given
in Fig. 4(b) and (d) represents the presence of ultrafine pores dis-
tributed uniformly across the membrane. SEM images of PVDF
and PAN membranes made with varying polymer concentration
(not shown here) revealed an increasing amount of macrovoids in
the porous substructure at lower polymer concentrations. A closer
examination of the outer edge of both PVDF and PAN membranes
reveals that outer surface of these membranes was denser than
inner surface due to air gap distance between the point of extru-
sion and the position of submersion in water leading to delayed
phase separation [37]. Surface roughness of PVDF membrane was
observed to be more than PAN membrane, which is attributed to
higher crystallinity of the former.
Based on water permeability test and liquid–liquid porosimetry
method, The MWCO  of PVDF and PAN HF membranes was  found to
be approximately 50 and 60 kDa, respectively, which correspond
to pore size of 0.0065 and 0.007 m, respectively which fall in the
middle of UF membrane range which is between 0.001 and 0.1 m
diameter.
3.3. Treatment of dairy effluent
The results obtained for the treatment of dairy effluent (COD,
BOD and turbidity) using a MBR  containing either PVDF or PAN
HF membrane, are shown in Figs. 5–7, respectively. Tests were
repeated over a period of 5 days to investigate any variation in
results/membrane performance. The results from these tests are
summarized in Table 3.
Fig. 4. SEM images of (a and c) cross-sections and (b and d) surfaces of PVDF and PAN hollow fiber membranes.
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Fig. 5. COD removal efficiencies of (a and b) PVDF HF membrane and (c and d) PAN HF membrane.
Fig. 6. Extent of BOD removal exhibited by (a) PVDF and (b) PAN membrane.
The graphs in Figs. 5–7 illustrate the extent of removal of COD,
BOD and turbidity by both membrane and microbial activity in the
bioreactor. This is explained on the basis of performing trial without
incorporation of membrane which in the reactor, revealed partial
removal of COD and turbidity. Upon applying suction through the
submerged membrane in a second step, the impurity levels were
found to reduce further.
The extent of COD removal from dairy effluent observed for
an experimental run of 24 h is exhibited by Fig. 5(a), (b) and (c),
(d) for PVDF and PAN HF membranes, respectively. COD grad-
ually reduced from approximately 264 mg  L−1 to 44.6 mg  L−1 in
permeate for PVDF with 94.9% rejection and to 89 mg  L−1 in case
of PAN indicating 89.9% rejection. Fig. 5(a) and (c) illustrates COD
rejection by PVDF and PAN membranes which have shown approx-
imately 75% rejection of COD and BOD in less than 10 h HRT and
the same attained 90% after HRT, due to the influence of the mem-
brane.
Similarly, the % removal of BOD from the dairy effluent with
time for both PVDF and PAN are described in Fig. 6(a) and (b). BOD
decreased from 372 to a value as low as 6.4 mg L−1 with 98.3% rejec-
tion for PVDF, whereas in case of PAN the rejection was found to
be 96.9% due to reduction of BOD from 372 to 11.4 mg  L−1. After
10 h HRT, membrane exhibited improved rejection of COD and
Table 3
Summary of the performance of bench scale aerobic MBR.
Parameters Feed Permeate Rejection (%)
pH 7.8 7.2 –
TSS  (mg  L−1) 398 1 99.7
Turbidity (NTU) 270 1 99.6
COD 880 ∼40 95.4
BOD 372 ∼5 98.6
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Fig. 7. Rejection of turbidity by (a) PAN and (b) PVDF membranes.
BOD when compared to initial time of operation. In addition, the
rejection of turbidity for PVDF and PAN membranes was found
to be 99.7% and 99.4%, respectively after 14 h as shown in Fig. 7.
Rejection of turbidity for both membranes enhanced by another
2% from initial startup to ending time of operation which could
be attributed to cake layer formation over membrane with time.
From the experimental results, it can be concluded that PVDF shows
relatively higher rejection of COD, BOD and turbidity than PAN.
This is due to the highly hydrophobic nature of PVDF HF mem-
brane.
3.4. Fouling studies
Changes in permeate flux with time during the membrane
filtration of dairy effluent was studied with manually devel-
oped PVDF and PAN HF membrane modules. It was  observed
that the permeate flux initially declined and reached a steady
state after approximately 300 min  of operation (Fig. 8). The afore-
mentioned is consistent with blocking of the small pores in
the membranes. Studies were also conducted on the influence
of TMP, air scouring and chemical cleaning on membrane foul-
ing/performance.
3.4.1. Effect of TMP
Fig. 9(a) and (b) shows the effects of TMP  on transient flux for a
MBR  containing PAN and PVDF membranes wherein TMP  was var-
ied by changing the permeate pressure/suction rate. A manometer
was incorporated between the membrane module and the suction
pump to monitor the TMP. The variation of permeabilities of PAN
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Fig. 8. Variation of flux with time.
and PVDF membranes with time can be observed from Fig. 9(a)
and (b). Flux for systems operating under higher TMP  did how-
ever drop significantly during the initial period of testing most
likely due to thickness and compactness of the cake layer formed
more rapidly due to deposition of increasing quantities of par-
ticulates/solids rejected by the membrane [38,39]. Moreover, the
cake layer was  compressed at high TMP  due to drag force induced
by the high permeate flow. Previous studies have also demon-
strated the significance of operating pressure on fouling of MBR
system. Kawasaki et al. [40] reported that the initial TMP  has a
greater influence on membrane fouling than microbial concentra-
tion. According to Wicaksana et al. [41], the fouling does not occur at
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Fig. 9. Effect of suction pressure on flux for (a) PAN and (b) PVDF membrane.
308 P. K et al. / Journal of Hazardous Materials 274 (2014) 300–313
60
61
62
63
64
65
66
67
68
69
70
71
0 10 0 20 0 30 0 40 0 500
F
lu
x
 (
L
M
H
)
Time (min)
(a)
(b)
10 L/min
20 L/min
30 L/min
57
58
59
60
61
62
63
64
65
66
67
68
0 10 0 20 0 30 0 40 0 500
F
lu
x
 (
L
M
H
)
Time (min)
10 L/min
20 L/min
30 L/min
Fig. 10. Effect of air blowing flow rate on permeate flux for (a) PAN and (b) PVDF
membrane at 0.4 bar.
or below the critical flux value. The critical flux value was  evaluated
by gradually increasing the permeate flux value at every 60 min
of operating time, while monitoring changes in trans-membrane
pressure (TMP). The critical flux was recorded as the one at which a
substantial change in TMP  was observed, which was  on an average
determined to be 69 LMH for PAN and 65 LMH  in case of PVDF [42].
Based on the significant influence of TMP  it is important to oper-
ate the submerged MBR  below a critical initial flux [39,42]. If an
increase in TMP  causes an initial flux crossing over the critical flux,
it results in severe fouling. Consequently, operating at optimum
pressure is the key factor to minimize membrane fouling.
3.4.2. Effect of air scouring
In a typical submerged MBR, shear stress on the deposited cake
layer is achieved through upward blowing of air bubbles. A flat
round disk stone air aerator of diffuser pore size 1 mm producing
bubbles of size varying between 5 and 10 mm was employed during
experiments. The trials were repeated at air blowing rates 10, 20
and 30 L min−1 for each membrane module for which, the Dissolved
oxygen (DO) concentrations were found to be 0.25–0.8 mg  L−1,
0.5–1 mg  L−1 and 1–2 mg  L−1, respectively. Fig. 10(a) and (b) shows
the influence of air blowing rates of 10, 20 and 30 L min−1 on per-
meate flux in the MBR  system. As expected, flux varied significantly
with rate of air blowing due to reduction in concentration polariza-
tion and rate of cake layer formation. This observation is attributed
to an increase in back transport of foulants from the membrane
surface by shearing stress at higher aeration rates [40,43]. From the
results obtained, 20 L min−1 air blowing rate would most likely be
the optimum choice when compared to 10 and 30 L min−1 as after
approximately 400 min  of operation the drop in permeate flux was
low and stabilized. It has been reported previously that increasing
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Fig. 11. Effect of (a) chemical washing and (b) back washing on flux.
the air blowing rate for fouling control could result in an oversupply
of DO causing poor de-nitrification [40].
3.4.3. Membrane cleaning
Membrane cleaning was carried out at regular time intervals
using chemical and/or water backwashing performed outside the
reactor in order to prevent cake formation and restore flux. Time
intervals for estimating cleaning frequency depend on the accept-
able flux value that could be maintained until significant fouling
brought the flux down to a value below the sub-critical range.
Fig. 11(a) and (b) shows the effects of chemical cleaning and back-
washing on flux recovery at a trans-membrane pressure (TMP)
gradient of 0.2 bar. From the results presented in Fig. 11(a) and
(b) it can be seen that after the first chemical washing post ini-
tial 100 min  of operation, the flux increased from 70.8 to 74.2 LMH
for PAN and from 66.7 to 69.1 LMH  for PVDF membrane mod-
ules. The aforementioned flux recoveries were very close to the
initial fluxes of 75.1 (PAN) and 70.2 LMH  (PVDF). Backwashing of
the membranes (Fig. 11(b)) gave significantly lower flux recover-
ies compared to chemical washing. For maximum restoration of
performance, a combination of chemical cleaning followed by back
flushing with water was  carried out at regular time intervals of
100 min  each.
3.5. Hydrodynamic simulation
3.5.1. Velocity distribution inside the membrane module
The surface velocity profiles for PAN and PVDF membranes at
the time of experimental runs are shown in Figs. 12 and 13 for
single and multiphase models, respectively. Fig. 12(a), (c) and (d),
(f) represent the velocity profiles in internal and external channels
of unit PAN and PVDF HF membranes for four different sections,
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Fig. 12. Velocity profiles in the internal channel and external channel of the PAN (a and c) and PVDF (d and f) HF membranes (arrows are representing the direction of flow
of  dairy effluent from shell side to tube side for PAN (b) and PVDF (e)) at TMP 0.8 bar considering single phase flow.
respectively. Additionally, the arrows in Fig. 12(b) and (e) clearly
establish the direction of flow inside PAN and PVDF membranes
for shell-side filtration. As expected, the maximum velocity was
found to be at the lumen side for both the membranes. The velocity
inside the PAN was higher than PVDF which can be attributed to
the hydrophilic nature of PAN polymer. It is to be noted that the z
velocity profiles at internal and external channels in the unit cell for
both the membranes in all four sections were found to be parabolic
(Fig. 12). This profile is similar to the velocity profile obtained for
fully developed laminar flow in a channel in the absence of wall
suction or injection. Various studies have been done for fluid flow
in channels with wall suction or injection. The profile was  found
to be exactly parabolic, since the Reynolds number in such case is
generally lower than 0.01 [20,44,45]. Similarly Fig. 13 represents
the z velocity profile inside the lumen and shell side considering
presence of gas sparging for both the membranes. The disturbance
on the velocity profile of the external channel for PAN (Fig. 13(b))
and PVDF (Fig. 13(d)) due to gas sparging can be compared with
multiphase flow profile (Fig. 13(c) and (d)). However, its effect on
lumen side flow profile (Fig. 13(a) and (c)) and membrane flux is
not profound. Thus, it can be concluded that gas sparging does not
affect flux but only changes the flow profile at the external region
that enables reduced concentration polarization on the membrane
surface and facilitates constant membrane flux.
Fig. 14(a) and (b) depicts gas velocity profile within the channel
with 20 L min−1 gas sparging rate for both membrane types. Gas
velocities induce a local shear effect to reduce the concentration
polarization. Fig. 15(a) and (b) represents velocity profiles in lumen
side of a unit cell during backwashing at a TMP  of 0.2 bar for the
four different sections. The figures clearly establish the existence
of similar parabolic velocity profiles which agree well with previous
studies [20].
3.5.2. Model validation
In this section, the flux from the studied SMBR systems is com-
pared with values obtained from simulations based on Happel’s free
surface model. Fig. 16 clearly illustrates the variation of filtration
flux with packing densities and experimental data validation for
both PAN (Fig. 16(a)) and PVDF (Fig. 16(b)) membranes at 0.6 bar
TMP. The packing density induces longitudinal variation of filtra-
tion velocity along the fiber length [20]. For both simulated and
experimental results, flux values decreased with increasing packing
density. For example, at TMP  of 0.6 bar, the % error in flux between
simulated data and experimental data was  found to be only 0.02 for
PAN and just 0.014 for PVDF HF membrane for a packing density of
0.4. Fig. 17 shows good agreement between theoretical and exper-
imental results at different TMPs. Flux was  found to be increasing
with increasing TMP  as expected. For example, at 0.4 bar pressure
the experimental value of flux for PAN membrane was 64.5 LMH,
whereas the simulated value was  a little higher at 65.3 LMH. Sim-
ilarly the error in flux for PVDF membrane for the same condition
was found to be <0.03%. The predicted permeate fluxes were found
to be greater than experimental values for different pressures and
packing densities. This is because the flow was  considered as single
phase and the effect of concentration polarization and fouling were
neglected during simulation.
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Fig. 13. Velocity profiles in the internal and external channel of PAN (a and c) and PVDF (d and f) membranes at 0.8 bar TMP  for multiphase flow.
3.6. Cost estimation
Capital and operational costs were evaluated based on pricing
information obtained from manufactures or on the basis of costs
provided by end-users for accessories employed in industrial scale
MBRs [46]. A net design flux of 40 LMH  was used for calculating
membrane area, while the maximum sustainable flux was  assumed
to be 40% higher, i.e. 56 LMH, which can be considered conserva-
tive based on literature values [47]. HF membranes synthesized
by manual spinning machine were assumed to cost US$ 60 m−2.
Reactor tank cost was assumed to be US$ 230 m−3 of tank volume
[48]. To size the membrane air diffuser, specific aeration demand
in m3 h−1 of air flow rate and m2 of membrane area (SADm) were
calculated at an optimum air flow rate of 20 LPM (1.176 m3 h−1)
and found to be 16.8 N m3 m−2 h−1. One agitator was assigned for
every 450 m3 of reactor tank volume. Costs of land, civil engineer-
ing, electrical equipment and construction were excluded for being
location specific.
Operating costs were determined on the basis of energy
demand, sludge disposal and chemical usage for membrane main-
tenance. Type of aerator and effect of MLSS concentration on
oxygen transfer was estimated using the dedicated aeration model
of Maere et al. [48] as well as literature findings [49,50]. Based on
values obtained by practically measured values in literature and
data from manufactures, 0.025 kWh  N m−3 air was assumed as the
aeration energy demand. The energy requirement for permeate
pumping, backwashing, internal recirculation and sludge pumping
was determined from the expression of Maere et al. [48] and deter-
mined to be 0.04 kWh  m−3 assuming a pump efficiency of 60%.
A typical mixing power requirement of 8 W m−3 of reactor tank
volume was assumed [51]. Table 4 provides capital and operating
costs of SMBR system for treatment of dairy industrial effluent. The
total specific operation cost of SMBR was  estimated to be approx-
imately 0.175 US $ m−3. From literature [46–51], the total specific
operation cost of SMBR using tubular membrane module is as high
as 0.39 US $ m−3, whereas for flat sheet membranes it is lower at
0.21 US $ m−3. Specific total capital cost of SMBR installed with HF
membrane is calculated to be 0.41 US $ m−3, whereas for tubular
membrane it is 0.37 and in case of flat sheet membrane, 0.49 US
$ m−3 [46–51].
Table 4
Capital and operating costs of SMBR.
Units Value/Cost
Capital cost
HF membrane cost US $ m−2 60
Reactor tank cost US $ m−3 230
Air  diffuser US $ N m−3 h−1 3
Pumps US $ m−3 h−1 45
Mixing equipment per tank volume US $ m−3 25
Operating cost
Energy Cost US $ kW h−1 0.094
Cleaning chemicals US $ kg−1 1.26
Operating cost (case study: SMBR mode of treating dairy effluent, 300
working days and HF membrane life span of 3 years)
Specific energy costs at membrane
stage
US $ m−3 0.042
Specific energy costs of total SMBR US $ m−3 0.119
Specific cost of membrane cleaning
chemicals
US $ m−3 0.014
Total specific operation costs US $ m−3 0.175
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Fig. 14. Gas velocity profile within the external channel at 0.8 bar TMP  and
20  L min−1 gas sparging rate.
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Fig. 16. Effect of packing density on flux for (a) PAN and (b) PVDF HF membranes
at 0.6 TMP.
Fig. 15. Velocity profiles in the lumen side during backwashing of the (a) PAN and (b) PVDF.
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Fig. 17. Effect of TMP  and comparison of experimental and simulated data for (a)
PAN  and (b) PVDF membrane.
4. Conclusions
In this study, the treatment of dairy effluent was investigated
using a promising alternative technology, membrane bioreactor
technology. The membranes used in this study were synthesized
in-house and were prepared using novel compositions. The per-
formance of the synthesized membranes in the MBR  system for
treatment of dairy effluent was assessed based on BOD, COD and
turbidity rejection values. The removal of organic pollutants in
terms of COD and BOD was very high and a good-quality permeate
was achieved during long-term operation for both the membranes
studied. The PVDF membrane did however achieve a higher rejec-
tion of COD and BOD compared to the PAN membrane. Further,
development of a 2D FEM model and its application to the experi-
mental data obtained, revealed new insights on the SMBR process.
The model was capable of accurately predicting the velocity profiles
inside a unit cell of hollow fiber for both the membranes. Addition-
ally, the model validated the experimental results obtained. The
model developed was also able to provide information on the vari-
ation of flux with changes in TMP  and packing density. Based on
calculations using the developed model it can be predicted that the
filtration flux would decrease dramatically at very high packing
densities.
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This work focuses on development of robust but economical hollow fiber ultrafiltration systems that
could be operated with or without electric power to treat polluted surface water. A diverse experimental
study was carried out to synthesize novel hollow fiber membranes based on polyphenylsulfone (PPSu)
and polyvinylidenefluoride (PVDF) fibers for surface water treatment. A manual hollow fiber spinning
machine incorporated with an inexpensive spinneret was designed to fabricate hollow fibers from dope
compositions of 20 wt% PVDF in DMAc and 20 wt% PPSu in NMP by phase inversion technique. Isothermal
ternary phase diagrams of PVDF or PPSu/solvent/non-solvent systems were established using three
different solvents such as N,N-dimethylacetamide (DMAc), 1-methyl-2-pyrrolidinone (NMP) and
N,N-dimethylformamide (DMF) with water being the non-solvent. The indigenous fibers had an approx-
imate outer diameter of 1.5 mm and the wall thickness of 0.25 mm and were housed in inexpensive PVC
and UPVC tubes using epoxy resin and nylon end connectors. PVDF hollow fibers (HF) exhibited 94.8%
turbidity rejection, whereas PPSu fibers exhibited 91% rejection with 5 log E-Coliform reduction from sur-
face water at a low hydraulic pressure of 1 bar with high flux values of 125 L m2 h1 and 73 L m2 h1,
respectively at a substantial water recovery of 80%. A water purification device capable of generating
25 L h1 purified water flow at an overhead tank pressure of 0.5 bar was designed and fabricated for
households along with a hand pump operated submerged ultrafiltration (UF) system for treatment of sur-
face water in flood prone regions. Detailed economic estimation of the indigenously designed water puri-
fication device for household purpose is presented which shows a low operating cost of 0.02 US $ per liter
of purified water obtained.
 2014 Published by Elsevier B.V.1. Introduction
The reliability and ease of operation of membrane-based water
filtration systems have led to their increasing use in water and
wastewater treatment. In particular, low-pressure membrane
techniques such as microfiltration (MF) and ultrafiltration (UF)have attracted a considerable amount of attention for surface
water clarification and disinfection by size exclusion and usually
produce a filtrate free of turbidity and microbes from river, lake
and pond water resources [1–4]. A number of module designs such
as plate and frame, spiral-wound, tubular and hollow fiber are
available. Among these, hollow fibers (HF) have emerged one of
the most important membrane geometries, mainly due to superior
membrane surface area per unit of module volume, good flexibility
in operation and self-supporting structure [5–7]. Global market for
298 Praneeth K et al. / Chemical Engineering Journal 248 (2014) 297–306low-pressure membranes has grown at an impressive rate during
the last 10 years and 60% of applications are for drinking water [8].
Among hydrophobic polymers, polyphenylsulfone (PPSu) and
polyvinylidenefluoride (PVDF) are thermally stable, possess good
chemical resistance, high mechanical strength and are resistant to
several organic compounds [9–11]. Extensive research has been
carried out by investigators on development of PVDF HF mem-
branes for various applications such as membrane distillation, gas
separation and ultrafiltration. A great deal of attention was devoted
to study the effect of different parameters during preparation of
PVDF HF membrane. However, till date, research on synthesis and
characterization of PPSu HF membranes has rarely been discussed
in the literature. This may be due to the fact that the preparation
of PPSu HF membranes is a complicated process involving many
parameters such as polymer solution composition and viscosity,
length of air gap, polymer extrusion rate, winding motor speed,
nature of internal and external coagulant mediums.While the poly-
mer type and properties are critical for membrane fabrication, the
selection of appropriate solvents is another significant consider-
ation in dope preparation [12,13]. Commonly, dimethylformamide
(DMF), dimethylacetamide (DMAc) and N-methyl-2-pyrrolidone
(NMP) polar aprotic solvents are used for the preparation of PVDF
and PPSu dope solutions. The suitable solvents for preparing poly-
mer dope solutions are selected from the ternary phase diagrams
which are plotted by determining fractional concentration of each
component by titration [14].
The present work involves synthesis and testing of robust PPSu
hollow fiber membranes which has not been reported in literature
especially for treatment of surface water. The membranes were
characterized by porosity and pore size measurements, scanning
electron microscopy (SEM), pure water permeation and bovine ser-
um albumin (BSA) rejection studies. Influence of various spinning
parameters on structural dimensions of HF membranes is de-
scribed in detail. Further, design and development of ultrafiltration
system based on both PPSu and PVDF hollow fiber membranes are
presented as novel economical alternative for treatment of surface
water in households. The economy involving fabrication of such a
device and its low operating cost on account of operation by utiliz-
ing static water head pressure instead of a pump is another inter-
esting feature of this manuscript. Design and performance of hand
pump operated ultrafiltration system capable of implementation in
the absence of electrical power is described. Other prospects of this
research could be treatment of industrial effluents besides process
intensification through design of membrane bioreactors which
eliminate secondary clarifiers, bring down capital investment and
operating cost with enhanced process safety and lower environ-
mental pollution for effective treatment of municipal wastewater.2. Experimental
2.1. Materials
Dimethylacetamide (DMAc) and N-methyl-2-pyrrolidone (NMP)
procured from s.d fine chemicals. Polyvinylidenefluoride (PVDF)
and polyphenylsulfone (PPSu) polymers were supplied by Kynar
and Solvay, USA. Deionized water and tap water were used as bore
fluid and in gelation bath, respectively.2.2. Phase diagram
The turbidity change of polymer solution in different solvents
like NMP, DMAc and DMF was visually observed and precipitation
point lines were plotted. 20 wt% PVDF and PPSu solutions were
prepared and taken in a sealed container with magnetic stirrer.
Water was added drop wise with a syringe until the solutionbecame turbid. The cloud point was marked when turbidity of
solution persisted for at least a few minutes. If demixing with pure
water and formation of persistent particles were too rapid, then
water was added to a small extent in the solvent. Subsequently
the solvent was added to dilute the solution and make it clear
again. The weight of container was regularly monitored and re-
corded after each change in composition. Ternary phase diagram
was plotted by calculating fractional concentration of components
by titration method [14].
2.3. Hollow fiber membrane spinning process
Hollow fiber membranes were spun at room temperature
(25–30 C) employing the solution extrusion and phase inversion
technique. The spinning solutions were prepared from 20 wt%
PVDF and PPSu in DMAc and NMP, respectively. The polymers were
dissolved in solvents and stirred at approximately 60 C for about
12–15 h to ensure complete dissolution of the polymer. The pre-
pared polymer dopes were transparent and homogenous at room
temperature and the mixtures were then degassed overnight. In
this process, the polymer solution was loaded into a reservoir
and forced into the spinneret using pressurized nitrogen. The dope
solution and the internal coagulant liquid were forced through a
tube-in-orifice spinneret, in such a manner, that the polymer solu-
tion flowed through a ring nozzle while the coagulating fluid was
fed through the inner tube [15]. Fig. 1 shows the process of hollow
fiber spinning method. The polymer solution was directly extruded
into a coagulation bath at an air gap of 13 cm. In this work, the bore
liquid and the coagulation medium were distilled and tap water,
respectively. Spinning conditions were kept constant as follows.
The pressure applied on the spinning solution was about 4 bar
and bore liquid flow rate was kept at 6.0 mL min1. After spinning,
the hollow fibers were drawn out from coagulation bath by pulling
motor at a speed of 30 revolutions per second (rps). The fibers were
collected in a take-up drum and immersed in ethanol solution for
approximately 24 h to replace water in membrane pores by etha-
nol that possesses lower surface tension [16,17]. Dimensions of
the annular spinneret opening, the polymer to bore volumetric
flow rate ratio and the draw ratio are the primary factors that affect
final fiber size. The membrane structure, pore size and pore size
distribution are determined by many factors including air gap
length, quench air temperature and type of solvent used [18].
2.4. Characterization of HF membranes
2.4.1. Scanning electron microscopy (SEM)
SEM is a powerful technique for analyzing the structure of the
membranes. The cross-section and surface of the PVDF and PPSu
HF membranes prepared were examined by software controlled
digital SEM-JEOL Model JSM-5410, Japan.
2.4.2. Porosity and pore size measurement
The overall porosity of membrane (e) was estimated using a
method based on density measurements [19]. It was calculated
based on Eq. (1).
e ¼ 1 qmembrane
qraw polymer
" #
ð1Þ
where qmembrane and qraw polymer are the densities of the membrane
and raw polymer powder used for membrane synthesis respec-
tively. The volume was calculated according to the inner/outer
diameters and the length of the fiber sample. The weight of the
membrane was determined by an analytical balance (Contech, CA-
224, 0.1 mg). The density of intrinsic PVDF is taken as 1.77 gm cm3
[20] and PPSu as 1.29 gm cm3 [21].
Fig. 1. Schematic view of hollow fiber spinning machine.
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tension of 21.7 dynes cm1) was mounted on the sample chamber
and then followed by sealing. Pure nitrogen was then allowed to
flow into the chamber gradually. When the increased nitrogen
pressure reached a point that overcame the capillary flow of the
fluid within the largest pore, the bubble point was found (Eq. (2)).
dp ¼ 4c cos h
P
ð2Þ
where dp is the pore size diameter, c is the surface tension of liquid,
h is the contact angle of liquid and P is the external pressure.
2.5. UF membrane module features
A bundle of hollow fibers was introduced into the PVC tube of
diameter 2.54 cm and 30.48 cm length. Both sides of the module
were potted using epoxy resin. This is a tube side flow configura-
tion wherein the permeate flows from the shell side. The PVC fab-
ricated hollow fiber membrane modules are shown in Fig. 2a. The
internal diameters of the PVDF and PPSu UF HF membranes used
were 1.3 mm and 1.0 mm respectively. The wall thickness of both
membranes found to be 0.4 mm and 0.55 mm. The effective area of
PVDF and PPSu membrane module was 0.07 m2 and 0.068 m2
respectively. Nylon rod was used for making end caps with an
opening for flow. The polymer tests, to determine the molecular
weight cut off (MWCO) of the membranes were performed with
0.3 g/L solutions of PEG and Dextran. PEG solutions containing 6,
10, 20, 40 and 108.0 kD molecular weights besides 6, 40, 70,
100 kD dextran polymers were used without any further purifica-
tion. The MWCO of 20 wt% PVDF and PPSu hollow fiber membranes
were found to be approximately 50 and 60 kD, respectively.
2.6. Experimental setup and procedure
In this study, surface water from Uppal Cheruvu, Hyderabad,
India which was contaminated by municipal waste, was used as
feed. However, for household UF system, normal surface watercontaining only turbidity and microbes was treated since UF is
not capable of removing BOD and COD from water contaminated
by municipal waste. A quantity of 10 L influent containing
110 mg L1 suspended solids, 438 FAU turbidity, 1.3  103 (MPN/
100 mL) E. Coli and 7.1 pH was fed into the UF system using a boos-
ter pump at a low pressure (1–2 bar). Purified water that perme-
ated through the membrane pores was collected and reject was
recycled to the feed tank. The required pressure was maintained
over the feed using a valve arranged on the reject line. Depending
upon the molecular weight cut off (MWCO) of the membrane, the
suspended particles, virus, bacteria and other macro size particles
were rejected. A flow sheet of experimental setup for surface water
purification is shown in Fig. 2b.2.7. Design of water treatment device for households and hand pump
operated submerged UF system for flood prone regions
The UF water treatment device for purified water for household
purpose was designed on basis of indigenously developed hollow
fiber membrane modules. A polypropylene (PP) prefilter of 5 lm
pore size and activated carbon pretreatment cartridges were con-
nected together to the 50 KD MWCO HF membrane module as
shown in Fig. 3a. An overhead tank pressure of 0.5 bar was suffi-
cient to generate permeate at a flow rate of 25 L m2 h1. A valve
was fixed on reject line to maintain the pressure at a desired value
with a provision made for back flushing at regular intervals to im-
prove life and productivity of the membrane. The pictorial view of
fabricated water treatment device kit is shown in Fig. 3b.
A hand pump operated submerged UF membrane system was
designed for conversion of surface water to potable water. A sche-
matic view of the fabricated system is shown in Fig. 4a. The HF
membrane modules were fabricated in such a way that maximum
surface area of membranes (shell side of membrane modules) were
exposed to feed in submerged mode (Fig. 4b), the tube side of the
modules were connected to suction line of the hand pump and the
purified water was collected from discharge line of pump. Fig. 4c
represents the digital image of the fabricated system. The device
Fig. 2. (a) View of PVC Hollow fiber membrane modules, and (b) flow sheet of experimental setup for surface water treatment.
Fig. 3. (a) Schematic drawing of household ultrafiltration water treatment device, and (b) pictorial view.
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Fig. 4. (a) Schematic drawing of hand pump operated ultrafiltration membrane system, (b) view of hollow fiber membrane modules fabricated for submerged hand pump
operated water treatment device, and (c) photograph of hand pump operated water treatment system.
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lages where surface water is contaminated.2.8. Membrane cleaning and maintenance
At the end of the operation, the back flushing was carried out for
10 min everyday using raw water to displace most of the impuri-
ties present in the membrane pores. To remove the scales depos-
ited on the membrane surface, cleaning with 1% solution of citric
acid prepared in 5 L of water for a 10 min period with complete re-
cycle of permeate was done once every alternate week to remove
metal salts and mineral precipitates whereas during the other
alternate weeks one wash with 1% NaOH + 0.5% EDTA + 0.1% so-
dium lauryl sulfate (SLS) aqueous solution was carried to remove
organic foulants. To prevent biological fouling and irreversible
destruction, the membrane was stored in 0.5% solution of sodium
meta bisulfite (Na2S2O3) at the end of membrane polishing. It is
worth mentioning that membranes affected by several chemical
foulants can be cleaned using the aforementioned reagents but
biological fouling causes permanent damage, which on most occa-
sions requires membrane replacement, and hence must be pre-
vented by using the preservative Na2S2O3. The above procedures
were quite efficient in restoring flux and separation properties.2.9. Analytic methods
2.9.1. Permeate flux (J)
Permeate volume was measured during the separation process
and flux was calculated by dividing the permeate volume by the
product of effective membrane area and sampling time:
Permeate Flux ðJÞ ¼ Permeate volume collected
Membrane area  Time ð3Þ2.9.2. Rejection efficiency
This is another factor by which the separation performance of
the membrane can be rated. The performance of the membrane
is denoted in terms of% rejection of turbidity or any other impurity.
The rejection% is calculated using the following equation,
Rejection% ¼ 1 Cp
Cf
  
 100 ð4Þ
where CP is the concentration of the solute in permeate, and CF is
the concentration of the solute in feed.
Fig. 6. (a) Cross-sectional view of PVDF membrane, (b) surface view of PVDF membrane, (c) cross-sectional view of PPSu membrane, and (d) surface view of PPSu membrane.
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The surface and cross-sectional structures of polymeric mem-
branes were determined by using SEM. Fibers were snapped under
liquid nitrogen, which gave a generally uniform break followed by
gold sputtering before scanning on a SEM with a potential of 10 kV
(Hitachi S2150 microscope, Ibaraki, Japan).
2.9.4. Turbidity and E-Coliform measurement
The turbidity of the feed and permeate sampleswere determined
by DR/890 Colorimeter (Hach Make, Germany). The number of
E. Coli present in the samples was estimated by Coliform test [22].
3. Results and discussion
3.1. Ternary phase diagram
Curves in Fig. 5(a) and (b) describes the precipitation point of
PVDF and PPSu in different solvents with water as non-solvent. It
was found that solubility of PVDF and PPSu in DMAc and NMP is
more when compared to DMF. The homogeneous polymer–solvent
solution is sighted between polymer/solvent axis region and pre-
cipitation curves in a triangular graph. This region width indicates
the system’s tolerance for non-solvent before occurrence of poly-
mer precipitation. The power of solvent dissolution for PVDF and
PPSu is indicated by length of miscibility area in the graph. This
miscibility is used to study the system’s behavior to polymer pre-
cipitation occurring when contacted with water. The size of this re-
gion reveals the absorption of amount of water by polymer
solution in precipitation step during phase inversion process.
3.2. Scanning electron microscopy (SEM) studies
The morphological characteristics and the cross-section struc-
ture of HF membranes were explored using SEM. Fig. 6 presents
the cross-section and surface SEM images of PVDF and PPSu mem-branes. From Fig. 6(a) and (c), it can be seen that the fiber has a
typical asymmetric structure with a relatively dense skin layer
and a porous substructure. The formation of microvoids near the
inner and outer edges of PVDF and PPSu membranes were ob-
served. This can be resultant of penetration of bore fluid and exter-
nal coagulant from the inner and outer surfaces of fibers during the
phase inversion process. SEM images of PVDF and PPSu mem-
branes prepared with varying polymer concentration (not shown
in this figure) revealed increasing number of voids in the porous
substructure at lower polymer concentrations. The surface mor-
phology of PVDF and PPSu membranes in Fig. 6(b) and (d) shows
the presence of fine pores, which become much tighter and appear
to be distributed uniformly across the membrane.
3.3. Pore size measurement by bubble point method
PVDF and PPSu HF modules wetted with isopropanol (surface
tension 21.7 dynes cm1) and pure nitrogen was then allowed to
flow on the lumen side of module. The observed bubble point pres-
sures for PVDF and PPSu membranes were 1.7 and 1.4 bar, respec-
tively. The calculated pore size diameters from Eq. (2) are 0.5 lm
and 0.6 lm for PVDF and PPSu fibers respectively.
3.4. Effect of solvent and polymer concentration on solution viscosity
Viscosity is a basic parameter in membrane formation process.
During HF synthesis, solution viscosity is one of the key factors in
determining prospect of spinning (i.e., in the extrusion of fibers),
in addition to other factors such as spinneret size and coagulation
medium. Solution viscosity also influences the inter-diffusion of sol-
vent and nonsolvent during the phase inversion process, which then
controls the kinetic aspects of membrane formation, including both
skin formation and substructure morphology. The effect of varying
polymer composition on dope solution viscosity andMWCO of syn-
thesized hollow fibermembranes are illustrated in Fig. 7. Increasing
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Fig. 5. (a) Isothermal phase diagram for (a) PVDF/water/solvent ternary system,
and (b) PPSu/water/solvent ternary system.
Praneeth K et al. / Chemical Engineering Journal 248 (2014) 297–306 303PVDF and PPSu polymer compositions from 10 to 20 wt% which
correspond to solution viscosities of 122.5–2215.4 cP and
99.5–2100.5 cP, resulted in formation of tighter membranes with
MWCOs ranging from 100 to 40 kD and 120–50 kD, respectively.
3.5. Effects of spinning parameters on hollow fiber membrane
structure
3.5.1. Effect of polymer extrusion rate
The spinning speed determines the productivity of HF mem-
brane manufacture. The variation in spinning rate directly affects0 
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Fig. 7. Effect of PVDF and PPSu concentrations on dope viscosity and MWCO of
membrane.the properties of spinning solution flowing through a spinneret
and subsequently the structure of fiber and separation perfor-
mance. The effect of dope extrusion rate on outer diameter and
wall thickness of the HF membrane at constant bore flow rate
(8 mL min1) and speed of the pulling motor (30 rps) is graphically
represented in Fig. 8(a). Increase in the dope extrusion rate re-
sulted in the enhancement of outer diameter and wall thickness
of the fibers. This is due to an increase in the extrusion shear rate,
which in turn leads to a decrease in polymer solution viscosity.
Low viscosity polymer solution results in a looser membrane struc-
ture and lower wall thickness.3.5.2. Effect of bore fluid flow rate
During the phase inversion process, the use of a bore fluid as
internal coagulant not only affects the stress to open up the HF fur-
ther but also offers nonsolvent to exchange with the solvent from
inner wall of the nascent fiber. Fig. 8(b) shows the effect of bore
flow rate on fiber dimensions at a constant dope extrusion rate
of 270 rps and pulling motor speed of 30 rps. As expected, an in-
crease in the bore fluid flow rate increases the liquid pressure in
the axial direction. Therefore, the inner diameters of the hollow
fibers will increase with no change in the outer diameter. The boreBore fluid flow rate  (ml min-1)
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generate an impact on membrane permeability. The solvent–non-
solvent exchange at the interface between polymer solution and
the nonsolvent begins after the nascent fiber leaves the spinneret
and contacts the internal coagulant in the bore side. When the
internal coagulant flow velocity increases, enhancement of
solvent–nonsolvent exchange takes place. The nonsolvent inflow
will accelerate the formation of more open porous membrane
structure [23].
3.5.3. Effect of speed of pulling motor
Effect of the take-up speed on the dimensions of HF membranes
is described in Fig. 8(c) at a constant dope extrusion rate of 270 rps
and bore fluid flow rate of 8 mL min1. The plot specifies the de-
crease in the outer diameter of HF with an increase in the take-
up speed. This can be attributed to the orientation of the polymer
molecules as explained by Chou and Yang [24], who stated that the
molecular chains in the hollow fiber would be more oriented when
the take-up speed is increased. The free volume between the poly-
mer chains decreases, which results in HFs with smaller diameters.
However, it was observed that there is no considerable change in
the wall thickness of the fiber. A higher take-up speed will tend
to stretch the fibers, leading to more porous morphology and
structure.
3.6. Surface water treatment
Indigenously synthesized PPSu and PVDF HF membranes were
tested for turbidity rejection, flux, COD, BOD and E. Coli reduction
in treating surface water. These membrane modules were later
used in developing a household device for surface water treatment
and a hand pump operated UF system. However the feed to house-
hold device was not contaminated by municipal sewage.
3.6.1. Testing of hollow fiber membranes
Permeation and rejection characteristics of pure water and bo-
vine serum albumin (BSA) through were studied by varying the
feed pressure from 0.2 to 1.5 bar at ambient temperature as de-
picted in Fig. 9. PVDF exhibited a flux of 49.23 L m2 h1 whereas
PPSu exhibited 38.53 L m2 h1 at a low feed pressure of 0.2 bar.
Enhancement of flux to 200.3 and 186.2 L m2 h1 was corre-
spondingly observed with increase in pressure to 1.5 bar for PVDF
and PPSu membranes, respectively. PVDF membrane revealed
99.2% of BSA rejection at 1 bar pressure while PPSu gave 95.2%
rejection.
The effect of pressure on flux and turbidity rejection for PVDF
and PPSu membranes are described in Fig. 10(a) and (b). At
0.5 bar, PVDF membrane provided a flux of 46.3 L m2 h1 with a86
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Fig. 9. Pure water flux and BSA rejection of membranes at varying applied pressure.turbidity rejection of 95.6% compared to 33.6 L m2 h1 generated
by PPSu with a rejection of 90.4%. An enhancement in flux to a
value of 91.2 L m2 h1 and rejection to 99.2% was observed when
applied pressure was increased to 1.2 bar for PVDF membrane.
Similarly, in case of PPSu membrane, the flux increased to
67.15 L m2 h1 with a turbidity rejection of 93.9%.
In addition, PVDF and PPSu HF membranes have shown an
E. Coli reduction of 5 log at 1 bar, which falls in the desirable range
of 4–6 log reduction, indicating the purity of the permeate water
obtained. Table 1 represents the quality of water that permeated
through PVDF and PPSu HF membranes.
3.6.2. Variation of flux with time
Fig. 11(a) describes the variation of permeate flux with filtration
time at constant pressure of 1 bar and 438 FAU turbid feed for
PVDF and PPSu HF membranes. Concentration polarization and
gradual fouling lowers the flux with time. High initial flux results
in quick deposition of rejected solute particles which results in
build-up of cake layer at the surface of membrane which resists
solvent flow. Flux declined from 77.2 to 71.8 L m2 h1 for 120
min of continuous operation for PVDF membrane at 1 bar pressure.
It was restored to 76.9 L m2 h1 after 10 min of backwashing
(Fig. 11(a)). Similarly, a reduction in flux from 69.4 to 63.8 L m2
h1 was observed in case of PPSu membrane which was signifi-
cantly regained to 68.8 L m2 h1 after backwashing. Effect of oper-
ation time on trans-membrane pressure gradient (TMP) at a
constant flux of 70 L m2 h1 for both membrane types is illus-
trated in Fig. 11(b). An increase in TMP was observed with time
due to increase in hydraulic resistance of membranes. After 7 days
of experiment, the membranes were chemically cleaned to restore
flux.
3.6.3. Hand pump operated UF membrane water treatment system
An outside-in flow HF UF membrane module of 80 kD MWCO
with 0.1 m2 surface area of PVDF and a hand pump are the most
important accessories of this system. The four modules were
Table 1
Quality of water obtained after treatment of surface water contaminated by municipal waste by PVDF and PPSu HF membranes.
Parameters Feed
(membrane inlet)
PPSu membrane
(permeate)
%Impurity rejection
(PPSu)
PVDF membrane
(permeate)
%Impurity rejection
(PVDF)
pH 7.1 7.2 7.2
Turbidity (FAU) 438 23 94.74 3 99.31
TSS (mg/L) 110 8 92.72 2 98.18
BOD (mg/L) 90 5 94.44 <2 98.00
COD (mg/L) 280 16.5 94.10 10.8 96.14
Total Coliform
(MPN/100 mL)
13,000 9 99.93 3 99.97
DO (mg/L) Nil 3.5 4.2
Total N2 (mg/L) 11.2 1.9 83.03 1.1 90.17
Total phosphorus (mg/L) 3.2 0.2 93.75 0.12 98.82
Feed Pressure: 1 bar, Recovery: 80%.
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Fig. 11. (a) Variation of flux with time at a feed pressure 1 bar, and (b) variation of
TMP with time at constant flux of 70 L m2 h1.
Table 2
Parameters of water quality achieved by treating surface water contaminated by
municipal waste.
Water source
Parameters Pond water River water
Feed
(membrane
inlet)
Permeate Feed
(membrane
inlet)
Permeate
Turbidity (FAU) 5 1 98 1
Total Coliform
(MPN/100 mL)
1100 Nil 13,000 Nil
Fecal Coliform
(MPN/100 mL)
200 Nil 3000 Nil
COD (mg/L) 152 <2 210 <2
BOD (mg/L) 88 Nil 74 Nil
Table 3
Parameters of water quality achieved by UF household device.
Parameters Feed
(membrane inlet)
PPSu membrane
(permeate)
PVDF membrane
(permeate)
pH 7.8 7.8 7.8
Turbidity (FAU) 8 1 1
TSS (mg/L) 41 3 2
Fecal Coliform
(MPN/100 mL)
100 Nil Nil
Total Coliform
(MPN/100 mL)
1200 1 Nil
Table 4
Estimation of capital and operating cost for 25 L h1 capacity household water
treatment device operated with surface water not contaminated by municipal waste.
Cost of hollow fiber membrane module Currency (US $a)
Raw material used
Polyacrylonitrile (PAN) 30 g 0.6
Dimethylformamide (DMF) 115 g 1.8
UPVC tube (1’’dia) 1 ft 0.5
Nylon rod (35 mm dia) 1 ft 6.0
Total cost for single hollow fiber module 8.9
Cost of other accessories
Inline micron filter 1 No 3.0
Inline activated carbon filter 1 No 3.0
Nylon tube 2 m 0.2
Adopters for water tap 2 No 2.0
Connectors of cartridges and module 10 No 4.0
MS sheet 2  2 ft 2.0
Valves 1 No 1.0
Clamps 2 No 1.0
Nuts & Bolts 12 No 0.5
Total capital cost 25.6
Operating cost estimation
Membrane modification cost
Duration of replacement 3 Years
Membrane replacement cost (US $/h) 3.38  104
Micron prefilter modification cost
Duration for replacement 3 Months
Micron filter cost (US $/h) 1.4  103
Activated carbon filter (ACF) modification cost
Duration for replacement 1 Year
ACF replacement cost (US $/h) 3.34  104
Total operating cost (US $/h) 2.08  103
Permeate flow rate 25 L/h
Cost/liter of water clarification 0.8  104 US $/L
Depreciation cost (10% of total capital cost) 3.04 US
$/Year
0.34  103 US $/h
Total cost per liter of water clarification 0.97  104 US $/L
a 1 INR = 0.02 US $. This system is applicable for surface water containing
microbes and turbidity only, but not COD/BOD.
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tem is capable of providing 220 L m2 h1, sufficient to meet the
daily drinking water requirement of 500 people. Treated water
quality satisfies not only emergency water supply standards but
also drinking water quality standards. Some of these treated water
quality parameters are given in Table 2. Irrespective of raw water
turbidity, the unit is capable of providing clear water with turbidity
well below the upper limits of drinking water quality standards.
However, this system would not be applicable for surface water
contaminated by industrial wastewater.
3.6.4. Household UF water treatment device
An economical household compact UF water treatment device
was designed and developed to operate without applying any
external power source to purify municipal drinking water. A two
side potted PVDF and PPSu HF membrane modules were fabricated
and used in this system. An overhead tank placed at a height of
10 m was sufficient to provide the driving force to obtain adequate
flux of purified water. The pictorial view of designed water treat-
ment device is shown in Fig. 3b. The permeate water quality of de-
vice is presented in Table 3. The membranes have shown complete
rejection of microbes and 90% rejection of turbidity at 0.5 bar
pressure.
3.7. Economic estimation for water treatment device for households
An economic analysis was performed to determine the unit cost
of household UF water treatment device using indigenously fabri-
cated HF membrane modules. Capital and operating costs for
25 L h1 capacity unit are presented in Table 4. Total capital cost
of this device was found to be only US $ 25.6 (INR 1280).4. Conclusions
PVDF and novel PPSu hollow fiber ultrafiltration membranes
were synthesized by solution extrusion and phase inversion pro-
cess for treatment of contaminated surface water. The 20 wt% of
PVDF exhibited a turbidity rejection of 99.1% at low hydraulic pres-
sure of 1 bar with a flux of 73.9 L m2 h1, whereas PPSu displayed
a rejection of 93.9% with a flux of 67.1 L m2 h-1. Both PVDF and
PPSu HF membranes provided 5 log reduction each in E. Coli bac-
teria at 1 bar pressure. A household water treatment device was
designed and developed to operate without applying any external
power source to purify municipal drinking water. However, this
system is applicable for surface water containing microbes and tur-
bidity only as it cannot remove COD and BOD completely. An over-
head tank placed at a height of 10 m was sufficient to provide the
driving force to obtain adequate flux of purified water.
A hand pump operated UF system was designed mainly for
flood affected areas to treat contaminated surface water by provid-
ing 220 L h1 of clean and safe water to meet drinking water
requirement of a population of at least 500. The future plan of work
would focus on tailoring these HF membranes by surface modifica-
tion to extend their application for the treatment of industrial
effluents. Installation of PPSu and PVDF hollow fiber modules in
membrane bioreactors (MBRs) would also be investigated for
treatment of municipal sewage to produce reusable water. The
mechanically robust and solvent resistant nature of PPSu makesit a potentially promising candidate for pretreatment of seawater
and industrial effluents by ultrafiltration.
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Economic estimationMembrane separation methods such as electrodialysis (ED) can reduce the volume load on evaporators by
facilitating further concentration of rejects from reverse osmosis (RO) plants. ED studies were carried out on a
bench-scale systemusingfivemembrane cell pairs to obtain a textile effluent concentrate containing approximate-
ly 6 times the quantity of salts present in the RO reject. The limiting current densities were determined to be in the
range 2.15–3.35 amp/m2 for feed flow rates varying from 18 to 108 L/h. Apart from feed rate, the influence of
volume of concentrate and current on membrane performance was evaluated to optimize current utilization. An
estimation of energy requirement of an integrated process constituting ED and evaporation for concentration of
inorganics present in textile effluent from 4.35% to 24% was made and found to be approximately one eighth of
the operating cost incurred by evaporation alone. Detailed design of a commercial ED system revealed that a
membrane area of 13.1 m2 was required to treat a feed rate of 1500 L/h. The payback period to recover capital
investment was found to be 110 days.
© 2013 Elsevier B.V. All rights reserved.1. Introduction
Membrane separation processes have shown great potential for
replacing or complementing conventional methods like distillation and
evaporation since they are economical, safe and eco-friendly.
Electrodialysis (ED) is a membrane based separation process in
which ionizable species such as salts and acids are transferred through
a membrane from one solution into another solution by imposition of
a direct electric potential. EDprovides a tool for changing the concentra-
tion of dissolved salts in solutions without significantly changing the
concentration and composition of the non-ionic constituents of the
solutions [1]. ED has already found widespread commercial acceptance
for the demineralization of brackish water and considerable informa-
tion is available in the literature regarding the fundamentals of the
process [2]. ED is also finding increasing application in demineralization91 40 27193626.
ghts reserved.of surface water [3]. For example, a recent publication disclosed
commercial scale demineralization of whey by ED technique [4].
Reverse osmosis (RO) usually concentrates dissolved solids present
in groundwater or aqueous industrial effluents that have concentrations
above 500–1500 ppm to about 3–5% resulting in recovery of at least 50–
80% of water of drinkable or dischargeable quality in the form of perme-
ate [5]. The balance concentrate containing≅3–5%dissolved solids is also
known as reject and cannot be further concentrated by RO due to high
osmotic pressure and is therefore sent to an evaporator to remove the-
remaining water and concentrate the solids to dryness for incineration
or safe disposal through land filling. Evaporation proves to be highly
expensive owing to large steam requirements and high latent heat of
vaporization of water required to bring about a phase change [6]. To
reduce the load on evaporator and save energy a low cost intermediate
process must be introduced to concentrate the RO reject to near satura-
tion level of about 15–25% inorganic components. ED is currently being
studied as amethod to concentrate brackish water RO rejects and obtain
solid salts that can be further reused [7–10]. In some part of the world,
Nomenclature
Aeff effective membrane area
Aprac practical membrane area
Acp cell pair area
a constant ‘a’ for the LCD calculation (Asbm1 − b/keq)
b constant ‘b’ for the LCD calculation
Cs
c concentration of concentrate out (keq/m3)
Cs
d concentration of diluate out (keq/m3)
Cs
fd concentration of diluate in (keq/m3)
Cs
fc concentration of concentrate in (keq/m3)
Cs
Δ concentration difference between concentrate and
diluate (keq/m3)
Espec specific power consumption (kWh/m3)
F Faraday constant (A s/keq)
I current (A)
i current density (A/m2)
ilim LCD (A/m2)
L length of process path (m)
Nst number of cell pairs
Q flow rate, production rate (m3/day)
u linear flow velocity (m/s)
U voltage drop (V)
w width of cell (m)
z electrochemical valence
Greek symbols
β effective area of cell factor (spacer-shadow)
Δ thickness of unit cell
Λ equivalent conductance of solution (Sm2/keq)
ρA + ρC total area resistance of membranes (Ωm2)
ζ current utilization
83P. K. et al. / Desalination 333 (2014) 82–91salt can bemanufactured bymeans of ED process to which concentrated
brine discharged from a RO seawater desalination plant is supplied [11].
ED has the potential to economically concentrate RO rejects to near
saturation level by transfer of most of the inorganic ions present in the
reject to a receiving solution having a volume which is about 1/5 theFig. 1. Flow sheet showing the integrated proriginal volume of the reject. The integrated process of ED and evapora-
tor for treating the RO reject is shown in Fig. 1.
The focus of the present study is to determine the performance
characteristics of ED for concentration of RO reject of textile effluent to
reduce the volume load on evaporation. Optimization of experimental
parameters such as feed flow rate, voltage and current was carried out
to design a pilot system capable of processing textile RO reject at the
rate of 1500 L/h. An economic estimation which compares the cost of
process incorporating ED unit operation against a process carried out
in the absence of ED for treatment of the RO reject of textile industrial
effluent is included in this work.
2. Experimental
2.1. Materials
Cation exchange (CMI-7000) and anion exchange (AMI-7001)
Ultrex™ ion exchange membranes were purchased from M/s. Mem-
branes International Inc., New Jersey, USA and their properties as spec-
ified by the supplier are provided in Table 1. Themembranematerial for
ED is usually polystyrene crosslinkedwith divinyl benzene. For prepara-
tion of cation transfer membrane, the polymer is modified by sulfona-
tion whereas amination is done to synthesize anion transfer
membrane. RO reject of textile effluent was collected from Permionics
RO system working at KNIT Textiles, Tiruppur, Tamil Nadu, India.
Demineralized water for concentrate and electrode wash solutions
was generated in the laboratory RO system. Gaskets and spacers were
fabricated from polypropylene sheets purchased locally. Flanges for
housing cathode and anode electrodes, feed inlet and outlet arrange-
ments were fabricated from Nylon blocks. Anode and cathode SS
electrode plates were fabricated from stainless steel 316 and coated
with titanium. The outer dimension of each distributor and gasket in
the ED cell was 15.2 cm × 15.2 cm. The effective area of each
membrane available for ion transfer was 10.5 cm × 10.5 cm.
2.2. Characterization of textile RO reject
The textile effluent was treated through RO using thin film com-
posite (TFC) polyamide spiral wound membrane at a pressure of
18 bar. The RO reject was thoroughly analyzed by standard APHAocess for the concentration of RO reject.
Table 1
Properties of Ultrex™ ion exchange membranes used in ED process.
Technical specificationsa CMI-7000 AMI-7001
Single
sheet
Continuous
roll
Single
sheet
Continuous
roll
Electrical resistance (Ω/cm2)
0.1 N NaCl 18 ± 2 18 ± 2 22 ± 2 22 ± 2
1.0 N NaCl 8 ± 1 8 ± 1 10 ± 1 10 ± 1
Permselectivity (%)
0.5 N NaCl/1.0 N NaCl
95 95 98 98
Mullen burst test strength (psi) 150 150 150 150
Water permeability (ml/h/ft2) b10 b15 b10 b15
Total exchange capacity (meq/g) 1.3 ± 1 1.3 ± 1 1.0 ± 1 1.0 ± 1
Thermal stability (°C) 90 90 90 90
Chemical stability range (pH) 1–12 1–12 1–10 1–10
a Data provided byMembranes International Inc., New Jersey, USA. CMI-Cation transfer
membrane, AMI-Anion transfer membrane.
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for all inorganic compounds as well as COD, BOD, pH and color. The
TDS value in mg/L can be reported in terms of specific conductivity
in μS/cmmultiplied by a factor of 0.64. However, the specific conduc-
tivity does not take into account presence of non-ionizable species
such as COD and BOD. Hence the TDS was determined by sand bath
heating method (APHA) and found to be 20,000 mg/L. Since the
TDS was way above 1500 mg/L, RO was considered a suitable meth-
od to treat the original effluent and recover reusable water. However
the 40% volume of reject coming from the RO plant is difficult to han-
dle and needs further processing to achieve zero liquid discharge.
The TDS after RO process was found to be more than 4% with chlo-
rides comprising nearly 1.65% w/v of the reject stream. From Table 2,
the average COD and BOD values of RO reject were found to be around
6700 and 2500 mg/L, respectively. Other characteristics were pH 8.8,
Conductivity 62.6 mS/cm, TDS 47,000 mg/L, Cl− 16,500 mg/L, Ca2+
1195 mg/L, Mg2+ 1650 mg/L, K+ 1085 mg/L, Na+ 1070 mg/L. The
error was ±2% for most of the data reported in tables and figures
which exhibit analytical results. Due to the high scaling potential caused
by the high concentration of calciumandmagnesium ions present in the
RO reject, it was necessary to decarbonize the RO reject by aeration
under constant pH condition prior to its treatment as shown in Fig. 1.
For decarbonization, concentrated HCl (28% w/w) was added to the
aerated RO reject, keeping the pH steady at 5.5.
2.3. Apparatus
The experimental setup for ED is shown in Fig. 2. The systemconsists
of three glass tanks 10 L capacity each for feed (diluate), concentrate
and electrode wash solutions. Each tank is connected with chemically
resistant centrifugal pumps having magnetically coupled drive and
polypropylene wetted parts. Control valves and bypass is provided toTable 2
Characteristics of RO reject of textile effluent.
Component RO reject Post
decarbonization
(Feed to ED)
Conductivity (mS/cm) 62.6 (±2) 59.9 (±2)
TDS (mg/L) 47,000 (±900) 43,500 (±800)
COD (mg/L)
BOD (mg/L)
pH
Cl− (mg/L)
6700 (±100)
2500 (±50)
8.8 (±1)
16,500 (±300)
6700 (±100)
2500 (±50)
5.5
16,500 (±300)
SO42− (mg/L) 2750 (±50) 2750 (±50)
K+ (mg/L) 1085 (±20) 1085 (±20)
Ca2+ (mg/L) 1195 (±20) 520 (±10)
Mg2+ (mg/L) 1650 (±20) 640 (±10)adjust the flow rate independently in each line. Braided PVC tubing
was used for circulation of the liquids throughout the system. Perfora-
tions in the edges of the gaskets and membranes match with each
other to provide two pairs of internal hydraulic manifolds to carry
fluid into and out of the compartments. One pair communicates with
depletion compartments and the other with the enrichment compart-
ments. The stack consists of five cell pairs arranged as shown in Fig. 3.
Energy is provided through a regulatedD.C. power supply from a thyris-
tor type rectifier of 100 V and 30 A capacity.
Turbulence promoters made of flexible PVC wire mesh were used to
reduce the concentration polarization [12–14]. A digital conductivity
meter (Global Electronics, Hyderabad) was used to determine the
concentration of ions in diluate and concentrate streams at different
intervals of time.
2.4. Experimental procedure
2.4.1. For determining maximum possible separation
The tanks were washed thoroughly with distilled water for
30 min. Known volume of feed solution (textile effluent) containing
4.35% solids was taken in diluate tank. Tap water having some specif-
ic conductivity was taken in Tank 2 to facilitate flow of current and
ion transfer at the beginning of the ED operation. 4 L of 0.21 M of so-
dium bisulphate (NaHSO4) solution (w/w) was taken in electrode
rinse tank to rinse the electrodes. After filling the tanks with the re-
spective solutions, all three solutions were pumped through the ED
stack at controlled flow rates. Control values were adjusted to main-
tain equal flow rates in both the diluate and concentrate compart-
ments ensuring almost equal pressure drop. After stabilizing the
flow an electric potential was applied across the stack to attain a spe-
cific current density for a desired period. A voltage of around 0–20 V
was sufficient to achieve currents in the range 0–10 A due to the high
specific conductivity of the diluate solution. One should not exceed
voltage above 60 V for low salt concentrations [15–18]. Samples of
outlet streams were collected at regular intervals to determine spe-
cific conductivity of salt in the solutions in both diluate and concen-
trate tanks by digital conductivity meter. The specific conductivity of
the solutions was checked for every 30 min until most of the salts
were transferred from diluate tank to concentrate tank. The experi-
ment was repeated for different flow rates to determine the opti-
mum condition for the best and most rapid separation.
2.4.2. Determination of limiting current density (LCD)
Equal volumes of the effluent was taken in both diluate and con-
centrate tanks. Potential difference was applied and current reading
was observed after stabilization. Voltage vs current was plotted and
the point at which slope changes, gives the LCD (Table 3) and the ex-
periment was repeated for different flow rates. The currents ob-
served at different applied voltages between 2 V to 16 V are given
in Table 3.
2.5. Analytical procedure
A conductivitymeter (Model DCM9000)with analytical range vary-
ing from 20 μS/cm to 200 μS/cmwas calibrated and used for measuring
the salt concentration of the samples drawn from the diluate and
concentrate tanks. The instrument has a temperature indicator which
can be manually adjusted to compensate for the rising temperature
over the range of 0 to 100 °C when using standard cells.
2.6. Membrane fouling and its prevention
Care should be taken to avoid fouling of membranes, regular
cleaning of the system is important to keep the system at good efficien-
cy and long working life. Tap wash water is first circulated through the
system for 15 min followed by cleaning with 2% v/v HCl solution for
Fig. 2. ED experimental setup.
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provided. The cleaning procedure is adopted to remove mineral scales
and metal precipitates. Once in a week, an extra washing step for
15 min is required to be carried out with 1% w/v NaOH + 0.5%
ethylenediamine tetraacetic acid (EDTA) + 0.1% sodium lauryl sulfate
(SLS) surfactant in tap water to remove stubborn organic foulants
deposited on the membrane surface, followed by a final water wash
for 15 min [19]. The total membrane cleaning process is carried out
for a period of 1 h every day which is raised to 90 min every weekend.
The permeability of themembranes could be restored effectively during
the 3 month period of ED study with the RO reject by following the
cleaning schedule meticulously.Legends + Anode electrode plate; − Cathode electrode plate; C - Cation transfer membrane; 
A - Anion transfer membrane 
Perforated gasket (Mesh Type)                             
Normal gasket
Distributor with slit on left side (For feed)    
Distributor with slit on right side (For concentrate)
Fig. 3. Design of ED stack arrangement.3. Design considerations
3.1. Feed concentration
When the stream to bedemineralized contains non-ionizable aswell
as ionizable solutes, its electrical conductivity reaches amaximumvalue
as the concentration increases, after which the specific conductivity
decreases because of viscosity effects. It is desirable to carry out ED at
the concentration of maximum specific conductivity for two reasons:
(a) lower D.C. energy is required and (b) the LCD is higher [20,21].
The specific conductivity 62.6 μS/cm was utilized for the design and
calculations (Appendix 1 and 2) instead of the TDS value since ED can
remove only ionizable species which contribute directly to the conduc-
tivity, whereas the non-ionizable organic compounds remain back in
the diluate.3.2. Waste-stream concentration
The waste stream should be concentrated to the maximum possible
extent without impairing membrane efficiency by back-diffusion and
without causing an electrical short circuit through the manifolds,Table 3
Determination of LCD.
Voltage
(V)
Current (I) in Amps at different flow rates
Q = 05
cc/s
Q = 10
cc/s
Q = 15
cc/s
Q = 20
cc/s
Q = 25
cc/s
Q = 30
cc/s
Q = 35
cc/s
2 0.5 0.65 0.71 0.76 1.06 1.12 1.14
4 1.05 1.3 1.42 1.52 2.12 2.24 2.28
6 1.6 1.95 2.14 2.28 3.20 3.35 3.42
8 2.15 2.55 2.85 3.05 4.24 4.48 4.56
10 2.6 3.2 3.45 3.75 5.30 5.60 5.70
12 3.15 3.8 4.05 4.50 6.25 6.65 6.80
14 3.6 4.4 4.65 5.25 7.20 7.70 7.90
16 4.15 5.2 5.25 6.00 8.15 8.75 9.00
Tank 1: 2 L of textile effluent.
Tank 2: 2 L of textile effluent of same composition as Tank 1.
Tank 3: 100 g of sodium bisulphate in 4 L of DM water, Q = 35 cc/s.
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Fig. 4. Effect of flow rate on diluate specific conductivity and time of operation (error:
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Fig. 5. Effect of voltage on current, plotted for determination of LCD.
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be circumvented by pH control and addition of antiscalants [21].
3.3. Temperature and flow rate
The electrical energy required decreases as the temperature
increases. However, the life of membranes probably decreases with
increasing temperature.
In relatively dilute solutions, when current density is a critical factor,
the higher the flow-rate the higher will be the permissible current
density. In other words, at higher flow-rates the total required area
would be smaller. The maximum permissible flow-rate is limited only
by the pressure drop through the stack. However, it is sometimes
more economical to operate at a value lower than themaximum allow-
able pressure drop because of costs of pumping [16–18].
3.4. LCD and current utilization
LCD is the maximum current that can pass through a given
membrane area without increasing electrical resistance or decreasing
current utilization. It is determined by the ion-concentration in the
diluate stream and by concentration polarization effects. The effect of
concentration polarization due to concentration rise in the brine is less
severe. The decrease in concentration of counter ions in diluate cham-
bers directly affects the LCD and increases the electrical resistance of
solution in the boundary layer [1,22]. The limiting current density ilim
is the current density at which the ion concentration at the surface of
the cation-or anion-exchange membranes in the cell with the depleted
solution approaches zero.
ilim ¼ aCsdub
Where
Csd concentration of diluate
u linear velocity
a, b constants/functions for ED stack design
From the equation the LCD is proportional to the ion concentration
in the diluate and the linear velocity. If the LCD is exceeded, process
efficiency diminishes drastically because of the increased electrical
resistance of the solution and dissociation of water, which leads to addi-
tional operation costs. Current utilization is the portion of the total
current passing through an ED stack that is actually consumed to trans-
fer ions from feed solution to brine. Current utilization is always less
than 100% and is affected by membrane selectivity, osmotic and ion-
bound water transport and the current passing through the stack
manifold [23].
3.5. Voltage
The voltage required depends on the electrical resistance of the stack
and on the current density. The resistance of each cell pair is usually
slightly higher than the sum of the resistances of the membranes and
of the solutionswithin the chambers because of the electrical resistance
of the boundary layers formed at the membrane-solution interface.
Consequently, the voltage should be measured experimentally under
the selected operating conditions.
3.6. Membrane life
An important factor inmembrane life is the chemical aggressiveness
of the solutions being processed. Deterioration ofmembranes is likely to
be accelerated at elevated temperatures. The only way to establish
membrane life effectively is by continuous operation or by exposing to
the feed for long periods of time [24].4. Results and discussion
4.1. Effect of flow rate on separation performance
The flow rate of feed (diluate) and concentrate liquids was varied
from 18 L/h to 126 L/h. Fig. 4 clearly shows the effect of flow velocity
on the rate of separation. The time of operation required to attain final
concentration for a flow rate of 126 L/h was 12 h and this value
decreased to 8 h for 61.2 L/h. At 18 L/h, the separation was very rapid
and attained within 5.5 h. Low flow rates could cause concentration
polarization at the boundary layer adjacent to the membrane surface.
However, for applications such as the present one where the content
of non-ionizable species, mostly organic compounds, is low, the polari-
zation by inorganic ionswhich are themajor feed constituent could turn
out to be beneficial in bringing about faster transport. Moreover, low
flow rates enable longer residence time of ions within the membrane
stack which subsequently gives sufficient time for the ions to move
through the membranes from diluate chambers to concentrate
compartments. A disadvantage of high flow rate is the large pressure
drop across the membrane, which is already swollen in aqueous
media, causing greater sagging and physical contact with adjacent
membranes or even electrode plates. On more than one occasion the
stack had to be dismantled to replace the corner most membranes with
Table 4
Variation of LCD with flow rate.
Flow rate
(cc/s)
Rmin ilim.⁎
(A/m2)
Csd
(keq/m3)
Linear velocity
(u) (m/s)
ln (ilim/Csd) ln u
05 1.86 2.15 0.01275 0.0158 3.741 −4.143
10 1.54 2.55 0.01275 0.0317 3.912 −3.449
15 1.40 2.85 0.01275 0.0476 4.023 −3.044
20 1.32 3.05 0.01275 0.0635 4.090 −2.756
25 0.94 3.20 0.01275 0.0790 4.140 −2.533
30 0.89 3.35 0.01275 0.0952 4.185 −2.351
⁎ Indicated at point of slope change.
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87P. K. et al. / Desalination 333 (2014) 82–91newones owing to rupture at highflow rate conditions (N126 L/h) due to
contact with the hot electrode plate which induced pinholes or defects.
However, recent developments in enhancing mechanical stability in-
duced by casting of ion exchange membranes on woven fabric supports
combined with employment of thicker gaskets between corner mem-
branes and electrode plates, could overcome the problem posed by high
flow rates.Fig. 7. Determination of optimum linear velocity for economy.
Table 54.2. Limiting current density
The limiting current density (LCD) is an important parameter which
determines the electrical resistance and current utilization factors. LCD
is the maximum current that can pass through a given membrane
area without creating adverse effects, i.e. higher electrical resistance or
lower current utilization. If voltage is increased further to obtain a
current density higher than the LCD, then part of the current gets
wasted leading to energy losses. To determine the LCD, equal volumes
of the effluent was taken in both diluate and concentrate tanks. The
current in the stack was increased stepwise and the voltage drop of
the cell pair was measured. The inter-membrane distance is 3 mm
which includes spacer and distributor of thickness 1 mm and 2 mm
respectively. Fig. 5 and Table 4 reveal the relationship between the
Resistance (R) and inverse of current 1/i for the textile effluent at flow
rates ranging from 5 to 30 cc/s (18–108 L/h). LCD was determined
from Fig. 5 which shows that high fluid velocities slow down the rate
of ion transfer by decreasing the residence time whereas extremely
low flow rates and high currents may result in concentration polariza-
tion at the boundary layers, and wastage of electric power,
respectively. For the lowest flow rate of 5 cc/s, the resistance to ion
permeability was minimum. Hence, it is essential to optimize the limit-
ing current and flow rate in the compartment for economic feasibility
and better performance. The constants a and b were obtained from a
double logarithmic graph of ilim/Csd plotted against u which is shown in4.80
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Fig. 6. Evaluation of constants a, b for determination of LCD.Fig. 6. The constants a and b were estimated to be 1031.48 and 0.523,
respectively.4.3. Design
The average valency and the average molecular weight were calcu-
lated from the effluent characteristics displayed in Table 1 to find the
value of Λwhich is the ratio of specific conductivity and concentration,
essential for the design of ED system. Csfc was calculated from material
balance. The effective membrane area Aeff was calculated and the
product AeffU was assumed to be constant for the given solution and
separation required. A relationship for operating costs and capital
costs assuming a membrane life of 5 years was developed for a single
parameter (linear velocity u). The flow sheet of a commercial ED system
shows that a make-up volume of 187 L/h was to be added to the con-
centrate inlet while 1313 L/h of concentrate was recycled back to the
ED system.
Linear velocity was chosen as the parameter because it gives a
proportional relationship with operating cost and an inverse relation-
ship with capital costs [10,12]. Plotting capital costs and operating
costs with linear velocity in Fig. 7 gave a minimum total cost at a linearEstimation of optimum linear velocity.
Linear velocity
(u) m/s
Operating cost
(O.C.) US $/m3
Capital cost
(C.C.) US $/m3
Total cost
(T.C.) US $/m3
0.001 0.067 0.238 0.305
0.002 0.080 0.119 0.199
0.003 0.089 0.079 0.168
0.004 0.095 0.060 0.155
0.005 0.101 0.048 0.148
0.006 0.105 0.040 0.145
0.007 0.109 0.034 0.143
0.008 0.113 0.030 0.143
0.009 0.117 0.026 0.143
0.010 0.120 0.024 0.143
0.011 0.122 0.022 0.144
0.012 0.125 0.020 0.145
0.013 0.128 0.018 0.146
0.014 0.130 0.017 0.147
0.015 0.132 0.016 0.148
0.016 0.134 0.015 0.149
0.017 0.137 0.014 0.151
0.018 0.138 0.013 0.152
0.019 0.140 0.013 0.153
0.020 0.142 0.012 0.154
Fig. 8. Design diagram of ED process for concentration of RO reject.
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cell pairs, membrane area requirement, voltage drop and specific
energy requirement were then calculated using the linear velocityFig. 9. Process flow diagram of integratedvalue from Fig. 7. The calculated LCD is 1.32 amp/m2. Design diagram
of ED process for concentration of 1500 L/h of textile effluent RO reject
is shown in Fig. 8.process for treatment of RO reject.
Table 6
List of equipment and capital investment for ED process.
Equipment in ED unit Cost, US $
ED stack 1968.75
Centrifugal pumps (4 Nos) 280
Pipes and fittings 100
Instrumentation of measure and control 250
Electric installation of power 855
Tanks (diluate, concentrate, rinse, CIP) 581
Total capital cost of ED unit 4034.75 US $
Operating cost of ED process Cost, US $
Power costs (Appendix 1) 0.113
Membranes replacement 0.01
Electrodes replacement 0.002
Membrane cleaning chemicals 0.0005
Maintenance 0.009
Pumping cost 0.001
Total ED running cost 0.133 US $/m3
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Economic estimation compares the cost of the process with and
without ED. The present process involves the evaporation of the
remaining water from the effluent and sending the solids for disposal.
The evaporation costs were calculated by assuming four effect evapora-
tors and steam cost of 0.01 US $/kg [25]. The complete integrated
process for economical treatment of RO reject is shown in Fig. 9.
The main accessories of the ED installation include an ED stack,
centrifugal pumps, piping, control panel and storage tanks. Major com-
ponents of operating costs are electrical power utilized by pumps and
DC supply, chemicals and consumables for membrane maintenance
and expenditure for periodic replacement of membranes and elec-
trodes. The calculated capital cost for ED system was found to be
1968.75 US $ as described in Appendix 1. Table 6 gives the list of ED
equipment with their prices in US $. Assuming the life span of these
robust membranes to be 5 years, the total operating cost for treating
1.5 m3/h of feed was estimated to be 0.133 US $/m3.
From the economic analysis presented in Appendix 2, the cost of
evaporation process alone to treat RO reject is estimated to be
3.88 US $/m3. Incorporation of ED process between RO and evaporation
decreased the volume loadon the evaporator and consequently reduced
the operating cost incurred by evaporation to a value as low as
0.38 US $/m3. The cost of decarbonization of RO reject for pretreatment
of the feed to ED is 0.04 US $/m3. Hence, the overall operating cost of
ED-evaporation integrated process is 0.55 US $/m3 compared to
3.88 US $/m3 incurred when only evaporation is employed. Thus, the
integrated process proves to be very economical when the RO reject is
subjected to treatment by ED before carrying out evaporation.
5. Conclusions
ED has been found to be an economically promising method for
concentrating RO reject of textile industrial effluent from 4.35% to
nearly 24% inorganic constituents. The application is especially useful
for RO rejects containing low concentrations of COD which enable the
diluate to be recycled to the RO plant for further recovery of recyclable
water. Thus, ED exhibits potential for large scale application to save
energy by reducing the volume of textile effluent reject being sent to
the evaporator enormously.
Cleaning of membranes with 2% v/v aqueous HCl after every
batch followed by 1% NaOH + 0.5% EDTA solution prepared in tap
water once every week helped in minimizing the fouling and restore
performance in terms of ion transport rate and permselectivity, dur-
ing the 3 months of research work carried out in this study with tex-
tile RO reject.
An approximate economic estimation reveals that the cost for
processing 1 m3 of textile RO reject is 0.55 US $, while evaporationalonewould cost as high as 3.88 US $. The capital cost can be recovered
in a short duration of 110 days. Design studies revealed that
a membrane area of approximately 13 m2 is required to process
1500 L/h of textile RO reject. A plot between operating, capital and
total costs on y-axis and linear feed velocity on x-axis showed that
operating cost increased with increasing flow velocity while capital
cost decreased. The optimum linear velocity was found to be 0.008 m/s,
where the total cost went through a minimum of 0.144 US $/m3.
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Appendix 1. Calculation procedures formembrane area requirement,
capital and operating costs
Average valency zð Þ ¼ 1:264
Average molecular weight Mð Þ ¼ 31:48
Cs
fd ¼ 30kg=m3 ¼ 1:204 keq=m3
Specific conductivity of feed ¼ 62:6 mS=cm ¼ 6:26 S=m
Λ ¼ Conductivity=concentration ¼ 5:196 Sm2=keq
Cs
d = Conductivity (from Table 1)/Λ = 0.016 keq/m3 = 0.398 kg/m3
Cs
Δ ¼ Csfd–Csd ¼ Csc–Csfc ¼ 1:188keq=m3 ð1Þ
Cs
c ¼ 240 kg=m3 ¼ 9:636 keq=m3
Cs
fc ¼ 8:448 keq=m3 ¼ 210:398 kg=m3
Aeff ¼
Δ
Λ
ln
C c
s
C fd
s
C d
s
C fc
s
þ ρA þ ρCð Þ C fds −C
d
s
 2664
3
775 zFQζU ð2Þ
ρA ¼ ρC ¼ 3:5  10−4Ωm2
Q ¼ 1:5 m3=h ¼ 4:17  10−4m3=s
ζ ¼ 0:75 assumedð Þ
Aeff U ¼ 230:77
Aprac ¼ Aeff =b
β = 0.75 (assumption for shadow effect varies from 0.6 to 0.9 for most
ED stacks)
ApracU ¼ 307:69 ¼ k constantð Þ
i lim ¼ aCds ub ð3Þ
From Fig. 6 a = 1146.42 and b = 0.2488
N ¼ Q
uΔW
ð4Þ
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flow rate with the above formula.
Capital cost C:C:ð Þ ¼ Total membrane area capital cost per m2
¼ 50A
¼ 50AcpN
¼ 50LW Q
uΔW
¼ 50LQ
Δ
1
u
ð5Þ
The capital cost is obtained by assuming a linear relationship with
the membrane area and taking the cost of each m2 of membrane to be
equal to 50 US $.
Membrane and equipment life assumed = 5 years
Operating cost OCð Þ ¼ UAi lim
Q  1000  Cost of energy=kWh
¼ kaC
d
s u
b
Q  1000  5
ð6Þ
The operating cost is taken as only the power utilized in the process
neglecting the pumping costs which are much smaller than the cost of
process.
The cost of energy was taken to be 0.1 US $/kWh.
The optimum linear velocity from the plot is 0.008 m/s
u ¼ 0:008 m=s
ilim = 5.5176A/m2 From Equation 3 substituting the value of u and
Q = 1.5 m3/h
N = 34.75 ≅ 35 From Eq. 4
Aprac ¼ 13:125 m2
Practical membrane area is calculated as the product of number of
cell pairs and area per pair.
Aprac ¼ N  Acp
U ¼ 247:23=Aprac ¼ 23:443 V
I ¼ 72:4185 A
Total current utilized is the product of limiting current density and
practical membrane area.
Espec ¼ UI=1000  Q ¼ 1:1318 kWh=m3
Specific energy is the total power consumed per m3 of effluent
treated.
Total cost T:C:ð Þ ¼ C:C: þ O:C: ð7Þ
The total cost is the sum of capital and operating costs. From (Fig. 8)
and Eq. 5
C:C: ¼ 1:968:75 US $
C:C: ¼ 0:029 US $=m3
O:C: ¼ 0:113 US $=m3
T:C: ¼ 0:143 US $=m3
Chemical cost for membrane cleaning = 0.0005 US $/m3 (Table 6)Appendix 2. Economic estimation for concentration of (a) RO reject
by evaporation alone, (b) RO reject by ED + evaporation
Evaporation cost:
Basis: 1000 kg of water
Heat of evaporation Q ¼ mCpDT þml
¼ 1000  ½ 1ð Þ  60
þ540 assuming inlet temperature; 40 C 
¼ 600;000kcal ð8Þ
Steam required for evaporation in single effect evaporator
m ¼ Q=l ¼ 600;000=540 ¼ 1111:11 kg
which is uneconomical.
Assuming multiple effect evaporation with 4 effects, 1 kg of steam
evaporates 2.5 kg of water
1000 kg of water requires 400 kg of steam.
Assuming steam cost of 0.01 US $/kg [25],
Cost of evaporation = 400 * 0.01 = 4 US $/m3 of water
(a) Cost of only evaporation process to treat RO Reject:
Concentration of solution = 30 kg/m3
Water present in 1 m3 of solution = 0.97 m3
Cost of evaporation = 4 * 0.97 = 3.88 US $ m−3 of solution
(b) Cost of integrated process of ED + evaporation to treat RO Reject:
ED process cost = 0.133 US $/m3 (Table 6)
Solution to be evaporated = 0.125 m3 of concentrate per m3 of
effluent treated
Concentration of concentrate = 240 kg/m3
Water present in 0.125 m3 of solution = 0.76 * 0.125 = 0.095 m3
Cost of evaporation = 4 * 0.095 = 0.38 US $/m3 of effluent treated
Integrated process cost ¼ Pretreatment and ED processð Þ
þEvaporation cost
¼ 0:04þ 0:133ð Þ þ 0:38 ¼ 0:55 US$=m3
Economy of the process = 3.88 − 0.55 = 3.33 US $/m3 of textile
RO reject treated
Effluent treated per day = 1.5 m3/h * 18 = 27 m3/day (Assuming
working period 18 h/day)
Capital cost of ED unit = 4034.75 US $ (Table 6)
Capital cost ofmultiple effect evaporatorwith 4 effects = 5820 US $
calculated on the basis of 18 h operating duration per day and feed rate
of 1.5 m3/h as per literature [25].
Total capital cost ¼ Capital cost of EDþ Capital cost of
4−effect evaporator
¼ 4034:75þ 5820 ¼ 9854:75 US $
Number of days required for capital recovery = Total capital cost/
(Economy per m3 of effluent treated * Effluent treated per
day) = 9854.75/(3.33 × 27) = 109.6 ≅ 110 days
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Development of polyethersulfone and polyacrylonitrile
hollow fiber membranes for clarification of surface water
and fungal enzyme broth
K. Praneeth, S. Kalyani, Y. V. L. Ravikumar, J. Tardio and S. Sridhar
ABSTRACT
Hollow fiber membranes are of great commercial interest with several applications at the forefront of
research to carryout bioseparations, drinking water purification, wastewater treatment besides liquid
phase separations and gaseous separations. An experimental study was carried out to synthesize
hollow fiber membranes from polyethersulfone (PES) and polyacrylonitrile (PAN) polymers to
fabricate modules for surface water treatment and clarification of fungal enzyme broth. Design
drawings of a manual hollow fiber spinning machine and spinneret were prepared to fabricate the
necessary equipment for extrusion of hollow fibers. Effect of various spinning conditions on specific
macroscopic fiber properties, such as outer diameter and wall thickness and membrane pore
structure was studied. Concentrations of 15–20 wt% PES in n-methylpyrrolidone (NMP) and PAN in
dimethyl formamide (DMF) solvents with important additives and pore formers were prepared. These
polymer solutions were extruded through the spinneret and subjected to phase inversion in a water
bath. The membranes were characterized by scanning electron microscopy (SEM) and pure water
flux studies. PAN and PES exhibited 99.8 and 95.4% turbidity rejection. PAN exhibited a 5 log
reduction of Escherichia coli bacteria for surface water treatment at a low hydraulic pressure of 1 bar
with a flux of 54.2 L/m2 h at a water recovery of 80% whereas PES gave a flux of 36.6 L/m2 h with 4
log reduction of E. coli. PAN and PES membranes exhibited 54.9 and 69.3% xylanase enzyme
recoveries from fungal broth at reasonable flux with turbidity rejection of 94.8 and 95.7%
respectively.
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INTRODUCTION
The quality of water is influenced by seasonal changes and
surface water contains natural organic matter such as
humic- and fulvic substances, inorganic salts of monovalent
and multivalent metal ions besides microbes like bacteria,
viruses, protozoa, etc., that can be removed by means of ultra-
filtration (UF). In recent years, membrane UF has become a
more attractive technology than conventional clarification
for drinking water purification. Membrane filtration offers
several advantages such as (i) providing superior quality of
treated water using a much more compact system, (ii) easier
control of operation and maintenance, (iii) consumption of
fewer chemicals, and (iv) producing lower quantities of
sludge (Shuji et al. ). Membranes with high separation
performances are desired and their synthesis is usually
regarded as the major objective of research in this area. It is
well-known that asymmetric or thin film composite mem-
branes offer a better choice for separation processes due to
the combination of high selectivity of a dense membrane
along with the high permeation rate achievable through the
ultrathin skin layer (Li et al. ; Choi et al. ).
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Hollow fibers have become one of the most important
membrane geometries, mainly due to their superior ratio
of membrane area per unit of module volume. The surface
area in a hollow fiber module can be three to five times
greater than that of a spiral-wound unit of equal volume. It
has a self-supporting structure and is flexible to operate.
Feasibility of scale-up makes them economically attractive
for surface water purification (Chung et al. ; Chun
et al. ). Such membranes are commercially utilized by
integrating them into compact packages or modules. Each
module contains a bundle of numerous fine fibers capable
of withstanding moderate pressure gradient across the
fiber wall. These modules can be operated with either tube
side (lumen side) or shell side feed flow and the permeate
may flow in either a countercurrent or co-current direction
relative to the feed. Variations in fiber dimensions and prop-
erties within the module could be detrimental to its
performance (Lemanski et al. ; Santosh et al. ).
Researchers have focused their investigation on the
preparation of polyacrylonitrile (PAN) membranes for treat-
ment of industrial and domestic wastewaters and as a
substrate for preparation of poly(vinyl alcohol) based perva-
poration membranes (Saufi & Ismail ), whereas
polyethersulfone (PES) membranes have been more versa-
tile by virtue of their application in biomedicine, food,
hemodialysis, plasma separator, water purification, etc.
(Unger et al. ; Susanto & Ulbricht ; Li & Chung
; Nasrula et al. ; Hui et al. ). Presence of nitrile
groups in PAN chemical structure exhibits the hydrophilic
nature whereas PES shows both hydrophobic and partial
hydrophilic nature due to the presence of aryl groups and
sulfone groups in polymer chain, respectively.
PAN is suitable for fabrication of hollow fiber mem-
branes due to its good solvent resistance, thermal stability
and highly oriented molecular structure (Donnet & Bansal
). PAN polymer can be converted into activated
carbon fiber (Yu et al. ) or blended with other polymers
to alter the final pore size distribution of carbon membranes.
Linkov et al. () prepared PAN hollow fibers by varying
the viscosity of the precursor solution using methyl metha-
crylate as an additive. They also applied phase inversion
by casting PAN with poly(ethylene glycol) (PEG) and poly
(vinylpyrrolidone) (PVP) in order to synthesize membranes
with 50–400 nm pore size. PES membranes exhibit
outstanding oxidative, thermal and hydrolytic stability with
good mechanical strength and film-forming properties. How-
ever, application of pure PES membrane in practical situations
is severely limited due to its hydrophobicity and low fouling
resistance. To overcome this limitation, PES has been blended
with hydrophilic polymer additives, such as PVP, PEG, diethy-
leneglycol (DEG), cellulose acetate phtalate (CAP) and
Pluronic F127 (Qin et al. ; Qiu et al. ; Rahimpour &
Madaeni ; Qian et al. ).
In the present study, the authors have presented a sche-
matic diagram of the manual spinning machine that was
designed and fabricated indigenously along with the critical
spinneret component used for extrusion. PES and PAN
hollow fiber membranes were synthesized by the dry-wet
spinning method and characterized by scanning electron
microscopy (SEM). Additives like PVP, DEG and PEG
were added to the PES dope solution to improve its hydro-
philicity and membrane fouling resistance. ZnCl2 was
added to the PAN dope solution to improve membrane
strength. Effect of various parameters such as flow rate of
polymer dope, bore liquid, speed of polymer pump on
specific macroscopic and microscopic properties of the
hollow fibers was evaluated. These membranes were further
fabricated into different types of modules (based on the
permeate collection type) with single or twin permeate out-
lets. Flux and turbidity rejection of the fabricated modules
were also studied for the treatment of surface water and clar-
ification of fungal broth of xylanase enzyme.
EXPERIMENTAL
Materials and methods
The polymer solution used in making the membranes is
commonly called ‘dope’. Dimethyl formamide (DMF) and
n-methylpyrrolidone (NMP) manufactured by S.D. Fine
Chemicals were used as solvents for making the dopes.
PAN and PES polymers used in this study were supplied
by Techno Orbital, Kanpur, India and Solvay, USA, respect-
ively. Additives such as PEG and ZnCl2 from Loba Chemie,
Mumbai besides DEG from Aldrich Chemical Co., USA,
were used for improving viscosity, phase separation, elas-
ticity and pore formation (Qiu et al. ; Rahimpour &
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Madaeni ). Deionized water for bore fluid was prepared
in-house using the laboratory reverse osmosis (RO) system.
Tap water was used for gelation of the hollow fiber mem-
branes. Compositions of dopes prepared for membrane
extrusion trials are listed in Tables 1 and 2.
Hollow fiber spinning process
An asymmetric hollow fiber membrane fabricated by a dry-
wet spinning process with forced convection in the air gap.
Polymer solution of 1 L quantity was charged into the dope
reservoir along with bore fluid in a separate storage and co-
extruded through the spinneret using two different pumps, at
ambient temperature. It is feasible to prepare asymmetric
membranes by phase inversion method using water as a
coagulant (Wang et al. ). The nascent membrane
moving through the air gap of 13 cm cools and loses solvent
due to partial evaporation prior to its entry into the coagu-
lant bath (water). The fiber undergoes rapid cooling/
coagulation in the liquid bath leading to the solidification
of the polymer-rich region and subsequent formation of
the membrane microstructure due to the replacement of
solvent molecules with water. The fibers are then collected
using a take-up device for post-treatment and storage (Yu
et al. ; Khulbe et al. ). The annular spinneret open-
ing and the polymer dope to bore fluid volumetric flow rate
ratio are the primary factors that determine the final fiber
dimensions. The ultimate outer to inner fiber radii ratio was
determined by the polymer to bore volumetric flow rate ratio.
Design of manual hollow fiber spinning machine and
spinneret
Laboratory schematic diagram of the manual hollow fiber
spinning machine is shown in Figure 1. Dope and bore
fluid reservoirs besides water coagulation bath were made
of stainless steel 316. A gear pump was fixed between
dope reservoir and spinneret for delivering the solution to
the spinneret during the spinning process. The polymer
dope pump speed ranged between 100 and 1,000 rev/sec.
The fiber spinning velocity ranged between 40 and 65 m/
min and usually maintained around 50 m/min. The length
and depth of the water coagulant bath were 2 and 0.8 m,
respectively. The take-up winder had a diameter of
200 mm and its rate of revolutions was regulated by a
speed controller operating in the range 20–40 rev/sec range.
A spinneret was made of stainless steel plate with ori-
fices through which molten or dissolved polymer could be
extruded under pressure. The orifices were of cylindrical
shape with the outer orifice having a diameter of 5.5 mm.
The inner and outer diameters of the central capillary
were 1.5 and 2.5 mm, respectively (Figure 2). This type of
spinneret is used to produce large-diameter fibers which
are commonly used in UF systems. Diameters of orifice
and inlet tubes were selected on the basis of the outside
diameter desired for the hollow fiber.
Module fabrication
The membrane module is the heart of any membrane separ-
ation system. Hollow fiber membranes are systematically
packed to maximize the membrane area per unit volume
as shown in Figure 3. Based on feed flow, hollow fiber mod-
ules are classified into two types: (1) inside-out modules,
where in the influent is fed inside the membrane’s lumen
and the clean water travels from the inside of the membrane
Table 2 | Composition of PAN dope solution
Solution composition (wt%)
Component Batch 1 Batch 2 Batch 3
Polyacrylonitrile (PAN) 15 18 20
Polyvinylpyrrolidone (PVP) – 0.5 –
Zinc chloride 3 – –
Dimethyl formamide (DMF) 82.0 81.45 80
Table 1 | Composition of PES dope solution
Solution composition (wt %)
Component Batch 1 Batch 2 Batch 3
Polyethersulphone (PES) 15.66 18 20.5
n-methyl-2-pyrrolidone (NMP) 56.7 53.7 –
Polyvinylpyrrolidone (PVP) 0.4 0.4 0.4
Diethylene glycol (DEG) 27.3 27.9
Polyethylene glycol (PEG) – – 16.27
Dimethyl formamide (DMF) – – 62.83
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to the shellside; and (2) outside-in membranes, wherein the
influent is fed to the shell side and the clean water travels
from the external surface into the lumen (Barzin et al.
; Khulbe et al. ).
Fabrication of inside-out flow hollow fiber modules
Nascent hollow fibers were cut to 15 cm lengths and potted
at both ends with epoxy adhesive in 15 cm long acrylic tubes
(Figure 3). Acrylic rod was used for making the end caps
with openings for feed and reject flow. The feed solution
enters the lumen side of the hollow fibers and the permeate
is collected from the shell side through a small opening
made on the module housing.
Fabrication of outside-in flow hollow fiber modules
The ‘U’ shape twisted hollow fiber bundle was introduced
into the acrylic tube of 45 cm length in which one end
was potted with epoxy adhesive. Acrylic polymer based
end caps with shell-side feed and reject flow were fabricated
and fixed at one end, whereas provision for tube-side perme-
ate flow was made at the other end. Time taken in producing
this type of membrane module is significantly lower than
that of the double end potted module. In addition, the
required potting material is less.
Description of experimental setup
The bench scale system was built to incorporate a manually
fabricated hollow fiber membrane module made of PAN or
PES. Standard solutions of known molecular weights of
Figure 2 | Design drawing of spinneret.
Figure 1 | Schematic diagram of manual hollow fiber spinning machine.
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Dextran were used to determine the molecular weight cut
off (MWCO) of the membranes. PAN (20 wt%) was found
to have an approximate MWCO of 30 kD (pore size
∼0.01 μm) and 15 wt% PES revealed a MWCO of 70 kD
(pore size ∼0.05 μm). The input to the system was provided
by a feed tank of 10 L capacity. The feed tank also had a pro-
vision to collect the recycled reject. Before reaching the
membrane module, the feed passes through a 5 μm pore
size polypropylene (PP) prefilter cartridge to enable removal
of sediments, silt and sand to prevent fouling of the mem-
brane pores. A valve was provided on the reject line for
adjusting the applied pressure (1–2.5 bar) to the desired
value. Fluxes through each hollow fiber module were
obtained by collecting permeate for every 5 min until the
end of filtration.
Surface water treatment
Surface water polluted by domestic and industrial waste was
used in the present investigation. A quantity of 5 L influent
concentration of 140 FAU turbidity, 88 mg/L suspended
solids, 1.1 × 103 (MPN/100 mL) Escherichia coli and
6.8 pH was fed into the UF system by means of a booster
pump at hydraulic pressures ranging from 1 to 2.5 bar main-
tained at an ambient temperature (30± 3 WC). The pure
water flowing through the membrane pore openings was col-
lected in the permeate tank. The rejection rate of suspended
particles, virus, bacteria and other macro-sized particles
depends upon MWCO of the membrane. The reject from
the hollow fiber membrane module was continuously
recycled through the feed tank. The reduction in the turbid-
ity of the feed and permeate samples was determined by
DR/890 Colorimeter (Hach), Germany. The number of E.
coli present in the samples was estimated by coliform test.
Clarification of fungal enzyme broth
Xylanase, which is extracellular in nature is produced by a
variety of bacteria and fungi. Therefore, prior to use, these
enzymes have to be separated and purified to remove a
range of other extracellular enzyme, such as celluloses. Xyla-
nase has become commercially important in recent times
due to its wide application in several industries such as:
(i) the paper and pulp industry for selective removal of
Figure 3 | Stages of fabrication of hollow fiber membrane module.
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hemicelluloses from Kraft; (ii) in the animal feedstock indus-
try to increase digestive capacity of products; and (iii) in the
brewing and baking industries (Pandey et al. ).
A 5 L sample of fermentation broth (comprising bio-
mass and proteins) collected from the paper and pulp
industry of 4,120 FAU turbidity, 5.5 pH, enzyme concen-
tration 40 μg/L and protein concentration of 1,120 μg/L
was subjected to UF for recovering xylanase enzyme. The
clarified enzyme is used in pulp and paper industry for
pre-bleaching and improving the brightness of the pulp
and for clarification of fruit juices (Polizeli et al. ). A
view of the bench scale setup and the image of permeate
of fermentation broth and surface water by pertaining to
PES and PAN hollow fiber membrane modules is shown
in Figure 4.
RESULTS AND DISCUSSION
Operating parameters such as speed of pulling motor, speed
of polymer pump and bore fluid velocity play an important
role in controlling the outer diameter and wall thickness
of hollow fiber membranes. The influence of operating par-
ameters on membrane dimensions is projected by Table 3.
Structural morphology and pore size of the indigenously
developed hollow fiber membranes were characterized by
software controlled digital SEM–JEOL JSM 5410, Japan.
Pure water flux data at different feed pressures were
recorded to compare the performance of all the membranes.
Scanning electron microscopy (SEM) studies
Figures 5(a), 5(b), 5(c) and 5(d) represent cross-sectional and
surface SEM images of PES and PAN hollow fiber mem-
branes. The structural morphology of both PES and PAN
membranes did not change significantly with increase in
the polymer concentration from 15 to 18 wt% when spun
at constant extrusion rates (Table 3). In case of 20 wt%
PES, an increase in the dope extrusion rate from 3.5 to
7.2 gm/min caused an increase in the wall thickness from
0.4 to 0.8 mm. Similarly, a significant change in the mem-
brane wall thickness from 0.65 to 0.9 mm was observed
when extrusion of 20 wt% of PAN was enhanced from 6.0
to 8.1 gm/min. The observations imply that an increase in
the dope extrusion rate causes enhancement in the mem-
brane wall thickness at a constant bore fluid velocity. The
formation of porous substructure and voids near the inner
and the outer edges of the PES and PAN membranes can
be observed from Figures 5(a) and 5(c). This can be attribu-
ted to the penetration of bore fluid and external coagulant
from the inner and outer surfaces of the membrane during
the phase inversion process. It can also be seen that the
Figure 4 | Manual view of bench scale setup and clarified samples.
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membranes prepared from more concentrated solutions
exhibited chain entanglement which reduces the formation
of voids in the skin layer resulting in tighter pore structures
(Pesek & Koros ).
Pure water flux measurements
It is generally accepted that systems which are thermodyna-
mically less stable enhance the rate of polymer precipitation.
Such systems are used for preparing membranes with
greater porosity (Kim & Lee ). Hence, various percen-
tages of polymer dope were prepared to synthesize
membranes with porous structures. Feed (distilled water)
pressure was varied from 0.2 to 1.5 bar at ambient tempera-
ture to study the permeation characteristics of hollow fiber
membranes. The relationship between applied pressure
and pure water flux for various hollow fiber membranes is
depicted by Figure 6. Compared to PES, PAN yielded
higher fluxes due to its highly hydrophilic nature arising
from the presence of –CN group. At a pressure of 0.2 bar,
18 wt% PAN membrane exhibited a flux of 43.7 L/m2 h
compared to only 29.8 L/m2 h yielded by PES. Increase in
the pressure to 1.5 bar further enhanced the flux to 74.8
and 68.8 L/m2h for PAN and PES membranes, respectively.
Table 3 | Experimental observations during hollow fiber spinning process
Polymer
concentration
Flow rate of polymer
solution (gm/min)
Flow rate of bore
fluid (ml/min)
Outer diameter
(mm)
Wall thickness
(mm)
Speed of polymer
pump (rps)
Speed of pulling
motor (rps)
15 wt%.PES 3.5 6.0 1.6 0.4 280 27
18 wt%.PES 3.5 6.0 1.63 0.4 290 27
20 wt%.PES 7.2 6.0 2.0 0.8 425 27
15 wt%.PAN 6.0 6.0 1.5 0.6 420 29
18 wt%.PAN 6.0 6.0 1.52 0.65 430 31
20 wt%.PAN 8.1 6.0 1.6 0.9 453 31
Figure 5 | (a) Cross-sectional view of PES membrane, (b) Surface view of PES membrane, (c) Cross-sectional view of PAN membrane, (d) Surface view of PAN membrane.
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On the other hand, an increase in polymer concentrations in
the dope solutions resulted in a reduction in the flux.
Increasing the polymer concentration in the dope causes
an enhancement in solution viscosity and beyond 20 wt%
concentration, the solubility appeared to decrease.
Effect of time on flux
Effect of permeate flux with time at a constant applied
pressure of 1 bar and feed concentration of 140 FAU turbid-
ity for different polymer compositions (15–20 wt%) of PAN
and PES membranes is shown in Figures 7(a) and 7(b). Flux
lowers with filtration time due to concentration polarization
and gradual fouling of the membrane. High initial permeate
flux followed by a rapid flux decline is characteristic for con-
stant transmembrane pressure (TMP) operations. High
initial flux causes rapid deposition of rejected solute mol-
ecules which results in the build-up of a boundary layer at
the membrane surface causing resistance to solvent
(water) flow. The variation of TMP with time at constant
flux of 60 L/m2 h for PAN and 45 L/m2 h for PES mem-
branes is described in Figures 8(a) and 8(b). The TMP was
increased with filtration time due to the enhancement in
the hydraulic resistance of membranes.
The declined flux can be recovered by regular backwash-
ing and chemical cleaning. There are a variety of different
chemicals that may be used for membrane cleaning, and
each is targeted to remove a specific form of fouling. Citric
acid is used to remove inorganic scales. Strong bases such
as caustic are typically used to dissolve organic foulants.
Membrane can be stored in aqueous sodium metabisulfite
to control biofouling. Due to the variety of foulants present
in source waters, it is often necessary to use a combination
of different chemicals in series to address multiple types of
fouling.
Effect of polymer dope pumping rate
At a bore fluid flow rate of 6.0 mL/min and pulling motor
speed of 27 revolutions per second (rps), an increase in
the wall thickness of PES hollow fiber membrane from 0.4
to 0.8 mm was observed when the speed of polymer pump
was enhanced from 280 to 425 rps. At a constant pulling
motor speed, an increase in the speed of the polymer
pump from 420 to 453 rps resulted in enlargement of PAN
membrane wall thickness from 0.6 to 0.9 mm. From
Table 3, it can be inferred that the wall thickness of the
Figure 6 | Effect of polymer concentration in dope on membrane flux.
Figure 7 | Effect of flux with time for (a) PAN membranes and (b) PES membranes at 1
bar.
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extruded hollow fiber membrane increases with a rise in the
speed of the polymer dope pump. When the polymer dope
rate is increased at a constant bore fluid flow rate, it could
result in reduction in the central opening or hollowness
being created by the bore fluid which is made up of the
coagulant liquid (water) itself. In contrast when the bore
fluid rate is increased at constant polymer dope rate the
wall thickness would reduce as the central bore in the
fiber gets enhanced.
Effect of bore fluid flow rate and spinneret dimensions
Variation of membrane wall thickness at different bore fluid
flow rates but constant polymer pump speed of 450 rps, pull-
ing motor speed of 30 rps and similar dope concentrations
of PES and PAN is presented in Table 4. An increase in
bore fluid flow rate from 4 to 10 mL/min resulted in a
reduction in the wall thickness from 0.9 to 0.66 mm for
PES and 0.84 to 0.62 mm for PAN.
The spinneret dimensions were also found to influence
the fiber diameter. An indigenous spinneret with different ori-
fice dimensions was fabricated to compare the effect of
spinneret dimensions on hollow fiber characteristics. At con-
stant spinning conditions, hollow fiber membranes of outer
diameter (O.D.) 2.4 mm with a wall thickness of 0.6 mm
were extruded whereas the previous spinneret yielded fibers
with O.D. 2.0 mm and wall thickness 0.8 mm. An increase
in the orifice diameter expectedly causes an increase in the
O.D. of the hollow fiber membrane.
Surface water treatment and fungal broth enzyme
clarification
Indigenously synthesized PAN and PES hollow fiber mem-
branes were used to study turbidity rejection, flux and
E. coli reduction in treating surface water. Extent of
enzyme recovery and flux obtained during fungal enzyme
broth clarification were also investigated.
Effect of polymer concentration on turbidity rejection
Figure 9 illustrates the effect of polymer concentration on
turbidity rejection of PAN and PES at a pressure of 1 bar
for surface water treatment. With increasing concentration
of PES from 15 to 20 wt% in the dope, the turbidity rejection
enhanced from 90.1 to 95.4%, whereas PAN exhibited
improved rejection in the range 99.60–99.80%. Increasing
the polymer concentration induces a tighter pore structure
at both the external and internal surfaces of the hollow
Table 4 | Effect of bore flow rate on wall thickness at constant polymer pump speed
Polymer
composition
Flow rate of
bore fluid
(ml/min)
Wall
thickness
(mm)
Speed of
polymer
pump (rps)
Speed of
pulling
motor (rps)
18 wt%.PES 4.0 0.9 450 30
18 wt%.PES 6.0 0.8 450 30
18 wt%.PES 8.0 0.74 450 30
18 wt%.PES 10.0 0.66 450 30
18 wt%.PAN 4.0 0.84 450 30
18 wt%.PAN 6.0 0.77 450 30
18 wt%.PAN 8.0 0.7 450 30
18 wt%.PAN 10.0 0.62 450 30
Figure 8 | Variation of TMP with time for (a) PAN membranes at constant permeate flux
of 60 L/m2 h and (b) PES membranes at constant permeate flux of 45 L/m2 h.
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fibers which results in an enhancement in turbidity rejection
but lower flux.
In addition, 18 wt% PES and 15 wt% PAN have shown
an E. coli reduction of 4 log (falling in the desirable 4–6 log
reduction range) at 1 bar. An observation of 5 log reduction
at 20 wt% PAN concentration indicates an improvement in
the purity of the permeate water obtained.
Effect of pressure on flux at different polymer
concentrations
Effect of pressure on flux for PAN and PES membranes is
described by Figures 10(a) and 10(b). An enhancement of
flux from 54.23 to 57.23 L/m2 h for PAN and 36.66 to
46.40 L/m2 h for PES was observed when the applied
pressure was varied from 1 to 2.5 bar. PAN gave higher
flux due to its highly hydrophilic nature whereas PES is
only partially hydrophilic due to the presence of sulfone
group with its aromatic backbone being predominantly
hydrophobic. The relationship between pressure and turbid-
ity rejection is illustrated in Figures 11(a) and 11(b). A
reduction in turbidity rejection at higher pressures (1–2.5
bar) shows that these hollow fibers need to be operated at
lower pressures (∼1 bar) to achieve optimum results.
The potential of hollow fiber membranes for clarifica-
tion of enzymatic solutions is assessed by studying the
influence of polymer dope composition on enzyme recovery
and turbidity rejections as illustrated in Figures 12(a) and
12(b). At the PES concentrations studied (15–20 wt%), the
membranes exhibited higher enzyme recoveries in the
range 57.8–69.3% and turbidity rejections of 89.4–95.7%
compared to PAN (45.3–54.9 and 92.3–94.3% turbidity
rejection) at a pressure of 1 bar. This could be attributed
to the hydrophobicity of the PES which would repel the
polar enzyme molecules. Figures 12(a) and 12(b) also
reveal an increasing trend in turbidity rejection with increas-
ing dope concentration.
CONCLUSIONS
Indigenous hollow fiber UF membranes were synthesized by
using a dry/wet spinning process with forced convection in
the dry air gap. Tap water was chosen as the external coagu-
lant and distilled water was used as the bore fluid. The
influence of polymer concentration on morphology and
Figure 10 | Effect of pressure on flux of (a) PAN membranes and (b) PES membranes.
Figure 9 | Effect of PAN and PES polymer concentrations on turbidity rejection for sur-
face water feed.
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performance of UF hollow fiber membrane has been inves-
tigated. The experimental results showed that the flux of
the hollow fiber UF membranes decreases while the rejec-
tion for particular solute increases with an increase in
polymer concentration due to tighter pore structures
obtained. The wall thickness of the membranes becomes
greater with increasing polymer concentration in the dope.
PAN (20 wt%) exhibited a turbidity rejection of 99.8%
while treating surface water at low hydraulic pressure of 1
bar with a flux of 54.2 L/m2 h. Moreover, overhead tank
pressure (0.5–1 bar) could be sufficient to treat surface
water and generate the desirable flux of pure water without
requirement of electric power. 69.3% of enzyme recovery
and 95.7% of turbidity rejection was observed with 20 wt%
PES membrane module while processing turbid enzyme
fungal broth. Hollow fiber membranes offer a commercially
viable technology platform for development of inexpensive
UF systems for economical treatment of surface water and
clarification of turbid solutions such as fungal enzyme
broth and wine. The large surface area per unit volume
and self-supporting structure makes hollow fiber systems
very compact and reliable.
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Membrane Bioreactor and Reverse Osmosis Combined 
Hybrid Process for Treatment of Domestic Wastewater
K. Praneeth, B.  Aakruthi  Vaishnavi, Suresh K Bhargava & S. Sridhar
Wastewater reclamation is becoming necessary throughout the world to conserve natural water resources used for drinking water, due to 
diminishing water supplies and increasing population. Thus, 
to meet stringent water reuse standards, the conventional 
activated sludge process has to be enlarged and combined with 
membrane unit. The integration of  membranes with bioreactors 
for treatment of  wastewater has presented attractive features 
compared to conventional treatment processes such as reliability, 
compactness and excellent treated water quality. Reverse Osmosis 
(RO) is another technology becoming increasingly attractive for 
reclamation of  domestic wastewater because of  its efficiency, 
easy and economical operation [1].
In this study, practical performance of  a submerged membrane 
bioreactor (SMBR) and RO was examined to treat a domestic 
kitchen wastewater sample. The indigenously synthesized PES/
PEI based hollow fiber membrane having a nominal pore size 
of  0.04 µm and a filtration area of  0.15 m2 was used for SMBR 
application. Thin film composite (TFC) RO membranes were 
prepared using interfacial polymerization of  m-phenylenediamine 
(MPD) in aqueous solution and Trimesoyl chloride (TMC) + 
Toluene diisocyanate (TDI) in organic solution that is hexane. 
The performance of  submerged hollow fiber membrane 
bioreactor and RO was studied based on the removal efficiencies 
of  organic compounds and other contaminants in terms of  
COD, BOD, turbidity, TDS and conductivity.
Experimental Setup of MBR
The bioreactor of  100 L volume was submerged with a developed 
HF membrane module and the flow line was connected to a 
vacuum pump to draw the permeate as final treated effluent. The 
domestic wastewater was taken into the reactor to which 5% of  
mixed microbial flora was added and oxygen was supplied for 
aerobic digestion. 
The filtration unit was operated in batch mode at room 
temperature (30±3oC) with TMP varying in the range of  0.2-0.8 
bar. The water level in the bioreactor was maintained constantin 
order to keep the hydraulic retention time (HRT) at a value of  
8h. Continuous coarse bubble aeration by stone air diffuser was 
applied to promote local cross-flow velocity along the membrane 
surface and to simultaneously produce enhanced dissolved 
Figure 1: Schematic diagram of MBR and RO combined treatment process.
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Table 1: Summary of water analysis parameters of MBR and RO processes
oxygen (DO) content required for the biomass present in the 
reactor. The average concentration of  biomass during operation 
was 5025 mg of  mixed liquor suspended solids (MLSS) per L 
and DO was at a level between 1 and 2 mg/L. The MLSS and 
DO concentrations were measured at regular intervals during 
the unit operation. 
Experimental Setup of RO System
A RO system of  250 L/h capacity is skid mounted with a feed 
tank of  maximum 100 L capacity. A high pressure triplex plunger 
pump, capable of  maintaining a pressure up to 30 bar is installed 
at the upstream side of  the prefilter cartridge to transport the feed 
to the RO module. This pump is run by a 1.5 HP single-phase 
motor. A restricting needle valve is provided on the concentrate 
(reject) outlet of  the membrane, to pressurize the feed liquid to 
a desired value as indicated by the pressure gauge installed at the 
upstream side of  the needle valve. 
A coil type heat exchanger is provided in the reject line to bring 
down the temperature of  the reject which gets heated rapidly by 
continuous pressurization and re-circulation. The reject stream 
exiting the membrane gets distributed into three concentric coils of  
different radii which provide large heat transfer area for its sufficient 
cooling. Ice cold water is circulated through the shell side of  the 
heat exchanger using a water circulation pump to ensure a relatively 
uniform feed temperature (26-28oC). 
Permeate and reject flow rates are measured by two glass rotameters 
containing metal floats. The MBR is combined to RO system 
as shown in the schematic Figure 1. The permeate from MBR is 
connected to RO as a feed.
Parameter
MBR 
(Permeate)
RO
(Permeate)
MBR+RO 
(Permeate)
Feed
pH
Total dissolved solids (TDS), mg/L
Total suspended solids (TSS), mg/L
Biochemical oxygen demand (BOD), mg/L
Chemical oxygen demand (COD), mg/L
Turbidity, NTU
Hardness, mg/L
Total Coliform (MPN/100 ml) 
7.31 (±1)
960 (±100)
390 (±50)
110 (±40)
470 (±50)
270 (±20)
320 (±50)
14,000
7.4
944
5
7.2
14.8
2
286
10
6.8
72
Nil
3.8
11
Nil
95
Nil
6.9
58
Nil
Nil
< 2
Nil
78
Nil
Performance of MBR and RO Process for 
Treatment of Domestic Kitchen Wastewater
The performance of  both the MBR and RO pilot plants was 
regularly monitored in terms of  their operation and treated 
water quality. The pilot study was performed for three months to 
evaluate system performance and consistency. 
The characteristics of  feed and permeate of  MBR and RO are 
summarized in Table 1. Experiments were conducted under the 
operating conditions in reactor regulated for MLSS concentration 
as 5,000 ± 200 mg/L, aeration intensity as 20 L/min, HRT as 8 h. 
The turbidity of  permeated water through PES/PEI HF 
membrane was maintained at a concentration of  less than average 
2 NTU during operation period, showing the removal efficiency 
of  more than 99%. 
This is because of  the solid-liquid separation; one of  membrane 
characteristics was realized effectively by the removal of  
suspended particles by the membrane with a nominal diameter 
of  0.04 µm.
Figure 2: COD values of permeate of PES/PEI HF membrane during MBR.
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The analyzed average concentration of  COD in feed is 470 
mg/L, while this value was reduced to 14.8 mg/L after 24 h 
of  MBR operation period as shown in Figure 2. However, the 
concentration of  COD is found to be decreasing before 24h, 
showing an unstable quality of  treated water, which is considered 
due to the fact that microorganisms require a period of  adaption 
in environment to decompose the organic matter in wastewater.
The concentration of  COD after HRT 15 h was reduced in a 
stabilized manner, showing a high removal efficiency of  95.6% 
on an average, which is higher than conventional removal 
efficiency of  organic matters for activated sludge process [2]. 
This is because suspended solids and microorganisms that cannot 
be removed by separation of  sediments are completely excluded 
through combination of  membrane process and biological 
treatment process. 
Therefore, it is considered that during the process of  separation 
by membrane, the decomposition efficiency of  organic matters is 
Figure 3: Rejection of BOD for PES/PEI HF membrane during MBR.
Figure 4: TSS rejection of PES/PEI HF membrane during MBR.
Figure 5: Effect of trans-membrane pressure on flux of MBR.
increased by reaction of  concentrated microorganisms in reactor.
Figure 3 and Figure 4 represent the performance of  BOD and 
TSS removal rate. The experiment shows that BOD and TSS 
rejection was more than 97% and 99%, respectively.
Effect of Trans-membrane Pressure on Flux
Figure 5 shows the effects of  TMP on permeate flux of  PES/
PEI HF membrane during treatment of  domestic wastewater 
by submerged MBR process. The permeate flux for the system 
operating under higher TMP did however drop significantly 
during the initial period of  operation which was most likely due 
to the thickness and compactness of  the cake layer formed from 
solutes removed from the effluent [3]. Moreover, the cake layer 
was compressed at high TMP due to drag force induced by the 
high permeate flow. 
Based on the significant influence of  TMP, it is important to 
operate the submerged MBR below a critical initial flux [4]. 
If  an increase in TMP causes an initial flux crossing over the 
critical flux, it results in severe fouling. Consequently, operating 
at optimum pressure is the key factor to minimize the membrane 
fouling. From figure 5, it is clear that 0.6 bar is optimum value to 
operate the MBR for treating domestic wastewater.
Membrane Cleaning and Maintenance of MBR
Figure 6 represents the variation of  flux with time and effect of  
chemical cleaning on recovery of  flux. From figure 6, it was observed 
that the permeate flux initially declined and reached a steady state 
after approximately 100 min of  operation. A decrease in permeate 
flux of  size exclusion membranes may be characterized by short 
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Figure 7: Effect of pressure on flux and TDS rejection during RO process.
Figure 9: Evaluation of MBR and RO combined process for treatment 
of domestic wastewater.
Figure 6:  Variation of flux with time with and without chemical cleaning of 
membrane.
Figure 8:  Comparison of permeate flux of RO with and without MBR.
term rapid flux decline due to pore blocking and cake formation, 
and long term gradual flux decline due to cake compaction and 
irreversible fouling.  Membrane cleaning was carried out at the 
regular time intervals of  100 min by chemical washing to prevent 
the cake formation and to recover flux. 
The chemical cleaning was conducted at 0.2 bar for 15 min with 1.5 
wt% sodium hypochlorite and 1 wt% sodium hydroxide for organic 
deposits and 1.5 wt% citric acid for lime and other inorganic deposits 
removal. From the results presented in Figure 6, it can be seen that 
after the first chemical washing (after 100 min of  operation) the 
flux increased from 73.8 to 77.2 L/m2h. The aforementioned flux 
recovery was very close to the initial flux of  77.8 L/m2h.
Effect of Pressure on RO Flux and Rejection
The effect of  feed pressure on permeate flux and TDS rejection is 
shown in figure 7. From the plot it is evident that the rejection has 
increased to an extent reaching maxima and then a slight decrease 
was observed while there was a rapid increase in permeate flux 
with increase in pressure. The increase in feed pressure from 
100 to 600 psi raised the flux from 18 L/m2h to 86 L/m2h and 
TDS rejection from 92.1 to 93.3%. From figure 7, the pressure 
required for maximum rejection of  dissolved salts and optimum 
flux was evaluated.
Evaluation of MBR-RO System
The filtrate of  MBR was used as the feed to RO. Figure 8, shows 
the effect of  time on permeate flux of  RO system with and without 
MBR pretreatment. The rate of  flux decline was significantly less 
during the treatment of  domestic wastewater by combination of  
MBR and RO processes when compared to the RO process alone. 
In addition to this, the permeate flux of  combined MBR and RO 
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process was more than the RO process. These are the indications of  
low fouling and cake layer deposition on the RO membrane when 
MBR is connected as pretreatment to RO process. Figure 9 shows 
the comparisons between rejections of  COD, BOD and turbidity 
by MBR, RO and MBR and RO systems. A high rejection of  COD, 
BOD and turbidity was observed during post RO treatment. 
Conclusions
The experimental trails illustrated that the combination of  MBR 
and RO processes can be used to treat raw domestic wastewater to 
produce reclaimable water. The MBR was able to remove organic 
matter and turbidity to an acceptable level. Impressive rejections 
of  TDS, colour, hardness, conductivity and E. coli showed that 
the quality of  RO permeate was at required standards for potable 
or non-potable applications. 
During MBR-RO treatment process, RO permeate quality was 
improved with increasing the membrane flux. The study provided 
a new possible option of  MBR-RO process for economical 
production of  potable water from domestic wastewater.
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